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ABSTRACT
Electrochemical reduction of CO2 (eCO2RR) is a potential pathway for the defossilization of the process
industry, offering the possibility of using captured carbon to produce a wide variety of green chemicals,
such as CO, formic acid, acetic acid and ethanol, while simultaneously electrifying the chemical indus-
try. However, liquid products from eCO2RR still face major challenges with respect to the downstream
processing due to their high dilution in aqueous streams, the presence of electrolytes, and the formation
of pinch points and azeotropes. This work investigates the integration of a CO2 electrolysis setup pro-
ducing acetic acid at high selectivity with the downstream processing section. The process has been
simulated in Aspen Plus with particular emphasis on the integration of electrolyzer waste heat via heat
pumps and the recovery and recycling of electrolytes using established separation technologies. In
contrast to commonly proposed approaches based on electrochemical separation methods, this work
focuses on technically mature unit operations to enable a more realistic assessment of process feasi-
bility. Under renewable electricity supply and heat pump integration, the process achieves an emission
intensity of approximately 156 gCO2eq/kgAA, substantially below the conventional fossil-based produc-
tion pathway. Nevertheless, the techno-economic assessment yields a net present value of about -670
M$ over a 20-year lifetime and a levelized cost of acetic acid of ~1520 $/t more than twice the current
market price of approximately 760 $/t. The process is therefore not yet economically competitive under
current electrolyzer cost assumptions, while identifying electrolyzer performance and electricity costs as
the primary drivers for future improvement.

KEYWORDS CO2 Electrolysis; Acetic Acid; Carbon Capture and Utilization; Downstream Processing;
Electrolyte Recovery; Process Intensification; Waste Heat Utilization

1 Introduction
1.1 Background and motivation
The energy intensive industry accounts for 38% of the total global final energy use and emits 25% of
global CO2 emissions. In 2021, the United Kingdom became one of the first major economies to devise
an industrial decarbonization strategy. To achieve a 43-53% reduction in industrial emissions by 2030,
the UK government plans to set up four low-emission industrial clusters by 2030 [1]. The UK’s largest
industrial cluster in terms of CO2 emissions is the Humber cluster, which accounts for 20 MtCO2eq/year
- nearly 5% of the total national emissions. The Humber cluster plans to capture and store at least 8
MtCO2eq/year by 2030 [2]. A major point source within this cluster is the Scunthorpe British Steel Plant,
the UK’s only remaining blast furnace, emitting around 4.5 MtCO2eq/year in flue gas streams at average
concentrations of 20-27 mol% [3]. Rather than simply capturing and storing the carbon, these flue gas
streams provide a suitable source of CO2 that can be utilized as a feedstock for chemical production.

Electrochemical reduction of CO2 (eCO2RR) offers a potential conversion pathway for waste CO2
from such industrial point sources. Electrolysis of CO2 was first demonstrated in the 1980s by Hori et
al., revealing that a wide range of platform chemicals, including carbon monoxide, formic acid, ethylene,
acetic acid and ethanol, can be produced from CO2 and water alone [4–6]. Research interest has grown
significantly since then, especially after 2000 [7], driven by the urgent need to defossilize the chemical in-
dustry and to develop carbon-neutral production routes. eCO2RR offers a potential conversion pathway
for waste CO2 while simultaneously electrifying chemical production chains, reducing the reliance on
fossil carbon, and providing flexibility to the electricity grid by utilizing renewable energy during periods
of surplus generation [8].

Different eCO2RR pathways are being explored in literature, with product selection influenced by
trade-offs between reaction complexity, selectivity, market value, and downstream processing. While
smaller molecules such as carbonmonoxide and formic acid are electrochemically easier to produce and
technologically more mature [9–11], their limited market impact constrains their relevance. In contrast,
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higher-value multi-carbon products are more attractive but remain more challenging due to complex
reaction pathways and difficult separations.

Among these, liquid C2+ products, particularly acetic acid, are of significant interest due to their
high energy density, compatibility with existing infrastructure, and role as key chemical intermediates [9,
12]. However, their production is typically dilute and accompanied by multiple by-products, leading
to challenging downstream separations from aqueous electrolytes [12–15]. Despite these challenges,
acetic acid stands out as a promising target for a waste-to-X process, given its strong industrial relevance.
Current production is dominated by methanol carbonylation (Monsanto and Cativa processes), which
relies heavily on fossil-derived syngas, and serves a global market exceeding 12 Mt/y [16]. Transitioning
this process to a CO2-based route therefore offers significant defossilization potential.

Accordingly, a plant capacity of 100 kt/y CO2 consumption (yielding approximately 53 kt/y of acetic
acid) is selected as a compromise between industrial relevance and technological risk. This corresponds
to approximately 4-5% of a world-scale plant (ca. 1200 kt/y), placing it a smaller scale while remaining
sufficiently large for continuous operation and meaningful process evaluation. Together, these consider-
ations position the proposed plant as a realistic intermediate step towards large-scale defossilized acetic
acid production [16].

1.2 Aim of the project
This project evaluates the techno-economic performance of an integrated CO2-to-acetic acid process
based on a configuration proposed by Overa et al. [17]. While existing literature often explores down-
stream processing for various electrolyzer setups [18–20], these studies frequently rely on simplifying
assumptions or electrochemical separation methods, such as electrodialysis, which remain challenging
to scale industrially for organic salt separation [21–23]. In contrast, this study focuses exclusively on
industrially mature unit operations for downstream separation. A significant challenge in electrolyzers
utilizing alkaline electrolytes (such as KOH) is that carboxylic acids - specifically acetic acid - exist in
their dissociated form (acetate). This fundamentally complicates recovery, as conventional techniques
like distillation or standard liquid-liquid extraction (LLX) become ineffective when the pH exceeds the
acid’s pKa value [24]. To overcome this, this work evaluated a separation strategy based on protonation
via hydrochloric acid, followed by LLX to recover the acetic acid. Furthermore, the process emphasizes
the electrification of thermal utilities by integrating advanced heat recovery systems. This includes us-
ing electrolyzer waste heat to drive a multi-effect evaporation system and implementing heat pumps to
upgrade low-grade heat into low-pressure steam. By combining established separation technologies
with systematic heat integration, this work provides a realistic assessment of process performance and
identifies key intensification opportunities for integrated CO2 conversion systems.

2 Methodology
Figure 1 presents the full process flow diagram. Four main process sections can be distinguished: the
CO2 electrolysis section, which produces a 23.6 wt% potassium acetate stream in water; the liquid
separation section, which recovers acetic acid from the aqueous electrolyte mixture; the electrolyte
recovery section, which utilizes KCl electrolysis to regenerate the KOH electrolyte; and the heat pump
section, which enables the integration of electrolyzer waste heat to drive the separation process. The
process is sized for a CO2 consumption capacity of 100 kt/y. Due to the current low technology readiness
level (TRL) of eCO2RR towards liquid C2+ products [6], it is assumed that the process would not be
implemented before the 2030s. Since detailed gas separation design lies outside the scope of this
work, the recovery of gaseous products is treated at a screening level. The design and rationale of the
remaining process sections are discussed in detail in the following sections.

2.1 Waste resource characterization
The CO2 feedstock is assumed to originate from steel plant flue gases (e.g., blast furnace gas), which
typically contains CO2 (20-27 mol%), alongside N2, CO, and H2, as well as trace contaminants such
as NOx, SOx, H2S, and COS. These impurities are known to negatively affect electrolyzer performance
through catalyst poisoning and selectivity losses [3].

Post-combustion capture using monoethanolamine (MEA) absorption is considered following the
methodology of Bains et al. [3], yielding a CO2 stream with a purity of 95-99%. For a representative
inlet concentration of 23 mol%, this corresponds to an estimated capture cost of 32.3 $/tCO2. Residual
impurities may remain at ppm levels; however, it is assumed that additional clean-up reduces these
below critical tolerance limits (<1 ppm for sulfur species and <5 ppm for NOx), such that their impact on
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Figure 1: Process flow diagram based on the electrolyzer configuration by Overa et al. [17]. The four main sections (CO2 electrolysis, liquid separation, electrolyte recovery, and heat pump) are marked
in color. The gas separation is included in the CO2 electrolysis section and was not designed in detail.
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electrolyzer performance is negligible [19].
The capture unit is therefore treated as a black box delivering a dry, pipeline-grade CO2 stream.

Based on this assumption, a 100% pure CO2 feed is used at the battery limits of the process. The total
feed rate is set to 100 kt/y CO2, corresponding to the design basis of the plant.

2.2 CO2 electrolysis section
The CO2 electrolysis section, marked in blue in Figure 1, comprises a tandem electrolyzer configuration
consisting of a solid oxide electrolyzer cell (SOEC) followed by a membrane electrode assembly (MEA),
together with the associated heat exchangers, blowers, buffer tanks, and gas separation units. The
tandem configuration separates the overall conversion of CO2 into two electrochemical steps, allowing
each electrochemical step to operate under conditions tailored to its respective reaction and thereby
improving product selectivity compared with direct CO2 conversion in a single electrolyzer [18, 25–27].

Solid Oxide Electrolysis Cell (SOEC). The SOEC serves as the primary conversion stage in the
tandem configuration, producing CO as an intermediate for subsequent upgrading in the MEA. Solid ox-
ide electrolysis is a comparatively mature technology, with a reported technology readiness level (TRL)
of 7–8 [6], and typically operates at temperatures between 600 and 900 °C. The selected system oper-
ates at 700 °C and utilizes a dense yttria-stabilized zirconia (YSZ) ceramic electrolyte, which selectively
conducts oxide ions (O2– ) while remaining electronically insulating. At the cathode, CO2 is reduced to
CO, while the resulting oxide ions migrate through the electrolyte and form oxygen at the anode [28, 29].
The overall electrochemical reaction is given by:

2CO2 −−→ 2CO +O2 (1)

The SOEC is modeled in Aspen Plus using the Peng-Robinson property method and an RStoic
reactor block, assuming a single-pass CO2 conversion of 50% [28]. A fresh CO2 feed of 12.5 t/h is mixed
with the recycled CO2 stream and preheated to 550 °C using heat recovered from the hot cathodic outlet
stream. Likewise, the fresh air sweep stream supplied to the anode is preheated using the hot anodic
outlet. Preheating both inlet streams with their corresponding outlet streams limits thermal gradients
within the cell, thereby reducing mechanical stress on the YSZ membrane and improving operational
stability [30, 31].

The air sweep stream is supplied to the anode to remove the produced oxygen and provide advec-
tive cooling of the cell. It enters the system through a centrifugal blower with a power requirement of
3.3MW and an outlet pressure of 2 bar, which is assumed to be sufficient to overcome pressure losses
across the heat exchangers and electrolyzer [32]. Waste heat is evaluated based on the total energy
efficiency (εe), defined by the thermoneutral voltage (Eth

i ), Faradaic efficiency (FEi), and applied cell
voltage (Eapplied) [10]:

εe =
∑
i

Eth
i FEi

Eapplied
(2)

The SOEC operates autothermally, as the applied cell voltage of 2.0V exceeds the thermoneutral voltage
of 1.47V, resulting in net exothermic operation. After preheating the inlet streams, the remaining excess
heat in the cathodic and anodic outlet streams is recovered for the generation of high-pressure steam
at 40 bar and 251 °C. Following the SOEC, the resulting CO2/CO gas mixture from the cathode outlet is
separated using amine absorption [3]. The respective CAPEX and OPEX were derived based on Bains
et al. [3] by summing the resulting costs of 1.57M$/y over the 20-year project lifetime and allocating 25%
to initial CAPEX and 75% to OPEX [18].

Membrane Electrode Assembly (MEA). The secondary stage employs a two-compartment mem-
brane electrode assembly to upgrade CO into ethylene, acetate, and hydrogen. The MEA utilizes a
copper-based gas diffusion cathode and an advanced anion exchange membrane (AEM) that enables
an ”internally coupled purification” strategy [17]. CO is reduced at the cathode to gaseous ethylene and
liquid products; the AEM then facilitates the selective crossover of alcohols to the anode, where they
are oxidized to acetate. By recirculating the KOH-anolyte in a 24-hour semi-batch mode, potassium
acetate is concentrated to 23.6 wt%. To ensure continuous downstream operation, buffer tanks are im-
plemented for the anodic outlet and KOH solution. For this project, minor propionate formation at the
anode is neglected and assumed to contribute to acetate, as both species exhibit similar properties and
would not be separated in downstream processing.

The MEA is modeled using the ENRTL-RK thermodynamic model with internal cooling channels for
thermal management [33]. The key operating and techno-economic parameters of both electrolysis
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stages are summarized in Table 1. The overall electrochemical reactions are modeled as follows:

2CO + 2H2O −−→ CH3COOH+O2 XCO = 0.3276

2CO + 2H2O −−→ C2H4 + 2O2 XCO = 0.0924

2H2O −−→ 2H2 +O2 Ṙ = 8.67 mol/s

Gas separation. The gaseous MEA products are separated by pressure swing adsorption of ethy-
lene followed by membrane separation of hydrogen, leaving a CO-rich stream for recycling [19]. The
separation costs are based on the work of Sajeev et al. [19] and scaled to the modeled gas flow rates,
with CAPEX estimated using the six-tenths rule [36] and OPEX assumed to scale linearly with flow
rate. Although the gas separation train was not modeled in detail, scaling the design and costs reported
by Sajeev et al. [19] to the modeled gas flow rate provides a screening-level estimate of the required
separation capacity and associated costs. Complete recovery of CO2, CO, hydrogen, and ethylene is
nevertheless assumed, such that separation losses, purge requirements, and product contamination are
neglected. The resulting recycle and product recoveries therefore represent ideal upper-bound values.

2.3 Liquid separation
The outlet from the anodic liquid buffer tank enters the liquid separation section, marked in green in Fig-
ure 1, as a continuous stream of 46.1 t/h containing 23.6wt% potassium acetate in water. The overall
separation objective is to recover acetic acid while enabling regeneration of the consumed KOH elec-
trolyte. Electrodialysis has been proposed for the separation of carboxylic acids and their salts [19,
24], and is industrially established for several inorganic-ion separations [21–23]. Its application to con-
centrated organic salt streams from CO2 electrolysis, however, still represents an extrapolation and
was therefore not selected here. Crystallization was likewise not pursued because it would introduce a
solids-processing route and additional evaporation or cooling duties [37], while direct sale of potassium
acetate would not regenerate the consumed KOH and would therefore require continuous replacement
of this comparatively expensive raw material at a market price of 690 $/t [38]. The selected process
route therefore employs protonation of potassium acetate followed by liquid-liquid extraction.

Protonation with HCl. Potassium acetate is protonated with a stoichiometric amount of hydrochloric
acid, yielding acetic acid and potassium chloride (CH3COOK + HCl −−→ CH3COOH + KCl). A 33wt%
aqueous HCl solution is added to the potassium acetate stream in a stirred, jacketed tank reactor, mod-
eled using an RStoic block assuming complete conversion. Hydrochloric acid was selected because
the resulting KCl can be processed directly in the subsequent electrolyte-recovery section to regener-
ate KOH. Although the use of aqueous HCl introduces additional water and increases the downstream
separation duty, it relies exclusively on technically mature unit operations and therefore avoids adding
further uncertainty to the already low-TRL CO2 electrolysis system.

Liquid-liquid extraction. Subsequently, the protonated outlet is cooled to 25 °C and enters a coun-
tercurrent liquid-liquid extraction (LLX) column using ethyl acetate (EA), also supplied at 25 °C, as the
extraction solvent. LLX is already applied at industrial scale for the separation of acetic acid from wa-
ter [39, 40]. Ramdin et al. [18] employed EA in a 15-stage LLX column with a solvent-to-feed ratio of
approximately 2.4 (w/w), achieving 99% recovery of acetic acid into the organic extract. Furthermore,

Table 1: Key operating and techno-economic parameters of the SOEC and MEA systems.

Parameter Unit SOEC Source MEA Source

Operating temperature °C 700 [28] 60 [34]
Cell voltage V 2.0 [35] 2.19 [17]
Current density mA/cm2 3000 [35] 200 [17]
Faradaic efficiency % ∼100 (CO) [29] 54.2 (Acetate)

30.5 (C2H4)
15.3 (H2)

[17]

Single-pass conversion % 50 [28] 42 [17]
Energy efficiency % 73 - 36 -
Power consumption MW 30.4 - 48.0 -
Electrolyzer area m2 507 - 10961 -
Purchase cost $/kW or $/m2 800 [35] 1500 [9]
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Laitinen et al. [41] demonstrated the techno-economic viability of EA in a hybrid extraction-distillation
process for acetic acid recovery. Compared with other common low-boiling solvents, including methyl-
tert-butyl ether (MTBE), methyl propyl ketone (MPK), and 2-methyltetrahydrofuran (2-MTHF), EA was
therefore selected as a suitable extraction solvent.

The presence of KCl further facilitates the separation through the salting-out effect. The electrolyte
decreases the aqueous solubility of acetic acid and thereby promotes its transfer into the organic phase,
while also reducing solvent leaching into the aqueous raffinate [40, 42–44]. In contrast to the other
electrolyte-containing process sections, the LLX column was not modeled using ENRTL-RK. The sep-
aration inherently depends on the simultaneous formation of an aqueous electrolyte-rich phase and an
organic EA-rich phase, whereas the available ENRTL-RK parameterization was not suitable for repre-
senting the liquid-liquid equilibrium of this system. In particular, no interaction parameters were available
for the KCl-EA pair, preventing a reliable prediction of the salt-induced reduction in mutual water-EA sol-
ubility and the resulting enhancement of acetic acid partitioning into the organic phase.

The LLX was therefore represented using a Sep block with an attached Calculator based on literature
data [45]. The mutual miscibilities of water and EA at the KCl concentration present in the column were
obtained by linear interpolation between the literature values shown in Table 2. KCl was assumed to
remain entirely in the aqueous raffinate because it is insoluble in ethyl acetate [44, 46]. Based on the
substantial widening of the water-EA miscibility gap caused by the salting-out effect [44], an acetic acid
recovery of 99.9% into the extract was assumed for 15 stages and a solvent-to-feed ratio of 2.5 (w/w),
close to the conditions reported by Ramdin et al. [18]. These assumptions fully define the component
split fractions between the extract and raffinate phases.

The extract phase, consisting primarily of EA and acetic acid with a small amount of water, is sent
to the heat pump-assisted distillation column. The aqueous raffinate, containing mainly water and KCl
with residual EA, is sent to a steam stripper for solvent recovery.
Table 2: Effect of KCl concentration on phase miscibility in the water–ethyl acetate system. The saturation concentration of KCl
in pure water is 26.28wt% [45], while the column operates at 15.96wt% KCl (water in aqueous phase basis).

Miscibility of 0wt% KCl Full saturation of KCl Interpolated values at
KCl concentration in LLX

Water in ethyl acetate 3.49 wt% 2.19 wt% 2.71 wt%
Ethyl acetate in water 7.25 wt% 1.22 wt% 3.63 wt%

MVR-HPAD. The organic extract phase from the LLX, containing mainly ethyl acetate, acetic acid,
and small amounts of water, is heated to its bubble point and fed to a heat pump-assisted distillation
column (HPAD) employing mechanical vapor recompression (MVR). The objective is to recover acetic
acid at high purity (>99.5wt%) and recovery (>99.5%) as the bottom product, while ethyl acetate and
water leave as the distillate vapor. The NRTL-HOC thermodynamicmodel is used throughout this section
to account for the strong vapor-phase association of acetic acid. Initial column design was performed
using the DSTWU shortcut model to obtain estimates of the minimum reflux ratio, number of theoretical
stages, feed stage location, and distillate-to-feed ratio. These were subsequently used as initialization
values for a rigorous RadFrac simulation, in which design specifications were applied to simultaneously
meet the bottom purity and recovery targets. The final column comprises 25 theoretical stages, with the
feed entering at stage 13, and operates at a molar reflux ratio of 0.2 and a fixed bottoms flow rate of
6667 kg/h. Without heat-pump integration, the column requires a bottom reboiler duty of ca. 20MW at
approximately 118.9 °C.

This high thermal load can be reduced and supplied at a lower temperature by introducing a side
reboiler and integrating it with an MVR heat pump [22, 47, 48]. The column grand composite curve
(CGCC) was therefore used to identify a suitable side-reboiler location and duty (see Figure 6). A sensi-
tivity analysis was performed by varying the side-reboiler stage and heat load and manually comparing
the resulting actual CGCC with the ideal thermodynamic profile. The combination of stage 14 and a
side-reboiler duty of 16MW provided the closest practical match while maintaining the required sepa-
ration performance. Liquid is withdrawn from stage 14 at approximately 82.8 °C, fully vaporized in the
side reboiler, and returned to the same stage at approximately 97.0 °C. This diverts approximately 80%
of the original reboiler load from the high-temperature bottom reboiler.

To supply this duty internally, the overhead vapor leaving the column at approximately 74.5 °C and
1bar is compressed to 2.79 bar and condensed against the stage-14 side-reboiler stream. The heat
exchanger is designed for a duty of 16MW and a minimum temperature approach of 10K. Two design
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specifications adjust the side-draw flow rate to achieve complete vaporization and the compressor outlet
pressure to maintain the required minimum temperature approach. The MVR system achieves a coef-
ficient of performance of 7.4 at a compressor power of 2152 kW, substantially electrifying the column’s
thermal utility supply and eliminating the need for the majority of the external steam input.

Decanter. The distillate stream from the MVR-HPAD, together with the stripped ethyl acetate recov-
ered from the steam stripper described below, are combined and fed to a decanter operating at 67 °C.
The organic phase, consisting mainly of ethyl acetate with dissolved water, is recycled back to the LLX
column as fresh solvent, while the aqueous phase is combined with the aqueous raffinate from the LLX
and sent to the steam stripper.

Steam stripper. The combined aqueous stream, containing water, KCl, and residual ethyl acetate, is
treated in a steam stripper prior to entering the electrolyte recovery section. The steam stripper serves
three purposes: (1) recovery of the extraction solvent for recycle, (2) reduction of the total organic
content (TOC) in the KCl brine to a level compatible with the downstream KCl electrolysis, and (3)
prevention of potassium chloride crystallisation at local hot spots on the reboiler surface, where the KCl
concentration (inlet approximately 14wt%; solubility at approximately 35wt%) could otherwise approach
saturation. The steam-to-feed ratio is adjusted via sensitivity analysis to reduce the TOC to below 5ppm
at the stripper outlet, at which point the residual organics can be further removed to below 0.1 ppm by
activated carbon adsorption [49]. The possibility of using an azeotropic dividing-wall column (A-DWC),
which would combine the MVR-HPAD and subsequent steam stripper into one shell, was investigated as
a further intensification option. However, the significantly different flowrates and compositions between
the side streams, combined with the large difference in required column diameters, render the A-DWC
unsuitable for this separation task. The configuration with independent MVR-HPAD and steam stripper
is therefore retained as the preferred design.

2.4 Electrolyte recovery
The electrolyte recovery section, marked in red in Figure 1, regenerates the KOH electrolyte from the KCl-
containing aqueous bottom outlet of the steam stripper through KCl electrolysis, while simultaneously
producing hydrogen and chlorine as valuable by-products. The section further includes the purification
and concentration of the brine feed as well as the recirculation and conditioning of the internal caustic
loop of the KCl electrolyzer.

Activated carbon adsorption. The KCl brine exiting the steam stripper, still containing trace organ-
ics, is processed through an activated carbon adsorption system operating at 30 °C [36]. The system is
sized as four fixed beds, with three beds operating in a lead–lag configuration at any given time and the
fourth undergoing thermal regeneration. This arrangement ensures continuous operation without break-
through. The purge ratio of the KCl brine recycle is set at approximately 1% to prevent accumulation of
impurities. Under these conditions, the organic concentration in the KCl brine recycle loop is maintained
below 10 ppm, well within the tolerance limits of the downstream KCl electrolyzer, where higher organic
concentrations would poison the anode catalyst. Heat integration between the hot adsorber inlet and
outlet streams is included to minimize utility demand.

Multi-effect evaporator with thermocompression. Before entering the KCl electrolyzer, the KCl
brine must be concentrated to 26wt% to match the required anodic inlet concentration [49]. Both the
purified brine recycle and the fresh KCl make-up stream are combined prior to evaporation to avoid the
solids handling that would arise from concentrating the recycle stream alone to saturation. The combined
stream requires the evaporation of approximately 44.5 t/h of water.

Based on a heuristic by Seider et al. [32], each evaporator effect provides a steam economy of ap-
proximately 0.8 kg of water evaporated per kg of externally supplied steam. A conventional six-effect
evaporator would therefore achieve an estimated steam economy of 4.8 kg water per kg of supplied
steam. Removal of 44.5 t/h of water consequently requires approximately 9.3 t/h of high-pressure steam,
which is fully covered by the 9.9 t/h generated using SOEC waste heat. The remaining approximately
0.6 t/h of high-pressure steam is integrated into the low-pressure steam generation system, as described
in section 2.5. In the implemented configuration, a five-effect evaporator with thermal vapor recompres-
sion is used. Following O’Brien et al. [49], the thermocompressor was assumed to provide steam savings
equivalent to one additional evaporator effect, thereby achieving the required steam economy with five
physical effects instead of the six effects required for a conventional multi-effect evaporator. The con-
densate from the final effect is used for boiler feed water preheating, while the remaining low-pressure
vapor is compressed and integrated into the process steam network, as described in section 2.5.

KCl electrolyzer. Recovery and replenishment of the KOH electrolyte consumed in the MEA is
achieved via KCl electrolysis, modeled analogously to industrial chlor-alkali NaCl electrolysis using oper-
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ating parameters from O’Brien et al. [49] and Schmittinger et al. [50]. The overall electrode reactions are:

Cathode: 2H2O(l) + 2 e− −−→ H2(g) + 2OH−(aq)

Anode: 2Cl−(aq) −−→ Cl2(g) + 2 e−

Overall: 2KCl(aq) + 2H2O(l) −−→ Cl2(g) + H2(g) + 2KOH(aq)

The electrolyzer is modeled in Aspen Plus as an RStoic block with the operating parameters summarized
in Table 3. The high-purity chlorine and hydrogen by-products are recovered for sale as commodity
chemicals, while their downstream processing is not modeled in detail given the maturity of existing
industrial practice [49, 50]. The process can therefore be regarded as combining electrolyte recovery
with the net electrolysis of externally supplied HCl into H2 and Cl2. The caustic KOH product is divided
into two streams. A smaller fraction is sent to the KOH buffer tank for reuse in the MEA, with a make-up
stream of approximately 120 kg/h added to compensate for KOH losses through the KCl brine purge.
The remaining, larger fraction is cooled in the heat pump evaporator and diluted with deionized water to
an inlet concentration of 30.3wt% before being recycled internally within the KCl electrolyzer system.
Table 3: Techno-economic parameters and results for the KCl electrolysis [49, 50].

Parameter Unit Value

Faradaic efficiency % 92
Cell voltage V 3
Thermoneutral voltage V 2.2
Operating temperature °C 90
Feed brine concentration wt% 26.0
Depleted brine concentration wt% 20.0
Current density A/m2 6000
Concentration of cell product KOH wt% 32.0
Concentration of cell feed KOH wt% 30.3
Energy efficiency % 67
Power consumption MW 9.68
Required electrolyzer area m2 538

2.5 Heat pump and heat integration
Lastly, the section marked in purple in Figure 1 contains the high-temperature heat pump, which up-
grades low-grade waste heat available from the KCl electrolyzer caustic cooler to generate low-pressure
steam (3 bar, 134 °C) for use in the process. The heat pump is modeled using the REFPROP property
package, which provides accurate thermophysical data for the selected working fluid. The working fluid
is selected following the methodology of Arpagaus et al. [51] and Dal Mas et al. [52], with R-1233zd(E)
identified as the most suitable candidate based on its thermodynamic performance, chemical stability,
and environmental profile in the required temperature lift range.

The evaporator uses the waste heat from the caustic cooler as its heat source, with a minimum
temperature approach of 6K [52, 53]. The expansion valve outlet pressure is set to the saturation
pressure corresponding to 71.23 °C, ensuring the 6Kminimum approach is maintained in the evaporator
with respect to the caustic outlet stream. The compressor is operated with a design specification to
achieve an outlet temperature of 140 °C, again satisfying the 6K minimum approach relative to the LP-
steam condensation temperature. A second design specification sets the working fluid mass flow rate to
achieve full condensation in the condenser. Under these conditions, the heat pump achieves a COP of
3.1 at a compressor shaft power of 993 kW, delivering 4.7 t/h of LP steam at 3 bar. In parallel, the vapor
leaving the final effect of the KCl-brine evaporator at approximately 1 bar and 105 °C is compressed using
646 kW of shaft power. The compressed vapor is combined with the approximately 0.6 t/h of excess
high-pressure steam generated from SOEC waste heat and desuperheated through water injection,
yielding an additional 10.3 t/h of LP steam at 3 bar and 134 °C. The condensate from the final evaporator
effect, available at approximately 1 bar and 100 °C, is used for boiler feed water preheating. Together,
the LP-steam contributions from the high-temperature heat pump and evaporator vapor compression
supply the remaining low-temperature thermal utility demand of the process and substantially reduce its
dependence on fossil-fired steam.
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For the remaining process streams, heat integration is performed by direct matching of heat sources
and sinks to minimize the net steam utility demand, with residual heat rejected to cooling water, or if
stream temperatures below 40 °C are required to chilled water. A full pinch analysis is outside the scope
of this work. However, the implemented heat matches represent a practical first-pass integration. The
use of multiple heat pumps in parallel (which would allow smaller temperature lifts and better thermody-
namic matching) is technically feasible but would increase capital cost and is left for future optimization.

2.6 Techno-economic assessment
Equipment sizing for all conventional unit operations follows the heuristics of Towler and Sinnott [36]
and Seider et al. [32]. Purchased equipment costs (PEC) are estimated from cost curves as a function
of equipment size parameter S:

Ce = a+ b Sn (3)

with cost constants a and b, and the scaling exponent n. Installed equipment costs are obtained by
applying material and installation factors from the same references. For the electrolyzer systems, the
purchased equipment cost is calculated directly from the active electrode area and a specific cost basis
of 1500 $/m2 for the MEA [9] and 800 $/kW for the SOEC [35], again corrected with material factor
and installation factor. Given that electrolyzer costs dominate the total installed capital, OSBL costs,
design and engineering fees, and contingency are applied only to the conventional equipment ISBL,
following the approach of Harmsen et al. [54]. The total depreciable capital (TDC) is the sum of the
scaled conventional ISBL costs and the electrolyzer ISBL costs.

Annual operating costs (OPEX) are separated into a conventional component (covering raw materi-
als, utilities, maintenance as a percentage of conventional ISBL, and labor, following Harmsen et al. [54])
and an electrolyzer-specific component covering membrane/catalyst replacement and maintenance at
2.5% of electrolyzer capital cost per year [9]. Revenues are generated from sales of acetic acid (primary
product), ethylene, hydrogen, and chlorine (by-products). Key techno-economic parameters and price
assumptions are summarized in Table 4.

The net present value (NPV) is calculated over a 20-year project lifetime as using a standard dis-
counted cash flow methodology:

NPV =

T∑
t=0

CFt

(1 + r)t
(4)

where CFt is the net cash flow in year t and r is the discount rate. The levelized cost of acetic acid
(LCOAA) is calculated by allocating the total annualized cost (TAC) according to acetic acid’s share of
total revenue:

LCOAA [$/t] =
TAC · Revenue share

Annual acetic acid production rate [t/y]
(5)

Analogous to the economic allocation approach used for the levelized production costs, the scope 1
and 2 greenhouse gas emissions are allocated based on the revenue share of acetic acid:

eCO2,econ =
(QthEIth +QelEIel) · Revenue share of main product

Annual acetic acid production rate [t/y]
(6)

where Qth and Qel represent the total thermal and electrical energy demands (in kWh/y), respectively,
while EIth and EIel denote the corresponding GHG emission intensities (in gCO2eq/kWh)

3 Results and discussion
Capital and operating expenditure. The total depreciable capital (TDC) of the integrated process
amounts to approximately 417 M$, with the breakdown across process subsections shown in Figure 2a.
The electrolyzer systems (SOEC and MEA in tandem) account for the dominant share of total capital,
contributing approximately 60% of the TDC. This is consistent with findings across the eCO2RR litera-
ture [18–20, 37] and reflects the large active electrode area required at the selected current densities
(3000mA/cm2 for the SOEC and 200mA/cm2 for the MEA), combined with the high specific cost of the
SOEC at 800 $/kW and the MEA at 1500 $/m2 [9, 35]. In contrast, the conventional downstream process-
ing equipment (liquid separation, electrolyte recovery, and heat integration) contributes a comparatively
minor share of TDC, underlining that the economic challenge of this process class lies entirely in the
electrochemical conversion step rather than in the separation train. The annual OPEX is estimated at
approximately 102 M$/y (Figure 2b), with electricity cost representing the largest recurring expenditure,
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Table 4: Key techno-economic parameters and price assumptions used in the analysis.

Parameter Unit Value Source

Project start year – 2030s Assumed
Plant lifetime years 20 –
Discount rate % 10 [54]
Electricity cost $/kWh 0.05 [52]
CO2 feedstock cost $/t 32.3 [3]
Acetic acid price $/t 760 [38]
Ethylene price $/t 1450 [38]
Hydrogen price $/t 3490 [38]
Chlorine price $/t 570 [38]
KOH price $/t 690 [38]
HCl price $/t 109 [38]
LP-steam utility price $/GJ 6 [19]
Cooling water utility price $/GJ 1.5 [19]
Chilled water utility price $/GJ 4.5 [36]
CEPCI reference year – 2025 –
Electrolyzer annual O&M % of CAPEX 2.5 [9]

Emission intensities

Grid electricity (average EU-27, 2024) gCO2eq/kWhel 187 [55]
Renewable electricity (offshore wind) gCO2eq/kWhel 18 [56]
Thermal energy (steam) gCO2eq/kWhth 259 [57]

driven by the combined power demand of the SOEC (30.4 MW), MEA (48.0 MW), KCl electrolyzer (9.7
MW), heat pump compressor (993 kW), and MVR compressor (2152 kW). Raw material costs (mainly
CO2 feedstock at 32.3 $/t [3] and HCl acid at 109 $/t) contribute a secondary but non-negligible share.

Revenue and annual cash flow. Annual revenues are generated from the sale of four product
streams: acetic acid (primary product, 53 kt/y at 760 $/t), ethylene (7 kt/y at 1450 $/t), hydrogen (2
kt/y at 3490 $/t), and chlorine (31 kt/y at 570 $/t). The combined revenue from by-products (Figure 2c)
partially offsets the OPEX but is insufficient to render the net annual operating result positive under base-
case assumptions. The resulting annual operating losses are approximately 26.4 M$/y, demonstrating
that baseline revenues cannot yet cover the day-to-day manufacturing and utility expenditures before
capital charges are even considered.

Techno-economic performance and literature comparison. The 20-year discounted cash flow
analysis yields a net present value of about -670 M$, with a levelized cost of acetic acid of approximately
1520 $/t – approximately double the current market price of 760 $/t. This result is in close agreement
with comparable integrated eCO2RR studies in the recent literature. Ramdin et al. [18] reported a simi-
larly negative NPV for CO2 electrolysis system yielding a mixture of ethylene, ethanol and acetic acids,
identifying electrolyzer CAPEX and electricity cost as the dominant barriers. Sajeev et al. [19] obtained
an NPV of −692M$ for a plant converting approximately 173 kt/y of CO2 using a tandem electrolyzer
configuration with a broad product distribution, consistent with the present result. Kenez and Azimi [37]
and Dorn et al. [20] reported similar conclusions for related CO2 electroreduction products, noting that
no currently demonstrated eCO2RR configuration reaches economic break-even at realistic electricity
and electrolyzer cost assumptions. The convergence of these independent assessments provides con-
fidence that the present TEA is of the correct order of magnitude, despite the simplifying assumptions
required by the low technology readiness level of the process. A key source of uncertainty is the assump-
tion that laboratory-scale electrolyzer performance metrics (Faradaic efficiency, current density, and cell
voltage from Overa et al. [17]) can be maintained linearly at industrial scale without degradation, which
is unlikely in practice and would further worsen the economics if accounted for.

Sensitivity analysis. Considering the dominance of electrolyzer CAPEX and electricity cost in the
overall economics, a ±30% sensitivity analysis was performed for the six most influential parameters:
MEA current density, MEA cell voltage, MEA and KCl-electrolyzer purchase cost, SOEC purchase cost,
electricity price, and product selling prices. The results in Figure 3 show that product selling prices have
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Figure 2: Breakdown of capital investment (a) and annual operating costs (b) across the different process sections, and annual
revenue (c) across the different products.

by far the strongest influence, shifting the NPV from −670M$ to −495M$. Electricity price is the second
most influential parameter, followed by MEA cell voltage and SOEC purchase cost. Variations in MEA
current density and electrolyzer purchase cost have a comparatively smaller effect. The low impact
of the MEA current density on overall process costs can be attributed to the already low base case
value at 200mA/cm2. Martin et al. [10] suggested a target figure of merit for electrolyzers of at least
1000mA/cm2 at approximately 50% selectivity toward the main product. Even under the most favorable
individual variation, the NPV remains strongly negative, indicating that economic viability cannot be
achieved through moderate parametric improvements alone and would require substantial simultaneous
advances in product value, electricity cost, and electrolyzer performance.

Scenario analysis. To contextualize the range of possible outcomes, Table 5 compares the base
case with an optimistic and a conservative scenario obtained by varying multiple parameters simulta-
neously. The base case uses the experimentally validated performance metrics from Overa et al. [17]
and current market prices. The optimistic case assumes electrolyzer costs at the lower end of projected
learning-curve estimates for 2030, elevated product prices, and high renewable electricity availability at
low marginal cost. The conservative case assumes slight cost increase in electrolyzer CAPEX, lower by-
product revenues, and higher electricity costs. Even in the optimistic case, the LCOAA remains above

Figure 3: Sensitivity analysis in the range of ±30% on six selected techno-economic parameters. All other parameters were held
constant.
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1149 $/t, indicating that the process remains a medium-to-long-term proposition contingent on continued
electrolyzer performance improvement.
Table 5: Techno-economic scenario analysis for selected parameters and the resulting NPV and LCOAA.

Parameter Unit Base Case Optimistic
Case

Conservative
Case

Electricity cost $/kWh 0.05 0.02 0.08
Products selling price % of base 100 130 70
MEA and KCl electrolyzer purchase cost $/m2 1500 1000 2000
SOEC electrolyzer CAPEX $/kW 800 500 1100
Current density MEA mA/cm2 200 600 100
Cell voltage MEA V 2.19 1.7 2.7
CO2 cost $/t 32 20 60

NPV M$ -670 -172 -1302
LCOAA $/tAA 1520 1149 2031

Energy demand and emission intensity. The integrated process requires 95.3MW of electrical
power, of which approximately 93% is consumed by the electrolyzers. The remaining demand is asso-
ciated with downstream processing, including the MVR compressor and heat pump. Owing to the high
degree of heat integration, the external heating utility cost is limited to approximately 0.15M$/y.

As shown in Figure 4, the process achieves an emission intensity of 156 gCO2eq/kgAA when op-
erated with renewable electricity and heat pump integration, substantially below the approximately
1000 gCO2eq/kgAA reported for conventional methanol carbonylation [58]. With grid electricity, however,
the emission intensity increases to 1458gCO2eq/kgAA. Without heat pump integration, emissions
increase further to 682 gCO2eq/kgAA for renewable electricity and 1932 gCO2eq/kgAA for grid electricity.
This demonstrates that both low-carbon electricity and heat pump integration are required for the
process to provide a clear environmental advantage over conventional acetic acid production.

Long-term cash flow dynamics. Figure 5 compares the cumulative net cash flow over 40 years for
the base and optimistic cases, as detailed in Table 5, with and without heat pump integration. Under base
case conditions, all configurations remain strongly unprofitable, reaching a cumulative net cash flow of
approximately −1.5 billion$ after 40 years. In contrast, the optimistic cases achieve nominal break-even
after approximately 17-18 years.

The configurations without heat pump integration perform slightly better economically in both cases.
Although the heat pump systems reduce external utility demand, these savings are not sufficient to offset

Figure 4: Total emission intensities under renewable and grid-based electricity supply, comparing configurations with and without
heat pump integration normalized per kilogram acetic acid. For comparison, the horizontal benchmark indicates the conventional
fossil-based production pathway for acetic acid [58]. The cases without heat pump integration were generated by removing the
heat pump systems while replacing the resulting heating and cooling duties with conventional utilities. This additionally includes
the replacement of the heat-pump-assisted distillation system by a conventional distillation configuration.
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the higher initial capital investment and additional maintenance costs. The improvement becomes more
favorable under the optimistic assumptions, particularly due to the reduced electricity cost, but remains
too small to recover the additional heat pump investment within the period shown. Reaching nominal
break-even does not imply a positive NPV, since the latter additionally accounts for the time value of
money. Nevertheless, the optimistic results demonstrate that combined improvements in electricity cost
and electrolyzer performance can enable positive annual net operating profits, even though the overall
NPV in a 20-year lifetime remains negative under the assumptions considered.

Figure 5: Cumulative net cash flow profiles over time, comparing configurations with and without heat pump integration under
base case and optimistic parameter sets (as detailed in Table 5). Salvage value and working capital recovery at the end of the
project lifetime were not included.

4 Conclusion
This work demonstrates the technical feasibility of an integrated CO2-to-acetic acid process combining
a tandem SOEC–MEA electrolyzer configuration with a fully closed downstream separation and elec-
trolyte recovery loop. This is based exclusively on industrially mature unit operations. The downstream
processing strategy (centered on HCl protonation followed by liquid–liquid extraction with ethyl acetate,
MVR-assisted distillation, steam stripping, activated carbon adsorption, and KCl electrolysis) provides
high confidence in separation performance and avoids the scale-up uncertainties associated with elec-
trochemical separation methods such as electrodialysis. The rigorous Aspen Plus simulation, combined
with systematic heat integration via a heat pump and SOEC waste heat recovery through a 5-effect evap-
orator with thermocompression, confirms that the thermal utility demand can be substantially electrified,
reducing dependence on fossil-fired steam. Under renewable electricity supply and with heat pump in-
tegration, the process achieves an emission intensity of approximately 156 gCO2eq/kgAA, substantially
below the conventional fossil-based acetic acid production benchmark. However, this environmental
advantage is highly dependent on the electricity source and heat integration, as grid electricity or con-
ventional thermal utilities significantly increase the associated emissions.

Despite this favorable environmental performance, the techno-economic assessment reveals that
the process is not economically competitive under current conditions, yielding a net present value of
approximately −670 M$ over a 20-year lifetime and a levelized cost of acetic acid of ~1520 $/t. This
outcome is consistent with comparable literature studies [18–20, 37] and reflects the dominant contribu-
tion of electrolyzer capital cost to the overall investment. Sensitivity analysis confirms that electrolyzer
CAPEX and electricity costs are the primary levers for improving process economics, and that meaning-
ful cost competitiveness would require either a substantial reduction in electrolyzer specific costs or a
significant decrease in cell voltage beyond current achievements in CO2 electrolysis. Scaling eCO2RR
systems from lab to industrial scale without independent validation of performance metrics remains a
major source of uncertainty that warrants caution in techno-economic projections.

Nevertheless, economic sub-optimality under present conditions should not be interpreted as a fun-
damental barrier to deployment. The value of waste CO2 valorization processes lies not only in their
direct economics, but in emissions avoidance, fossil feedstock displacement, and the enabling role
they play in integrating variable renewable electricity into the chemical industry. Among all eCO2RR
pathways, routes with higher technology readiness (such as SOEC-based CO or syngas production,
or MEA-based formic acid) remain more immediately viable and may serve as stepping stones [6, 28,
29, 59]. For liquid C2+ products such as acetic acid, the present work identifies the downstream pro-
cessing and electrolyte management as solvable engineering problems. Yet the critical bottleneck is
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the electrolyzer itself. Future work should therefore prioritize improvements in electrolyzer performance,
particularly higher current densities and lower cell voltages, while advancing three-compartment solid-
electrolyte configurations that combine electrolyte-free product streams with high product concentrations.
Such developments would simplify downstream processing and improve overall process economics.
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Appendix

Figure 6: Column grand composite curves of the MVR-assisted heat pump distillation column before and after implementation
of the stage-14 side reboiler. The side reboiler shifts 16MW of the approximately 20MW original bottom-reboiler duty to a lower-
temperature region, bringing the actual profile closer to the ideal thermodynamic profile. The figure is based on an earlier simulation
file; the final column duties are reported in the main text.
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