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Abstract

This work valorises two industrial waste streams from Hope Cement Works—flue gas CO2 and low-grade waste
heat—converting them into green methanol via catalytic hydrogenation with renewable hydrogen, while returning
by-product O2 to the kiln for oxygen-enriched combustion. The plant captures 42.9 t/hr CO2 (88.7% efficiency) via
monoethanolamine (MEA) absorption with rate-based RadFrac columns and produces 213 000 t/yr methanol over
Cu/ZnO/Al2O3 at 230 ◦C/70 bar. Aspen Plus V14 simulation achieves 62.9% per-pass CO2 conversion and 99.7%
overall via a 2.76:1 recycle loop. Six heat exchangers recover 66.5MW. Multi-objective ε-constraint optimisation
reveals that the levelised cost of methanol (LCOM) and CO2 utilisation are positively correlated: the cost-optimal
design achieves 99.5% utilisation because hydrogen (65–78% of operating expenditure, OPEX) is co-lost with CO2

in the purge. LCOM ranges from £779/t (£30/MWh) to £1303/t (UK grid); progressive integration of cement
waste heat (£62/t saving) and calcium looping (£32/t saving) reduces the base-case LCOM from £884/t to £790/t.
Approximately 9.4% of the captured CO2 is biogenic in origin, qualifying for enhanced credits under RED III and
FuelEU Maritime. Annual CO2 utilisation: 343 000 t/yr.

Keywords: CO2 utilisation, green methanol, e-methanol, process design, cement flue gas, calcium looping, techno-
economic assessment, multi-objective optimisation, Aspen Plus

1 Introduction
The cement industry is a hard-to-abate sector responsible for roughly 7–8% of global anthropogenic CO2 emissions, and
a large share of these emissions arises from limestone calcination rather than fuel combustion alone [5, 6]. IEAGHG
notes that carbonate decomposition accounts for about two-thirds of the CO2 emitted by a modern cement plant, which
means that deep decarbonisation cannot be achieved by energy efficiency or fuel switching alone [6]. In the UK, the
cement and concrete industries emitted about 6.6Mt CO2 in 2023 [7]. Hope Cement Works in Derbyshire is Breedon’s
largest cement works and accounts for around 16% of UK cement production, making it a strategically relevant site for
a point-source carbon capture and utilisation study [8]. Cement flue gas typically contains around 15–25 vol% CO2,
which is relatively concentrated compared with many other post-combustion industrial sources and therefore attractive
for amine-based capture [6, 9]. This study responds directly to the EURECHA 2026 Process Design Contest call for
the “utilization of industrial or other useful wastes to chemicals, fuels or energy”. The cement works presents two
complementary waste streams ripe for valorisation: flue gas CO2 (the carbon source) and low-grade waste heat at
200–400 ◦C from the preheater exhaust and clinker cooler (the energy source for solvent regeneration). By coupling
these streams through an integrated methanol synthesis plant, the design also generates by-product O2 from water
electrolysis, which can be returned to the kiln for oxygen-enriched combustion—thereby closing a material loop within
the host site.

Methanol (CH3OH) is a versatile C1 platform chemical used in products such as formaldehyde, acetic acid, fuels
and olefins; Methanex estimates that global methanol demand reached approximately 97Mt in 2024 [10]. Conventional
methanol is predominantly fossil-based, whereas methanol synthesised from captured CO2 and low-carbon hydrogen
can achieve substantially lower lifecycle emissions when powered by low-carbon electricity [1, 2].

Beyond its role as a chemical feedstock, methanol has emerged as a serious candidate for maritime decarbonisation.
The International Maritime Organization (IMO) adopted its 2023 revised greenhouse gas (GHG) Strategy targeting
net-zero emissions from international shipping by or around 2050, while the EU’s FuelEU Maritime regulation applies
from 1 January 2025 and the European Union Emissions Trading System (EU ETS) was extended to shipping from 1
January 2024 [4, 13, 14]. Shipping is an important end-use market because over 80% of world trade by volume moves by
sea and the sector accounts for about 3% of global greenhouse-gas emissions [11]. Det Norske Veritas (DNV) describes
methanol as a high-readiness marine fuel option, with more than 450 methanol-capable vessels in operation and on
order by early 2025 [12].

These trends create a plausible strategic rationale for e-methanol even though the economics remain challenging
today. The objective of this work is therefore not to claim immediate commercial competitiveness, but to design,
simulate and evaluate a technically coherent process that captures CO2 from Hope Cement Works flue gas and converts
it to methanol using electrolytic hydrogen from low-carbon electricity. Specifically, this study aims to:

1. Develop a rigorous steady-state process simulation in Aspen Plus V14, including a converged recycle loop with
Gibbs free energy minimisation for the methanol reactor.

1



EURECHA Process Design Contest 2026 Bachelor category CO2-to-Methanol from Cement Flue Gas

2. Quantify plant performance through systematic sensitivity analysis of reactor operating conditions and recycle
purge fraction.

3. Perform a techno-economic assessment across multiple electricity price scenarios, identifying break-even conditions
and key cost drivers.

4. Evaluate industrial symbiosis opportunities between the methanol plant and the cement works, including waste
heat, water, and oxygen integration.

5. Assess the environmental credentials of the process, including CO2 utilisation efficiency, water footprint, and
preliminary safety considerations.

6. Perform multi-objective optimisation using the ε-constraint method to explore the trade-off between LCOM and
CO2 utilisation, identifying the cost-optimal operating conditions.

The remainder of this report covers process concept selection (Section 1.1), process design (Section 2), simulation
methodology (Section 3), results including sensitivity analyses and multi-objective optimisation (Section 4), techno-
economic assessment (Section 5), industrial symbiosis (Section 6), environmental and safety aspects (Section 7), a
calcium looping alternative capture case (Section 8), and conclusions (Section 9). Supplementary appendix figures
(CaL flowsheet, catalyst deactivation plots, and enlarged main-body figures) are provided in the accompanying appendix
document.

1.1 Process Concept Selection
Several CO2-to-fuel routes were considered before selecting methanol. Dimethyl ether (DME) requires an additional
dehydration step and lacks an established bunkering infrastructure; formic acid suffers from low equilibrium conversion
and limited market volume; synthetic methane demands a high-temperature methanation reactor and competes directly
with fossil natural gas on price; and Fischer–Tropsch fuels, while versatile, involve complex multi-stage processing with
lower technology readiness for CO2-derived syngas. Methanol was preferred for four reasons: (a) strong maritime
market pull, with over 450 methanol-capable vessels in operation or on order and the FuelEU Maritime regulation
applying from 2025 [12, 13]; (b) the 15–25 vol% CO2 concentration in cement flue gas is well-matched to amine
capture feeding a catalytic hydrogenation loop, avoiding the dilute-stream penalties faced by direct-air-capture routes;
(c) methanol is a liquid at ambient conditions, simplifying storage and transport relative to gaseous products; and
(d) the Cu/ZnO/Al2O3 catalyst system is industrially mature, with decades of commercial operating data, in contrast
to less proven electrochemical CO2 reduction pathways [1, 3].

2 Process Description

2.1 Overall Process Concept
The proposed plant integrates four main sections: (1) CO2 capture from cement flue gas via MEA absorption with a
rigorous rate-based RadFrac stripper for solvent regeneration, (2) water electrolysis for green hydrogen production, (3)
catalytic CO2 hydrogenation to methanol with a converged recycle loop, and (4) methanol purification by two-stage
flash separation and distillation. The plant is designed as an industrial symbiosis with the cement works, utilising waste
CO2 as feedstock and exporting by-product oxygen to enrich kiln combustion.

2.2 Process Flow Diagram
Figure 1 presents the Aspen Plus V14 flowsheet for the complete process.

2.3 CO2 Capture and Solvent Regeneration
Flue gas from the cement kiln (40 ◦C, 1.05 bar, 4995 kmol/hr) enters a rate-based MEA absorber column (ABSORBER,
20 stages, Mellapak structured packing). The absorber receives lean MEA solvent (MEALEAN, 40 ◦C, 568 t/hr). Post-
combustion amine scrubbing is one of the most mature retrofit options for cement plants and is widely discussed by
GCCA and IEAGHG as a practical route to capture from cement flue gases in this concentration range [6, 9]. The
absorber overhead (GASOUT) is the cleaned flue gas containing 124 kmol/hr residual CO2, giving a capture efficiency
of 88.7%. The CO2-rich solvent exits as stream MEAOUT (50.7 ◦C, 588 t/hr).

Solvent regeneration is performed in a rigorous rate-based RadFrac stripper (STRIPPER, 10 stages, Mellapak
structured packing, 2 bar). The rich solvent is pumped (PUMP, 20 kW), preheated in the lean–rich exchanger EX2
(16.9MW) and cross-plant exchanger EX3 (9.4MW) to 95 ◦C, then heated to regeneration temperature in HEAT2 (LP
steam) before entering the stripper. The stripper reboiler operates at 125 ◦C with a duty of 50MW, corresponding to a
specific reboiler duty of 4.56GJ/t CO2—slightly above the 3.5−−4.0GJ/t range typical for 85–90% capture, consistent
with the higher regeneration severity needed for 99.8% CO2 recovery from the solvent [20, 21].

The stripper overhead produces a wet CO2-rich vapour stream (CO2WET, 105 ◦C, 1.9 bar, 1835 kmol/hr) that
is 54.7 mol% water. This stream is cooled in the new heat exchanger EX5 (13.1MW) from 105 ◦C to 35 ◦C using
reused cooling water from the WATERMIX mixer (see Section 2.7). The cooled two-phase mixture (stream S15) enters
a knockout drum (B3), which separates it into a substantially dewatered CO2 vapour (CO2WETF, 3.0 mol% H2O,
829 kmol/hr CO2) and a condensed water stream (WO1, 17.6 t/hr). The regenerated liquid solvent (stream S24, 125 ◦C)
is cooled through heat exchangers EX2 and EX4 and exits through VALVE2 as stream MEAOUTS (40 ◦C).

Capture–synthesis interface. The capture and synthesis sections were converged as separate Aspen Plus simu-
lations and validated to produce matching interface streams. The re-optimised stripper (reboiler duty 50MW, specific
duty 4.56GJ/t CO2, feed at 120 ◦C) produces a dewatered CO2 stream (CO2CLEAN) containing 899.6 kmol/hr CO2

and 2.7 kmol/hr H2O after deep drying at 0 ◦C (−0.63MW) and pressure reduction to 1.05 bar. The synthesis loop feed
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(a) CO2 capture and solvent regeneration: MEA absorber, rich/lean cross-exchangers (EX2–EX4), rate-based RadFrac stripper,
and CO2WET cooler EX5 fed by reused cooling water via WATERMIX.

(b) CO2 drying: knockout drum (B5) with deep cooler (B2) yielding dewatered CO2 (CLEANCO2) and condensed
water recovery (B4) to WATEROUT.

(c) Methanol synthesis loop and purification: H2/CO2 compression and mixing, feed–effluent exchanger EX1, trim heater HEAT1,
RGibbs reactor METREACT, two-stage flash (FLASH1/FLASH2) with recycle and purge (PURGESPT), and distillation column
COLUMN1.

Figure 1: Aspen Plus V14 process flow diagram of the converged simulation, shown in three sections: (a) CO2 capture
and solvent regeneration, (b) CO2 drying, and (c) the methanol synthesis loop with product purification. All six heat-
integration exchangers (EX1–EX6) are included. 3
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(CO2GAS) is specified at 899.0 kmol/hr CO2 and 1.7 kmol/hr H2O—a discrepancy of 0.6 kmol/hr (<0.1%), confirming
that the plant mass balance is effectively closed. The dried CO2 is reheated from 0 ◦C to 40 ◦C in a new heat exchanger
EX6 using distillation column bottoms water (106 ◦C), recovering approximately 0.6MW of low-grade heat. The MEA
solvent is recirculated in a closed loop: the regenerated lean solvent (MEAOUTS) exiting EX4 at 40 ◦C is returned to the
absorber as MEALEAN. In the present simulation the loop is modelled as open (MEALEAN specified independently)
to aid convergence; in a fully converged design, fresh MEA make-up of 1.5−−2.5 kg per tonne CO2 would be required
to compensate for thermal and oxidative degradation [20].

2.4 Hydrogen Production
Green hydrogen is produced via proton exchange membrane (PEM) electrolysis powered by low-carbon electricity.
The electrolyser is assumed to operate at 30 bar outlet pressure, producing 2704 kmol/hr H2 (5.45 t/hr) at a specific
electricity consumption of 50 kWh/kg H2, which is a reasonable screening assumption for PEM electrolysis [15, 16].
The corresponding electrolyser capacity is approximately 270MW, representing the dominant share of plant electrical
demand.

2.5 Compression and Feed Preparation
CO2 is compressed from 1.05 bar to 70 bar in a four-stage intercooled compressor (COMPCO2, 3.73MW), where cooling
water removes the heat of compression between each stage to reduce the work input and maintain manageable discharge
temperatures. Hydrogen is compressed from 30 bar to 70 bar in a single-stage compressor (COMPH2, 2.39MW), exiting
at 139 ◦C. The compressed H2 (stream 1), compressed CO2 (stream 2), and recycle gas (stream 17) are combined in a
mixer (H2MIXCO2), producing the reactor feed at 53 ◦C and 70 bar (stream S6, 13 554 kmol/hr). This feed is preheated
to 200 ◦C in the feed–effluent heat exchanger (EX1, 26.4MW) using the hot reactor product, then further heated to
230 ◦C in a trim heater (HEAT1, 3.5MW) supplied by fired heating or HP steam, representing only 4.5% of the total
heating requirement.

2.6 Methanol Synthesis Reactor
Within the Aspen Plus flowsheet, the reactor is modelled as an RGibbs block (METREACT) performing Gibbs free
energy minimisation at 230 ◦C and 70 bar, restricted to the following species: CH3OH, H2O, CO, CO2, and H2. This
captures both the target methanol synthesis reaction and the competing reverse water-gas shift (RWGS):

CO2 + 3H2 CH3OH + H2O ∆H298 = −49.5 kJ/mol (1)

CO2 + H2 CO + H2O ∆H298 = 41.2 kJ/mol (2)

The industrial catalyst basis is Cu/ZnO/Al2O3, commonly applied in commercial methanol synthesis and typically
operated in the range of 220–280◦C [1, 3]. The design temperature of 230 ◦C balances thermodynamic equilibrium
(favouring lower temperatures for the exothermic reaction (1)) against practical kinetic activity. The reactor exotherm
of 14.6MW is removed by a cooling medium (interpreted as steam generation for process heat recovery).

Because the RGibbs block provides only an upper-bound equilibrium picture and cannot represent finite-rate catalyst
behaviour, a complementary reduced-order kinetic packed-bed reactor model was developed in Python. This model
solves one-dimensional species balances along the catalyst weight coordinate for both reactions (1) and (2) using
reversible reduced kinetics on the same Cu/ZnO/Al2O3 catalyst basis. It additionally includes an exponential catalyst
deactivation factor, enabling a preliminary assessment of how catalyst ageing affects methanol production and CO2

conversion over time. The kinetic model methodology is described in Section 3.4.

The reactor product (stream S13, 230 ◦C, 11 788 kmol/hr) is cooled in the feed–effluent exchanger (EX1) to 135 ◦C
(stream S31), then further cooled via the cross-plant exchanger (EX3) to 105 ◦C (stream S7) and auxiliary cooler (B14)
to 40 ◦C (stream S23) before entering the flash drum.

2.7 Product Separation
The cooled reactor effluent undergoes two-stage flash separation. The first flash drum (FLASH1) operates at 40 ◦C
and 70 bar, separating a hydrogen-rich vapour (stream 15, 9999 kmol/hr) from a methanol–water liquid (stream 18,
1789 kmol/hr). The vapour passes through a purge splitter (PURGESPT): a 0.50% purge stream (stream 16, 50 kmol/hr)
is withdrawn, and the remainder (stream 17, 9949 kmol/hr) is recycled to the mixer. The liquid is let down through a
valve (VALVE1) to 1.56 bar and enters a second flash drum (FLASH2) to recover any dissolved light gases (stream S5),
before the liquid (stream S4) is fed to the distillation column.

The distillation column (COLUMN1, RadFrac) has 25 stages with the feed at stage 12, operating at 1.5 bar. The
distillate (stream METHANOL) yields 830 kmol/hr methanol at 99.5 wt% purity (MW = 32.06, confirming high-purity
product), while the bottoms (stream BOTTOMS) produces 937 kmol/hr of water at 106 ◦C.

2.8 Heat Integration
Six process–process heat exchangers are implemented:

� EX1 (26.4MW): Feed–effluent exchanger recovering reactor product heat (230→135◦C) to preheat reactor feed
(53→200◦C).

� EX2 (16.9MW): Lean–rich MEA exchanger using hot regenerated solvent (S24, 125 ◦C→S3, 93 ◦C) to preheat
the CO2-loaded rich solvent before the regeneration heater.
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� EX3 (9.4MW): Cross-plant exchanger using partially cooled reactor effluent (S31, 135 ◦C→S7, 105 ◦C) to further
preheat the stripper-side stream (S2→S9, 83 ◦C→95 ◦C), reducing both the external regeneration heating and the
reactor-effluent cooling demand.

� EX4 (13.2MW): Solvent cooler bringing the regenerated solvent from 93 ◦C to 40 ◦C before it exits the flowsheet
as MEAOUTS.

� EX5 (13.1MW): CO2WET cooler that cools the stripper overhead vapour from 105 ◦C to 35 ◦C using reused
cooling water from the WATERMIX mixer (see below).

� EX6 (∼0.6MW): CO2 reheat exchanger using distillation bottoms water (106 ◦C) to warm the dried CO2 from
0 ◦C to 40 ◦C before compression.

The total process–process heat recovery across EX1–EX3, EX5, and the new EX6 is 66.5MW. After this recovery,
the only external heating duties are the trim heater HEAT1 (3.5MW), the stripper reboiler (50MW), and the column
reboiler (24.2MW).

2.8.1 Water Reuse for CO2WET Cooling (EX5)

In the updated design, the CO2WET cooling duty is met by reusing warm cooling water from EX4 (HOTH2O, 35.3 ◦C)
and B14 (HOTH2O2, 29.7 ◦C), combined in the WATERMIX mixer to produce stream S10 at 32.8 ◦C (2660 t/hr). This
stream absorbs 13.1MW from CO2WET in EX5, rising to 37.1 ◦C before discharge. This eliminates the need for a
separate fresh cooling-water circuit, reducing the total fresh cooling-water requirement by approximately 2660 t/hr and
the cooling-tower duty by 13.1MW.

3 Simulation Methodology

3.1 Simulation Environment
All simulations were performed in Aspen Plus V14. The MEA absorption section uses the electrolyte non-random
two-liquid (NRTL) model (ELECNRTL) property method with the Aspen Plus Chemistry package for the CO2–MEA–
H2O system, including ionic speciation. The methanol synthesis loop uses the Predictive Soave–Redlich–Kwong (PSRK)
property method, which is widely used for high-pressure gas-phase methanol synthesis studies and provides a reasonable
representation of the CO2–H2–CH3OH–H2O system in the synthesis loop [1, 2].

3.2 Key Simulation Blocks
Table 1 summarises the main Aspen Plus blocks and their specifications.

Table 1: Summary of Aspen Plus simulation blocks.

Block Type Function Key specification

ABSORBER RadFrac MEA CO2 absorber Rate-based, 20 stg, Mellapak, ELECNRTL
STRIPPER RadFrac MEA solvent stripper Rate-based, 10 stg, Mellapak, 2 bar
HEAT2 Heater Pre-regeneration heater Rich solvent heating
COMPCO2 MCompr CO2 compression 4 stages, 1.05 → 70 bar
COMPH2 Compr H2 compression 30 → 70 bar, η = 0.78
H2MIXCO2 Mixer Feed + recycle mixer Adiabatic
EX1 HeatX Feed–effluent exchange 26.4MW; Hot: 230→135°C; Cold: 53→200°C
EX5 HeatX CO2WET cooler (water reuse) 13.1MW; Hot: 105→35°C
HEAT1 Heater Trim heater 200 → 230°C
METREACT RGibbs Methanol reactor 230°C, 70 bar, restricted products

Table 1: Table 1 (continued)

Block Type Function Key specification

FLASH1 Flash2 HP vapour–liquid separation 40°C, 70 bar
PURGESPT FSplit Purge splitter 0.50% purge fraction
VALVE1 Valve Pressure letdown 70 → 1.56 bar
FLASH2 Flash2 LP flash separation 1.56 bar
COLUMN1 RadFrac Distillation column 25 stages, feed at stage 12
EX2 HeatX Lean–rich MEA exchange 16.9MW recovered
EX3 HeatX Cross-plant exchange 9.4MW recovered
EX4 HeatX Solvent cooler 13.2MW; to 40 ◦C
PUMP Pump Rich solvent pump 0.020MW
B3 Flash2 CO2WET knockout drum 35 ◦C, 1.9 bar
WATERMIX Mixer Cooling water reuse mixer Adiabatic; combines HOTH2O + HOTH2O2
EX6 HeatX CO2 reheat (bottoms water) ∼0.6MW; Cold: 0→40°C
B4 Mixer Water outlet mixer Combines WO1 + WO2 → WATEROUT

3.3 Convergence
The methanol synthesis recycle loop was converged using the Wegstein method with a maximum of 200 iterations. The
tear stream (stream 17) was initialised with an estimated composition based on the fresh feed ratio. Convergence was
achieved with a relative error below 10−4 on all recycled stream variables. If the Run button became greyed out after
a failed attempt, the simulation was reset before re-running.

3.4 Reduced-Order Kinetic Reactor Model
To move beyond the equilibrium-only RGibbs representation of the methanol reactor, a separate reduced-order kinetic
model was implemented in Python. The model treats the reactor as a one-dimensional isothermal packed-bed plug-flow
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reactor at 230 ◦C and 70 bar, with catalyst weight W as the independent spatial coordinate. The five tracked species—
CO2, H2, CH3OH, H2O, and CO—are governed by molar-flowrate balances dFi/dW =

∑
j νijrj , where W is catalyst

weight, νij the stoichiometric coefficient of species i in reaction j, and rj the rate per unit catalyst mass. Defining
J ≡ 1 +KCO2

pCO2
+KH2O/H2

(pH2O/pH2
) as the common adsorption denominator—appearing as J3 in rMeOH and J

in rRWGS—the rate expressions are:

rMeOH =

η1 a(t) k5a KCO2
pCO2

pH2

(
1− pCH3OH pH2O

Keq,1 p3
H2

pCO2

)
J3

(3)

rRWGS =
η2 a(t) k1 KCO2

(
pCO2 pH2 −

pH2O pCO

Keq,2

)
J

(4)

where pi = yiP , kj and Kj follow Arrhenius and van ’t Hoff temperature dependences respectively [3], η1 = 0.55 and
η2 = 0.70 are effectiveness factors, and a(t) = exp(−kdt) is the deactivation function with kd = 0.0012 day−1. Catalyst
activity decays as a(t) = exp(−kdt), where t is age in days and kd is the deactivation rate constant. The system of
ordinary differential equations is integrated numerically from W = 0 to W = Wtotal using an explicit Runge–Kutta
method. A catalyst replacement criterion is defined as the time at which methanol production falls below 90% of the
fresh-catalyst value.

The kinetic parameters are taken directly from Bussche and Froment [3] (Table 1), with the methanol synthesis pre-
exponential factor scaled by 104 to account for extrapolation beyond the original calibration range (15–51 bar, syngas
feed) to the present conditions (70 bar, CO2-rich feed). This scaling is necessary because the strong CO2 adsorption
term (KCO2

pCO2
≈ 88) in the LHHW denominator3 suppresses the intrinsic rate at high CO2 partial pressures; similar

calibration is standard practice for process-design screening models [3]. Intraparticle diffusion is accounted for via
constant effectiveness factors (ηMeOH = 0.55, ηRWGS = 0.70), representative of industrial Cu/ZnO/Al2O3 pellets.

3.5 Scope and Limitations
This is a screening-level process design. The methanol reactor is an RGibbs equilibrium block (62.9% per-pass conver-
sion); the complementary Python kinetic model (Section 3.4) confirms 49% finite-rate conversion with 65.7% approach
to equilibrium, but assumes isothermal operation and neglects pressure drop. Because the reactor and catalyst cost
(£2.1M) is only 0.4% of CAPEX and the recycle loop compensates for incomplete per-pass conversion, the economic
conclusions are not materially affected. The TEA combines Aspen-derived balances with literature-based cost assump-
tions [1, 16, 27]. The capture and synthesis sections were converged separately and validated to within 0.1% on the
interface CO2 flow; the open MEA loop would require make-up of 1.5−−2.5 kg/t CO2 [20] (£0.4–1.3M/yr).

3.6 Key Assumptions
Table 2 distinguishes between values derived from the Aspen simulation and those taken from literature or used as
scenario inputs.

Table 2: Summary of key assumptions and their basis.

Parameter Value Basis

Aspen Plus simulation outputs
All stream flows, compositions, duties Tables 2–4 Converged Aspen model
Reactor conversion (62.9% per-pass) RGibbs equilibrium Aspen model
Absorber (20 stg, rate-based, Mellapak) RadFrac result Aspen model
Stripper (10 stg, rate-based, Mellapak) RadFrac result Aspen model
Column performance (25 stg, RR = 1.50) RadFrac result Aspen model
Heat exchanger duties (EX1–EX5) HeatX blocks Aspen model
Stripper reboiler duty (4.56GJ/t CO2) RadFrac reboiler Aspen model

Literature-supported assumptions
Electrolyser specific power 50 kWh/kg H2 [15, 16]
Electrolyser CAPEX £1500/kW [16, 17]
CO2 capture cost £60/t CO2 [6, 21]
MEA reboiler duty (literature check) 3.5−−4.0GJ/t

CO2

[20, 21]

Water consumption for electrolysis 9 kg/kg H2 [15]

Scenario / screening assumptions
Electricity price scenarios £30 / 40 / 80 per

MWh
Scenario input

Capital charge rate (CCR) 10% Screening assumption
Operating hours 8000 hr/yr Screening assumption
Other OPEX (catalyst, maint., labour, insurance, overheads) £50/t MeOH Screening estimate (see Table 8 footnote)
Commodity MeOH price £560–575/t Market estimate
e-MeOH premium £800–1200/t Market estimate [28]

6



EURECHA Process Design Contest 2026 Bachelor category CO2-to-Methanol from Cement Flue Gas

4 Results and Discussion

4.1 Plant Performance
The converged simulation produces 213 000 t/yr of 99.5 wt% methanol from 899 kmol/hr CO2 and 2704 kmol/hr H2

(H2:CO2 = 3.0), with a per-pass CO2 conversion of 62.9%, overall conversion of 99.7% via a 2.76:1 recycle loop, and
specific consumptions of 205 kg H2/t MeOH and 10,480 kWh/t MeOH.

The 62.9% per-pass figure is an equilibrium upper bound (RGibbs); the recycle stream raises the effective H2:CO2

ratio to 8.6:1, well above the stoichiometric 3:1. The reduced-order kinetic model (Section 3.4), run on a fresh-feed basis
without recycle, predicts 49% single-pass conversion (545 kmol/hr methanol) with a 65.7% approach to equilibrium,
confirming that the equilibrium figure would not be reached without sufficient catalyst inventory. The recycle loop
compensates for incomplete per-pass conversion, achieving 99.7% overall utilisation with less than 0.3% CO2 lost
through the purge.

4.2 Kinetic Model: Catalyst Deactivation and Replacement
The Python kinetic model was used to assess the impact of catalyst ageing on reactor performance. Using a(t) =
exp(−kdt) with kd = 0.0012 day−1, activity falls from 1.000 at day 0 to 0.619 at day 400, with methanol production
declining from 545 to 447 kmol/hr while CO2 conversion remains nearly constant at ∼49% because the RWGS partially
compensates for the loss of methanol synthesis activity. Applying the replacement criterion (methanol production
falling below 90% of the fresh-catalyst value, i.e. below 491 kmol/hr), the kinetic model estimates a catalyst replacement
interval of approximately 234 days. This figure should be interpreted as a preliminary screening estimate; in practice,
replacement timing would depend on process-specific deactivation mechanisms (e.g. sulfur poisoning, thermal sintering)
and economic optimisation of the maintenance schedule.

4.3 Sensitivity Analysis

4.3.1 Reactor Operating Conditions

Figure 2 presents the single-pass equilibrium sensitivity to reactor temperature, pressure, and H2/CO2 ratio, evaluated
using a standalone RGibbs block with 100 kmol/hr CO2 feed.
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Figure 2: Effect of (a) reactor temperature, (b) pressure, and (c) H2/CO2 ratio on equilibrium methanol and CO yield.
Dashed lines indicate design conditions (230°C, 70 bar, H2/CO2 = 3.0).

The design point of 230 ◦C balances thermodynamic equilibrium (higher yield at lower temperatures) against min-
imum catalyst activity (>220 ◦C); 70 bar captures most of the pressure benefit; and the stoichiometric 3.0 fresh-feed
H2/CO2 ratio avoids excess electrolyser capacity—the dominant OPEX driver (65–78%)—while the recycle loop enriches
the effective reactor-inlet ratio to 8.6:1.

4.3.2 Purge Fraction Optimisation

Figure 3 shows the effect of purge fraction on plant performance.
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Figure 3: Effect of purge fraction on (a) methanol production and recycle flow, and (b) overall CO2 conversion and H2

losses.

A purge is necessary to prevent accumulation of RWGS-produced CO and trace inerts in the recycle loop. Methanol
production remains essentially flat for purge fractions between 0.3% and 3%, then declines at higher purge rates as
valuable H2 and CO2 are co-lost with the purged CO. A purge fraction of 0.50% was selected as it maximises production
and overall conversion while maintaining stable recycle convergence.
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4.4 Distillation Column
Figure 4 presents the temperature and flow profiles for COLUMN1.
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Figure 4: Distillation column profiles: (a) stage temperature, and (b) liquid and vapour molar flows. Feed enters at
stage 12.

The column operates with a reflux ratio of 1.50 and a boilup ratio of 2.37. The condenser temperature of 31.3 ◦C is
consistent with high-purity methanol product. The sharp temperature rise in the lower stages indicates effective water
stripping in the bottom section. The column specifications are summarised in Table 3.

Table 3: Distillation column design parameters and performance.

Parameter Value

Number of stages 25 (incl. condenser + reboiler)
Feed stage 12
Column pressure 1.50–1.64 bar
Reflux ratio 1.50
Boilup ratio 2.37
Bottoms rate 937 kmol/hr

Parameter Value

Condenser temperature 31.3 ◦C
Reboiler temperature 105.7 ◦C
Condenser duty −22.7 MW
Reboiler duty 24.2 MW
Distillate rate 830 kmol/hr
MeOH purity (distillate) 99.5 wt%

4.5 Energy Balance and Heat Integration
Figure 5 presents the plant energy balance.
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Figure 5: (a) Detailed duty breakdown for each block. (b) Net energy summary showing the effect of heat integration.

Table 4 summarises the energy duties from all process blocks.

Table 4: Plant energy balance summary.

Block Equipment Duty (MW)

Electrical power
COMPCO2 CO2 compressor 3.73
COMPH2 H2 compressor 2.39
PUMP Rich solvent pump 0.02
Total compression 6.14

Heating duties
HEAT1 Trim heater (200 to 230 ◦C) 3.50
STRIPPER Reboiler (RadFrac, 125 ◦C) 50.00
COLUMN1 Reboiler (106◦C) 24.16
Total heating 77.66

Block Equipment Duty (MW)

Cooling duties
METREACT Reactor exotherm −14.65
COLUMN1 Condenser (31◦C) −22.72
EX4 Solvent cooler −13.19
B14 Auxiliary cooler −13.02
CO2 dryer Deep drying (0 ◦C) −0.63
Total cooling −64.21

Process–process heat recovery
EX1 Feed–effluent 26.42
EX2 Lean–rich MEA 16.93
EX3 Cross-plant 9.37
EX5 CO2WET cooler (water reuse) 13.14
EX6 CO2 reheat (bottoms water) 0.60
Total recovery 66.46

The six exchangers recover 66.5MW in total, a 70% increase over the previous four-exchanger configuration (39.2MW).
The reactor exotherm (14.6MW at 230 ◦C) is suitable for MP steam generation to supply a substantial fraction of the
column reboiler duty.
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To quantify remaining integration potential, a pinch analysis was performed at ∆Tmin = 10 ◦C using all process
hot and cold streams extracted from the Aspen Plus simulation. The analysis identifies the pinch point at 63 ◦C/53 ◦C
(hot/cold side) and yields minimum utility targets of QH,min = 50.0MW and QC,min = 36.6MW. Compared with
the current gross external heating of 77.7MW and cooling of 64.2MW, the thermodynamic targets indicate that
an additional 27.7MW of heat recovery is theoretically attainable—corresponding to a 36% reduction in hot-utility
demand. The current six-exchanger network therefore captures approximately 71% of the maximum thermodynamic
heat-recovery potential (66.5MW out of a possible 94.2MW). Most of the remaining savings lie above the pinch,
where the reactor exotherm and hot effluent streams could further preheat the rich MEA and reactor feed, displacing
fired-heater and steam duties.

4.6 Utility Assignment
Each heating and cooling duty must be assigned to a physical utility. This subsection clarifies the assumed utility source
for every major duty.

Reactor cooling (METREACT, 14.6MW at 230 ◦C): Medium-pressure (MP) steam (∼15 bar, 200 ◦C) is gen-
erated in an internal boiler feed water (BFW) coil and assigned to cover 14.6MW of the 24.2MW distillation reboiler
duty, leaving a 9.5MW residual deficit. Column reboiler (COLUMN1, 24.2MW): 14.6MW from reactor-generated
MP steam; remaining 9.5MW from LP steam via NG boiler (90% efficiency, £30/MWh gas). Stripper reboiler
(STRIPPER, 50MW at 125 ◦C): Entirely low-pressure (LP) steam from natural gas (NG) boiler. Specific duty of
4.56GJ/t CO2, slightly above the typical 3.5−−4.0GJ/t range, reflecting 99.8% CO2 recovery [20, 21]. Trim heater
(HEAT1, 3.5MW): Fired heater or HP steam, costed at NG boiler rate. Cooling water (EX4, B14, intercool-
ers: 26.2MW): Conventional cooling water (CW) circuit at 20–30◦C, ∼2256m3/hr at £0.03/m3. CO2WET cooling
(EX5, 13.1MW): Reused warm CW from EX4/B14 (Section 2.8.1), zero additional fresh water cost. Condenser
(COLUMN1, 22.7MW at 31 ◦C): Chilled-water service at 10–20◦C (∼1955m3/hr), costed at £0.10/m3 including
refrigeration.

Table 5 summarises the utility assignments and their annual costs. The largest single utility cost is LP steam for the
MEA stripper reboiler (£63/t), confirming that solvent regeneration energy is a significant OPEX driver and motivating
the calcium looping alternative discussed in Section 8. The reactor steam cascade eliminates 14.6MW of external steam
demand for the distillation reboiler, saving approximately £4/t MeOH compared to a design without this integration.
The EX5 water-reuse arrangement eliminates 13.1MW of fresh cooling-water demand, saving approximately £0.6/t
MeOH in CW costs compared to the previous configuration.

Duty MW £M/yr /
£/t MeOH

Heating (steam / fired heater)
Stripper reboiler (Aspen) 50.0 13.3 / 62.7
Column reboiler (ext.) 9.5 2.5 / 11.9
Column reboiler (rxr steam) 14.6 0 / 0
Trim heater (HEAT1) 3.5 0.9 / 4.4

Cooling
EX4 + B14 (fresh CW) 26.2 0.5 / 2.5
EX5 (reused CW, no cost) 13.1 0 / 0
Column condenser 22.7 1.6 / 7.4

Total utility cost 18.9 / 89

Table 5: Utility assignment and annual costs.
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methanol revenue range (£800–1200/t).

4.7 Multi-Objective Process Optimisation
A multi-objective optimisation was performed to explore the trade-off between LCOM and overall CO2 utilisation using
the ε-constraint method [29]. LCOM was minimised using the sequential quadratic programming (SQP) solver within
Aspen Plus V14, with progressively varying bounds on CO2 utilisation enforced as inequality constraints. Five decision
variables were manipulated simultaneously: reactor temperature (210 ◦C to 280 ◦C), reactor pressure (50 bar to 100 bar),
fresh H2 feed rate (2515 kmol/hr to 3147 kmol/hr, corresponding to H2/CO2 ratios of 2.80–3.50), purge fraction (0.3–
10%), and column pressure (1.0 bar to 3.0 bar). Product purity (≥99.5 wt%) and annual production (≥200 000 t/yr)
were maintained as hard constraints.

Decision variables. The decision vector is x =
(
Trxn, Prxn, fpurge, FH2

, Pcol

)
(5). Variable bounds. 210 ≤ Trxn ≤

280 [◦C], 50 ≤ Prxn ≤ 100 [bar], 0.003 ≤ fpurge ≤ 0.10, 2515 ≤ FH2
≤ 3147 [kmol hr−1], 1.0 ≤ Pcol ≤ 3.0 [bar] (6).

Objective. Minimise LCOM(x) = (CAPEXann + OPEX)/ṁMeOH [£ t−1] (7), where CAPEXann = CCR(1500Pelec +
Ccap +Csyn), CCR = 0.10, Pelec = FH2

× 2.016× 50 [kW], OPEX = Celec +Csteam +Ccapture +Ccooling +Cother, Celec =
Pelec pelec τ/ṁMeOH, ṁMeOH = F dist

MeOH × 32.04 × τ/1000 [t yr−1] (8), with pelec = 40 £MWh−1 and τ = 8000 h yr−1.
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Constraints. g1: xdist
MeOH ≥ 0.995 (purity ≥99.5wt%) (9); g2: ṁMeOH ≥ 200,000 t yr−1 (10); g3: ηCO2

(x) ≥ εk (11).
CO2 utilisation. ηCO2 = 1− fpurge F

rec
CO2

/F fresh
CO2

(12). ε-Constraint. For each εk ∈ {1.00, 0.98, 0.95, 0.94}, the SQP

solves minx LCOM(x) subject to g1–g3 and xL ≤ x ≤ xU (13). Sweeping εk traces the Pareto front.

Table 6 compares the key Pareto-optimal design points with the base case. The results reveal that LCOM and
CO2 utilisation are positively correlated rather than competing objectives (Figure 6). The cost-optimal design achieves
99.5% CO2 utilisation at £941/t, closely matching the base case (£938/t, 99.7%). Forcing utilisation down to 94.6% by
relaxing the purge constraint increases LCOM by £67/t (+7.0%), because the purge fraction rises from 0.8% to 6.8%
and hydrogen consumption increases by 13%. Since hydrogen electrolysis dominates OPEX, any CO2 lost in the purge
co-wastes the stoichiometrically associated hydrogen, creating a direct cost penalty.

Table 6: Comparison of ε-constraint optimised design points with the base case.
Design variables

Parameter Cost-opt. ≤98% ≤95% Base

Trxn (◦C) 231.9 242.3 236.4 230.0
Prxn (bar) 76.5 76.5 69.7 70.0
Purge (%) 0.82 2.75 6.84 0.50
H2 feed (kmol/hr) 2726 2869 3084 2704
Pcol (bar) 1.49 1.20 1.20 1.50

Performance metrics

Metric Cost-opt. ≤98% ≤95% Base

LCOM (£/t) 941 978 1008 938
CO2 util. (%) 99.5 98.0 94.6 99.7
Production (kt/yr) 208 208 208 208

A surrogate-assisted extension using Gaussian Process regression (Matérn-5/2 kernel) trained on 500 Latin Hyper-
cube samples from a simplified algebraic process model confirmed these results with a dense 80-point Pareto front. The
GP surrogates achieved R2 > 0.999 for both LCOM and CO2 utilisation on a held-out test set. Sobol global sensitivity
analysis on the GP surrogate confirmed that FH2

and fpurge are the dominant variables, consistent with the tornado
diagram (Figure 7).

5 Techno-Economic Assessment

5.1 Capital Expenditure (CAPEX)
Table 7 presents the capital expenditure (CAPEX) breakdown. The synthesis and purification section was costed using
Turton et al. (2018) bare-module correlations escalated to the Chemical Engineering Plant Cost Index (CEPCI) 2024,
with equipment sizes derived from the Aspen simulation outputs.

Table 7: CAPEX breakdown. Synthesis section sized from Aspen outputs using Turton et al. (2018) correlations
(CEPCI 2024).

Component Sizing basis Cost (£M) Share

PEM electrolyser 270 MW × £1500/kW 405 80%
CO2 capture (MEA) Literature (incl. regen) 65 13%
Synthesis & purification: Turton bare module + 55% off-sites and battery limits (OSBL) 33 7%

Heat exchangers (10 units) 11,956 m2 total area 13.3
Compressors + pump 6.1 MW shaft power 5.1
Reactor + catalyst + drums 76 m3, 51 m3 cat. 2.1
Distillation column + trays D = 4.0 m, 25 trays 1.1

Total CAPEX 503 100%
Annualised (10% CCR) £236/t MeOH

The electrolyser dominates CAPEX at 80%, confirming that electrolyser cost reduction has the greatest leverage.
The capture CAPEX (£65M) includes the rate-based absorber and stripper columns, reboiler (3205m2), and associated

equipment [6]. Heat exchanger areas were calculated from Q = UA∆TLM with U = 150W/(m
2
K) to 1000W/(m

2
K).

The reactor vessel (D = 2.7m, L = 13.4m, SS316, 70 bar) was sized from a gas hourly space velocity (GHSV) of
6000 h−1; the column diameter (4.0m) from the Souders–Brown correlation.

5.2 Operating Expenditure and LCOM
Table 8 presents the OPEX and levelised cost of methanol at three electricity price scenarios.
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Table 8: OPEX and LCOM at three electricity price scenarios.

£80/MWh £40/MWh £30/MWh
Cost component (£/t MeOH) (UK grid) (Offshore CfD) (Future)

H2 electricity cost 820 410 307
Compression electricity 18 9 7
CO2 capture (MEA absorbent) 89 89 89
LP steam (stripper + reboiler) 75 75 75
Cooling & chilled water 10 10 10
Trim heater fuel 4 4 4

Other (catalyst, maint., labour)b 50 50 50
Total OPEX 1067 648 543
Annualised CAPEX 236 236 236

LCOM (£/t MeOH) 1303 884 779
Implied H2 price £4.00/kg £2.00/kg £1.50/kg

b The £50/t “other” line item is a lump-sum screening estimate that covers: catalyst replacement (∼£5/t, based on a 234-day replacement
cycle at £20/kg for Cu/ZnO/Al2O3), annual maintenance at 3% of synthesis CAPEX (∼£5/t), direct operating labour for a 15-person shift
roster (∼£10/t), indirect costs including insurance, overheads and administration (∼£15/t), and consumables such as MEA make-up and
water treatment chemicals (∼£15/t). This aggregation is appropriate at screening level; a detailed FEED-stage estimate would itemise each
component individually.

5.3 Sensitivity Analysis
Figure 7 presents a tornado diagram showing the sensitivity of LCOM to ±20% variation in key parameters, and
Figure 9 maps the LCOM against electricity price with revenue scenarios for commodity and e-methanol markets.
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Figure 7: Tornado diagram: ±20% one-at-a-time (OAT)
sensitivity from base case (£884/t at £40/MWh).

Trxn Prxn fpurge FH2 Pcol
0.0

0.1

0.2

0.3

0.4

0.5
So

bo
l i

nd
ex

Global sensitivity of LCOM
First-order S1
Total-order ST

Figure 8: Sobol global sensitivity indices (S1 and ST ) for
LCOM, confirming FH2 and fpurge as dominant variables
with negligible interactions.

10 20 30 40 50 60 70 80 90 100
Electricity price (£/MWh)

400

600

800

1000

1200

1400

LC
OM

 (£
/t 

M
eO

H)

£10/MWh

£32/MWh

£70/MWh

UK grid
£1303/t

Offshore CfD
£884/t

Future wind
£779/t

Break-even analysis: LCOM vs electricity price
LCOM
Commodity MeOH (£560 575/t)
e-MeOH premium (£800 1200/t)

Figure 9: Break-even analysis: LCOM vs electricity price with commodity methanol (£560–575/t) and e-methanol
(£800–1200/t) revenue bands.

Electricity price dominates all other parameters, followed by electrolyser CAPEX and plant capacity factor. CO2

capture cost and catalyst/maintenance costs have comparatively minor effects.

5.4 Break-Even Analysis
Key break-even thresholds:

� vs commodity methanol (£575/t): requires electricity ≤ £12/MWh — not achievable with current technology.
� vs e-methanol low (£800/t): requires electricity ≤ £33/MWh — requires dedicated low-cost renewable elec-
tricity.

� vs e-methanol high (£1200/t): requires electricity ≤ £71/MWh — achievable at near-current grid prices.
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Break-even against e-methanol low (£800/t) requires electricity ≤ £33/MWh, which is below current Allocation
Round 6 (AR6) offshore-wind Contracts for Difference (CfD) strike prices (£54–59/MWh in 2012 prices) [18]. The
utility steam cost (£75/t for MEA regeneration) accounts for a significant share of the gap, motivating the calcium
looping alternative (Section 8).

5.4.1 CO2 Avoidance Price Analysis

Because the methanol plant captures and utilises cement-works CO2, a carbon credit or tax transfer from the emitter
to the methanol producer can close the revenue gap.

At £40/MWh electricity and e-methanol pricing of £800/t, the plant requires a carbon price of £49/tCO2, which
is comparable to the current UK ETS price of £49/tCO2 and below the EU ETS equivalent of ≈£68/t. This suggests
that existing carbon pricing mechanisms could, in principle, close the viability gap for e-methanol sold at a modest
green premium. However, at commodity methanol prices (£575/t), the required carbon price rises to £200/tCO2 —
far exceeding any current ETS signal. Conversely, at e-methanol prices above £1000/t, no carbon credit is needed for
electricity costs up to £40/MWh. High electricity costs (£80/MWh) make the project uneconomic without very large
carbon transfers (£61–482/tCO2) regardless of methanol price.

5.5 Discounted Cash Flow Analysis
A discounted cash flow (DCF) model was constructed to evaluate project profitability under the £40/MWh offshore-
wind scenario. The model assumes a 3-year construction period (20%/50%/30% CAPEX phasing), 20-year plant life,
10% discount rate (weighted average cost of capital, WACC), 25% UK corporation tax, 5% working capital, and a
capacity ramp of 60%/80%/100% in operating years 1–3. Straight-line depreciation over 20 years and £2.5M/yr O2

by-product revenue are included.
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DCF analysis: cumulative NPV at £40/MWh electricity, 10% discount rate
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Figure 10: Cumulative net present value (NPV) over
the project lifetime for four revenue scenarios at
£40/MWh electricity and 10% discount rate.

£575/t £800/t £1000/t £1200/t

Revenue (£M) 125 173 215 258
OPEX (£M) 135
Gross profit (£M) −10 38 80 123

NPV (£M) −534 −263 −71 +121
Internal rate of return (IRR) n/a 2.1% 8.1% 12.5%
Payback (simple) n/a 15 yr 8 yr 5 yr
Payback (disc.) >23 yr >23 yr >23 yr 14 yr

Table 9: DCF summary by revenue scenario (£40/MWh, 10%
discount rate). All monetary values in £M/yr unless stated.

Table 9 summarises the DCF results. The project achieves positive NPV only at e-methanol pricing above £1200/t
(IRR 12.5%, discounted payback 14 yr). At £1000/t the project falls short (IRR 8.1% vs 10% WACC), principally
because the £89/t utility burden erodes margins. Replacing the MEA stripper with calcium looping (Section 8) would
recover approximately £32/t, potentially bringing the £1000/t scenario closer to marginal viability.

5.6 Operational Flexibility Under Intermittent Electricity
Two operational strategies were evaluated as a function of wind capacity factor (CF): (A) oversized electrolyser with a
12-hour H2 buffer; and (B) grid backup at £80/MWh during calm periods.

12



EURECHA Process Design Contest 2026 Bachelor category CO2-to-Methanol from Cement Flue Gas

30 40 50 60 70 80 90 100
Wind capacity factor (%)

600

700

800

900

1000

1100

1200
LC

OM
 (£

/t 
M

eO
H)

Crossover  100% CF

Base case
£884/t

UK offshore
wind range

Impact of wind intermittency on LCOM
Strategy A: Oversized electrolyser + H  buffer
Strategy B: Grid backup at £80/MWh
e-MeOH premium (£800 1200/t)

Figure 11: Impact of wind capacity factor on LCOM for
two operational strategies: (A) oversized electrolyser with
H2 buffer, and (B) grid backup at £80/MWh. The base case
assumes 100% dedicated wind at £40/MWh.

At a typical UK offshore wind CF of 45%, both strategies
increase LCOM by £200–280/t compared to the idealised
base case. The two strategies cross over at approximately
53% CF: below this, grid backup is more economical be-
cause the CAPEX penalty of oversizing dominates; above
it, the oversized electrolyser wins because grid electricity
is expensive. Both strategies remain within the e-methanol
revenue band (£800–1200/t) across the realistic UK offshore
wind range of 38–52% CF.

6 Industrial Symbiosis
The proposed plant is designed as an integrated element of an eco-industrial park co-located with Hope Cement Works.
Key integration opportunities include: (1) Oxygen export: PEM electrolysis produces ∼43.5 t/hr of by-product
O2, exportable to the cement kiln for oxygen-enriched combustion (∼£2.5M/yr revenue) [23, 24]. (2) Purge gas
combustion: the purge stream (50 kmol/hr H2/CO at 70 bar) can be combusted for supplementary process heat
rather than flared. (3) Reactor steam cascade: the reactor exotherm (14.6MW) generates MP steam covering
60% of the column reboiler duty, saving ∼£4/t MeOH (Section 4.6). (4) Bottoms water recovery: 16.9 t/hr of
distillation bottoms at 106 ◦C could supply 34% of electrolyser feed-water demand after polishing, saving ∼135 000 t/yr
of freshwater abstraction [15, 22]. (5) Cooling water reuse: warm CW from EX4/B14 is reused in EX5, recovering
13.1MW without fresh water (Section 2.8.1). (6) Cement waste heat: this work does not model the cement plant;
however, literature data for a dry-process kiln of comparable capacity (∼1Mt/yr clinker, ∼3.5GJ/t specific heat,
∼122MWth fuel input) indicate two principal waste-heat sources: preheater exhaust gas at 280–400 ◦C (25–35% of fuel
input, 30–43MW) and clinker cooler exhaust air at 200–350 ◦C (15–25%, 18–30MW), giving a total recoverable range
of 49–73MW [6, 36]. The mid-estimate (∼61MW) could offset 79% of the plant’s 63MW external heating demand:
a waste-heat boiler on the preheater exhaust could supply ∼37MW of the 50MW stripper reboiler duty (LP steam
at 125 ◦C), while clinker cooler heat could fully cover the column reboiler remainder (9.5MW at 106 ◦C) and the trim
heater (3.5MW at 230 ◦C). At current UK gas prices this represents a saving of ∼£62/t MeOH.

Table 10 summarises three progressively integrated design configurations, illustrating how creative process synthesis
reduces the LCOM stepwise.

Table 10: Progressively integrated design configurations and their effect on LCOM (£40/MWh base case).

Configuration Key integration feature LCOM (£/t)

A — Standalone MEA plant No cement heat integration 884
B — A + waste heat integration Preheater + clinker cooler heat offsets 61MW steam 822
C — B + calcium looping capture CaL replaces MEA stripper; spent CaO to kiln 790

7 Environmental Performance
The proposed plant captures 42.9 t/hr of CO2 (88.7% capture efficiency from the flue gas), of which 39.6 t/hr is fed to
the methanol synthesis loop, corresponding to 343 000 t/yr captured and 317 000 t/yr converted at 8000 hr/yr operation.
This is equivalent to approximately 5.2% of UK cement sector emissions in 2023 [7]. Water demand is dominated by
electrolysis, which requires about 9 kg H2O per kg H2, giving a total requirement of 49.1 t/hr [15]. Part of this demand
could be offset by recovering distillation bottoms water, reducing the net freshwater requirement to about 32 t/hr.
Table 11 compares the main environmental metrics of the proposed e-methanol route with conventional fossil methanol.
Relative to fossil methanol, the process uses captured CO2 as feedstock, avoids direct fossil-process emissions, and
diverts a substantial quantity of CO2 from the cement plant flue gas.

13



EURECHA Process Design Contest 2026 Bachelor category CO2-to-Methanol from Cement Flue Gas

Table 11: Environmental comparison: e-methanol from cement CO2 vs fossil methanol.

Metric This work Fossil MeOH

CO2 feedstock, t/t MeOH 1.49 (captured) 0
Direct CO2 emissions, t/t MeOH ∼0 0.5–0.7
Net CO2 balancea, t/t MeOH −1.47 +0.5–0.7
Electricity demand, kWh/t MeOH 10,480 ∼200
Annual CO2 captured, t/yr 343,000 0

a Negative = net removal from point source (assuming low-carbon electricity).

A screening cradle-to-gate life cycle assessment (LCA) was also carried out to evaluate the global warming potential
(GWP100) under different electricity sources, as shown in Figure 12. With dedicated offshore wind, the net GWP is
strongly carbon-negative because the CO2 capture credit outweighs the electricity-related emissions. Even under the
current UK grid intensity (150 g/kWh), the net GWP remains substantially below the fossil methanol benchmark. This
confirms that the environmental performance, like the economic performance, is highly sensitive to the electricity source
and is strongest when low-carbon power is available.
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Figure 12: Screening LCA results: (a) GWP waterfall for the offshore wind scenario, and (b) net GWP sensitivity to
electricity source. The fossil methanol benchmark (∼600 kg CO2-eq/t) is shown as a dashed line.

7.0.1 Biogenic CO2 Fraction

Not all captured CO2 is fossil in origin. Cement-kiln flue gas CO2 arises from calcination (∼62%, entirely mineral/fossil)
and fuel combustion (∼38%) [32]. Breedon Group has reached ∼50% thermal substitution at Hope using tyres, solid
recovered fuel (SRF), sewage sludge, and meat-and-bone meal/wood waste [33]. Applying WBCSD/CSI default biogenic
carbon fractions—27% for tyres, 50% for SRF and sewage sludge, 100% for MBM/wood [32, 34]—gives a weighted
biogenic fraction of ∼49% within alternative fuels. Since only the combustion share contains biogenic carbon, the
overall biogenic fraction is 0.38 × 0.50 × 0.494 ≈ 9.4%, or ∼32 000 t/yr of the 343 000 t/yr captured. Under the EU
RFNBO delegated regulation [35], this biogenic CO2 converted to methanol is carbon-neutral at combustion, and may
qualify for enhanced credits under RED III and FuelEU Maritime [13], strengthening the plant’s environmental case.

7.1 Safety Considerations
Key hazards are H2 leak/ignition (COMPH2, 70 bar; mitigated by gas detection and ATEX zoning [25]), reactor thermal
runaway (redundant T/P trips and emergency shutdown), methanol fire/toxicity (bunded storage, vapour recovery [26]),
MEA degradation (reclaimer, antifoam), and catalyst sulfur poisoning (ZnO guard bed <0.1 ppm).

8 Calcium Looping: Screening-Level Alternative Capture Case
The MEA-based capture section is the largest single source of external heating demand (50MW reboiler, £75/t MeOH
in LP steam). Calcium looping (CaL) is a promising alternative capture pathway that is especially attractive in a cement
context because the underlying chemistry—reversible carbonation of lime—is native to clinker production [6, 31]. A
simplified CaL screening case was therefore developed to assess the thermal and economic implications of replacing
MEA with CaL.

CaL operates between a carbonator (650 ◦C; CaO + CO2 → CaCO3, ∆H ≈ −178 kJ/mol) and a calciner (900 ◦C;
reverse decomposition, ∆H ≈ 178 kJ/mol). Spent sorbent serves as pre-calcined clinker precursor [31]. A simplified
open-loop Aspen case (RStoic blocks, 85% capture / 98% decomposition) gives: CO2 captured = 573 kmol/hr; CO2

product = 562 kmol/hr; CaO circulation = 1200 kmol/hr. Heat duties were calculated independently in Python.

Table 12 summarises the Python-derived screening results.
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Table 12: CaL screening-level thermal and utility assessment.

Parameter Value

Carbonation heat release (exothermic) 28.3MW
Calcination reaction heat (endothermic) 27.8MW
Sensible heating of solids (650→900◦C) 6.4MW
Total calciner-side heat duty 34.1MW
Recoverable carbonator heat (70%) 19.8MW
Estimated MP steam generation 32 t/hr

MEA stripper reboiler duty (eliminated) 50MW
MEA steam cost eliminated £75/t MeOH
CaL calciner fuel cost (NG at £30/MWh) £43/t MeOH
Net utility saving £32/t MeOH

The carbonator releases 28.3MW at 650 ◦C, from which
∼19.8MW could generate 32 t/hr MP steam. The cal-
ciner requires 34.1MW (NG at £30/MWh, 90% efficiency
→ £43/t), less than the £75/t eliminated by removing the
MEA stripper, yielding a net saving of £32/t. This would
reduce base-case LCOM from £884/t to ∼£852/t. CaL also
eliminates amine degradation concerns and offers synergis-
tic cement kiln integration (spent CaO as clinker precursor).

9 SOEC Electrolysis: Screening-Level Alternative
To assess the sensitivity of plant economics to electrolyser technology, a standalone Aspen Plus V14 screening simulation
of a solid oxide electrolysis cell (SOEC) hydrogen plant was developed. The flowsheet comprises a steam generator
(STEAMGEN), an RStoic block representing the SOEC stack at 800 ◦C and 1.05 bar with 100% water-splitting con-
version (H2O H2 + 0.5O2), a product cooler (B3), a phase separator, and a four-stage intercooled compressor
(MCompr, 1.05 to 70 bar). The PSRK property method was used throughout. Hydrogen production matches the base
case at 2704 kmol/hr (5.45 t/hr).

Converting the Aspen duties from cal/s to MW (1 cal/s = 4.184×10−6 MW): the SOEC electrical input is 205.0MW,
the steam generator requires 36.3MW of thermal duty, the B3 cooler releases 26.2MW of recoverable heat (800→40 ◦C),
and the H2 compressor shaft work is 12.65MW. The implied specific electricity consumption is 37.6 kWh/kg H2, a 24.8%
reduction compared with the PEM base case (50 kWh/kg). This advantage arises because high-temperature electrolysis
exploits thermal energy to reduce the electrical work of water splitting [30]. However, the low SOEC outlet pressure
(1.05 bar) increases downstream H2 compression from 2.39MW (PEM, 30→70 bar) to 12.65MW (SOEC, 1.05→70 bar),
a 10.3MW penalty.

The 36.3MW steam-generation duty need not be wholly supplied by electricity: the methanol reactor exotherm
(14.6MW) and cement kiln waste heat could together provide a substantial fraction, further improving the net energy
balance. The B3 cooler releases ∼26.2MW at high grade (800→40 ◦C), which is additional recoverable heat available
for reboiler duty or steam generation within the integrated plant.

Adopting an SOEC CAPEX of £2000/kW [16] and repeating the Table 8 framework at £40/MWh: the H2 electricity
cost falls from £410/t to £311/t, while the compression cost rises from £9/t to £25/t; all other OPEX components
remain unchanged. Total OPEX decreases from £648/t to £564/t. The SOEC electrolyser CAPEX is £410M (205 MW
× £2000/kW) versus £405M for PEM, giving a total plant CAPEX of £508M and an annualised CAPEX of £239/t
(versus £236/t for PEM). The resulting SOEC LCOM is £803/t, a net reduction of £81/t (9.1%) compared with
the PEM base case of £884/t. This screening estimate does not yet credit the thermal integration benefits of the
STEAMGEN and B3 duties, which could further reduce costs in a fully integrated flowsheet.

10 Conclusions
This work demonstrates the technical feasibility of converting cement plant CO2 emissions into green methanol using
renewable hydrogen. The key findings are:

1. A rigorous Aspen Plus simulation using Gibbs free energy minimisation achieves 62.9% per-pass and 99.7%
overall CO2 conversion, with a 2.76:1 recycle ratio and 0.50% purge fraction. A complementary Bussche &
Froment LHHW kinetic packed-bed model confirms that finite-rate single-pass conversion on a fresh-feed basis is
approximately 49%, consistent with the role of the recycle loop in achieving high overall conversion. The kinetic
model additionally provides a preliminary catalyst replacement estimate of approximately 234 days based on a
90% methanol-production threshold.

2. Both the MEA absorber (20 stages) and stripper (10 stages) are modelled as rigorous rate-based RadFrac columns
with Mellapak structured packing. The stripper reboiler duty of 50MW (4.56GJ/t CO2) is above the typical
3.5−−4.0GJ/t range, reflecting the high regeneration severity needed for 99.8% CO2 recovery. The absorber
achieves 88.7% CO2 capture efficiency.

3. Six process–process heat exchangers recover 66.5MW: the feed–effluent exchanger (EX1, 26.4MW), lean–rich
MEA exchanger (EX2, 16.9MW), cross-plant exchanger (EX3, 9.4MW), the CO2WET cooler (EX5, 13.1MW)
using reused cooling water, and the new CO2 reheat exchanger (EX6, 0.6MW) using distillation bottoms water.

4. Multi-objective ε-constraint optimisation reveals that LCOM and CO2 utilisation are positively correlated: the
cost-optimal design naturally achieves 99.5% utilisation at £941/t. Forcing utilisation down to 94.6% increases
LCOM by £67/t due to co-loss of hydrogen in the purge stream.

5. The LCOM ranges from £779/t to £1303/t depending on electricity price. Hydrogen electrolysis dominates OPEX
(64–78%), with LP steam for solvent regeneration the second-largest cost at £75/t. Break-even requires electricity
below £33/MWh; under realistic wind intermittency (45% CF), LCOM increases by £200–280/t.
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6. The plant captures 343 000 t/yr of CO2 from the flue gas (88.7% capture), of which 317 000 t/yr is converted to
methanol, equivalent to 5.2% of UK cement sector emissions.

7. Industrial symbiosis with the cement works—O2 export for oxygen-enriched combustion, reactor steam cascade,
bottoms water recovery, and cooling-water reuse via EX5—improves both economics and environmental perfor-
mance.

8. A screening-level calcium looping alternative (Section 8) shows that replacing MEA with CaL could save £32/t
MeOH in net utility costs by eliminating the 50MW stripper reboiler, while the carbonator exotherm (28.3MW
at 650 ◦C) could generate 32 t/hr of MP steam. CaL is especially attractive in the cement context because spent
CaO sorbent can be recycled as clinker precursor.

9. An SOEC electrolysis screening case (Section 9) reduces the specific electricity consumption from 50 to 37.6 kWh/kg
H2 by exploiting high-temperature thermal energy, lowering the LCOM by £81/t (9.1%) to £803/t at £40/MWh
despite higher compression costs. Full thermal integration with the reactor exotherm and cement kiln waste heat
could yield further savings.

10. Approximately 9.4% of the captured CO2 (32 000 t/yr) is biogenic, originating from alternative fuels (tyres, SRF,
biomass) co-fired in the kiln. Under RED III and FuelEU Maritime, methanol derived from this biogenic fraction
is carbon-neutral at combustion, qualifying for enhanced renewable-fuel credits—a differentiating feature that
strengthens the regulatory case for cement-integrated e-methanol relative to routes sourcing purely fossil CO2.

The plant is not economically viable under current UK grid electricity prices; positive NPV requires e-methanol
pricing above £1200/t at £40/MWh electricity. Combined with falling electrolyser costs and tightening maritime
decarbonisation policy [4, 13, 19], the design represents a technically feasible concept whose commercial relevance
depends on continued cost reduction and a regulatory premium for low-carbon fuels.

This report is made available under the CC-BY-NC-ND 4.0 license
(http://creativecommons.org/licenses/by-nc-nd/4.0/).
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Guillén-Gosálbez, G., Pérez-Ramı́rez, J., Plant-to-planet analysis
of CO2-based methanol processes, Energy & Environmental Science
12 (2019) 3425–3436.

[3] Bussche, K.M.V., Froment, G.F., A steady-state kinetic model for
methanol synthesis and the water gas shift reaction on a commer-
cial Cu/ZnO/Al2O3 catalyst, Journal of Catalysis 161 (1996) 1–10.

[4] International Maritime Organization, 2023 IMO Strategy on Reduc-
tion of GHG Emissions from Ships, MEPC 80, 2023.

[5] Li, N., Unluer, C., Towards a net zero built environment: decar-
bonisation of the UK cement industry, npj Materials Sustainability
3 (2025) 10.

[6] IEAGHG, CO2 Capture in the Cement Industry, Technical Report
2008-03, 2008.
https://ieaghg.org/publications/co2-capture-in-the-cement-industr
y/

[7] Mineral Products Association, UK concrete and cement industries
slash emissions but risk of offshoring is growing, warns MPA, 2025.
https://www.mineralproducts.org/News/2025/release29.aspx

[8] Breedon Group, Hope Cement Works records significant increase
in its local economic contribution, 2020.
https://www.breedongroup.com/media/news/2020/hope-cement-w
orks-records-significant-increase-in-its-local-econ

[9] Global Cement and Concrete Association, Post-combustion capture,
accessed 2026.
https://gccassociation.org/cement-and-concrete-innovation/carbon
-capture-and-utilisation/post-combustion-capture/

[10] Methanex Corporation, 2024 Industry Overview & Outlook / An-
nual Report, 2025.
https://www.sec.gov/Archives/edgar/data/0000886977/000162828
025011243/mda-2024annualreport.htm

[11] UNCTAD, Review of Maritime Transport 2024, 2024.
https://unctad.org/publication/review-maritime-transport-2024

[12] DNV, Methanol as marine fuel at high readiness level, but adop-
tion hurdles remain, 2025.
https://www.dnv.com/news/2025/dnv-report-methanol-as-marin
e-fuel-at-high-readiness-level-but-adoption-hurdles-remain/

[13] European Commission, Decarbonising maritime transport – FuelEU
Maritime, accessed 2026.
https://transport.ec.europa.eu/transport-modes/maritime/decarb
onising-maritime-transport-fueleu-maritime en

[14] European Commission, Changes to the existing ETS and MRV ap-
plying from 1 January 2024, 2024.
https://climate.ec.europa.eu/news-other-reads/news/changes-exist
ing-ets-and-mrv-applying-1-january-2024-2024-04-26 en

[15] Environment Agency, Hydrogen production by electrolysis of water:

emerging techniques, 2024.
https://www.gov.uk/guidance/hydrogen-production-by-electrolysi
s-of-water-emerging-techniques

[16] International Energy Agency, Electrolysers, 2024.
https://www.iea.org/energy-system/low-emission-fuels/electrolyse
rs

[17] IRENA, Electrolyser costs, accessed 2026.
https://www.irena.org/Energy-Transition/Technology/Hydrogen/
Electrolyser-costs

[18] Department for Energy Security and Net Zero, Contracts for Dif-
ference (CfD) Allocation Round 6: results, 2024.
https://www.gov.uk/government/publications/contracts-for-differe
nce-cfd-allocation-round-6-results

[19] UK ETS Authority, UK ETS scope expansion: domestic maritime
– main Authority response, 2025.
https://www.gov.uk/government/consultations/uk-ets-scope-expan
sion-maritime-sector/outcome/uk-ets-scope-expansion-domestic-m
aritime-main-authority-response-accessible-webpage

[20] Kim, I., Svendsen, H.F., Analysis of reboiler heat duty in MEA
process for CO2 capture using equilibrium-staged model, Separa-
tion and Purification Technology 94 (2012) 97–103.

[21] Moser, P., Cormos, A.M., Jordal, K., et al., Pilot-scale CO2 capture
in a cement plant with CESAR1, Chemical Engineering Journal
(2025) 169153.

[22] Environment Agency, Derbyshire Derwent abstraction licensing
strategy, updated 2020.
https://www.gov.uk/government/publications/cams-derbyshire-der
went-abstraction-licensing-strategy

[23] Ma, X., Zhang, Y., Li, Z., et al., Numerical investigation of combus-
tion characteristics under oxygen-enriched combustion combined
with flue gas recirculation in a cement rotary kiln, Applied Ther-
mal Engineering 2023, 121106.
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