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ABSTRACT

The Dividing Wall Column (DWC) offers significant potential in saving both energy- and capital
cost compared to conventional distillation sequences. However, there are some issues regarding
flexibility and control that require attention in reducing the risks or uncertainties in achieving the
potential benefits in practical operation. This calls for control and optimization methods that rely
on the available measurement data and less on simulation models. The “Perturb and Observe”
method is a simple algorithm that seems suitable for this on-line optimisation task. A series of
experiments have been carried out at the Kaibel-column pilot at NTNU and some key results are
presented. The method is combined with a conventional control structure at the regulatory layer.
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INTRODUCTION

The Dividing Wall Column (DWC) is an attractive
multicomponent distillation technology that enables en-
ergy savings in the ballpark of 20-30% and even similar
numbers for capital cost due to more compact size and
construction [1, 2]. Still, robust practical control is often
listed as a challenge in practical operation. It is therefore
needed to show how industrial DWCs can be controlled
in realistic environments.

The plant manager needs to be assured that the op-
eration and control can be realized within the organiza-
tion without extraordinary effort such that not only the
plant owner, but also operating personnel such as pro-
cess engineers and operators can benefit from this kind
of energy-saving technology. The operating condition
that enables high purity recovery of all products and at
the same time minimizes the overall energy consumption
is well described theoretically, but in practice it is not so
easy. This is because the inevitable real-world’s uncer-
tainties make it difficult to infer the actual operating con-
dition and bring the operation back to and maintain the
optimal energy-saving track with high purity products. In
a lab-pilot, as well as in industry, there are significant un-
certainties in separation performance, heat loss, internal

https://doi.org/10.69997/sct.160685

Syst Control Trans 5:2433-2440 (2026)

hydraulics and mixing, and in the accuracy of setting the
manipulative variables and in the measurements. This im-
plies that it is impossible in practice to pre-calculate the
settings that provide the desired operating condition.
Some kind of feedback control strategy is required for
both the basic control levels and the optimising control
levels.

This uncertainty and variation in conditions calls for
control and optimization methods that rely on the availa-
ble measurement data and less on simulation models.
The “Perturb and Observe” method is an available algo-
rithm which is simple to realise on-line, and seems suita-
ble for this on-line optimisation task [3]. During a previ-
ous simulation study [4], the reboiler vapor rate, that is
closely related to column energy consumption, was used
as the objective function to be minimized, while simple
control loops maintained compositions. In industrial set-
tings, the boilup rate is usually set constant at the capac-
ity limit in the column and a different approach for defin-
ing the cost function is needed. In this paper, we will pre-
sent how the on-line perturb and observe method can be
combined with a basic control structure that handles the
typical industrial operation condition, and we will show
some samples from pilot-column experiments.
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DWC OPERATION CHARACTERISTICS

Consider a typical ternary DWC as illustrated in Fig-
ure 1. The feed (F) enters the prefractionator sections (1,
2) and is described by its molar fractions (z) of pure com-
ponents (A, B, C) and its liquid fraction (q). There are
three product specifications, given by the main compo-
nent purities in each product stream (D, S, B). There are
five manipulated variables (MVs): 1) boilup vapor rate (V),
2) reflux rate (L), 3) side product draw rate (S), 4) the
liquid split ratio (R) above the wall and 5) the vapor split
ratio (Rv) below the dividing wall. The prefractionator
shall separate the light key (A) from the heavy key (C)
while the intermediate key (B) is distributed to both ends
of the “dividing” wall. This leaves separation of A from B
in the upper part of the main column (sections 3, 4) and
B from C in lower part (sections 5, 6).
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Figure 1. Ternay Dividing Wall Column (DWC)

This sounds straightforward, but to obtain the po-
tential minimum vapor operation in practice, it is vital that
the prefractionator is operated precisely within its “opti-
mality region”. The optimal operating characteristics are
described in previous publications [5-7]. Here, just a
summary is given as preparation for the optimising con-
trol experiments. The Vmin-diagram in Figure 2 is based
on the feed properties only and shows how the feed
components are distributed to the product ends in an in-
finite stage binary column as a function of the operational
degrees of freedom, selected as vapor rate (V/F) and net
top product (D/V=(V-L)/F). For a ternary feed, the left
peak represents minimum vapor for a sharp A/BC split,
and the right correspond to the AB/C split. In the “valley”
between these peaks, we fine the so-called “Preferred
split” which is minimum vapor for a sharp A/C split while
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B is distributed to both ends. The solid lines represent
distribution boundaries, that is when a component is
about to appear or disappear in one column end as V
and/or D is changed such that the operating point
crosses the actual line as illustrated with the small col-
umns in Figure 2.
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Figure 2. Vmin diagram for a ternary feed ABC [6]

Infeasible region I-q

With the assumption of ideal mixtures, the infor-
mation in this diagram can be calculated analytically by
the Underwood equations. It is important to recognise
that these distribution boundaries are also there for real
zeotropic mixtures, which requires some more care when
doing the calculations, and which does not have these
nice and linear boundaries. Thus, the concept of the dis-
tribution regions will still be valid. This holds also when
assuming finite number of stages.

Minimum vapor rate in a DWC

In a DWC, the minimum overhead vapor rate is given
by the highest of these two peaks. However, there is a
very important requirement to the prefractionator opera-
tion: it must be operated in the vicinity of the preferred
split when we apply the Vmin-diagram for the prefrac-
tionator itself. This is what we denote as the “optimality
region”. If this requirement is not fulfilled, it will not be
feasible to produce all three products at specified puri-
ties with the given minimum vapor rate, despite other-
wise perfect column sizing for the given feed conditions.

In the previous P&O study [4], the boilup itself has
been used as the cost function value to be minimised in
search for the optimality region. Minimum boilup is still
very important in design calculations, because this is
what gives the operating conditions that are the basis for
column design. It is also straightforward in simulations
without any limits on the available internal vapor and lig-
uid rates, since sub-optimal settings of the split rates will
force increased overall reboiler vapor rate to enable pure
products.
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In [4], the control structure applied the reflux (L),
side-draw (S) and boilup (Vb) for product purity control,
leaving the liquid and vapor split for optimisation. Since
most industrial columns are operated with constant vapor
split, this was also applied such that we only consider the
one-dimensional search for the minimum cost (Vu) by
perturbing the liquid split (R)). Feed rate and conditions
were regarded as disturbances.

Proposed control structure for the lab column

In practical operation, the vapor capacity (Vp)will be
limited, and to ensure as high throughput of feed rate as
possible, the reboiler duty is usually set close to maxi-
mum capacity. Then, the consequence of sub-optimal
splits will not be increased vapor rates, but instead it will
become infeasible to produce pure products. Thus, the
degree of sub-optimality should be measured by the ac-
tual product impurities. This could also be “converted” to
energy or vapor rate by calculating the amount of extra
vapor rate needed to take the actual impure products and
purify these in a theoretical DWC distillation column. But
minimising directly on the impurity will give the same re-
sult.

A basic control loop that uses the top reflux as MV
for maintaining a certain temperature location in the top
section (3) ensures that the top product becomes rea-
sonably pure even for sub-optimal prefractionator oper-
ation. This is equivalent to typical top product purity con-
trol in conventional columns. In the bottom, however, the
boilup rate is not an available MV, so we may choose to
use the side draw rate (S) instead to affect the bottom
product purity via the liquid rate towards the bottom.
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Vapor split | R, Vapor split R,

Vy Vo
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Figure 3. a) Basic control structure ensures pure D&B,
while side product (S) depends on prefractionator oper-
ation. b) Added stabilising feedback for prefractionator
by a combination for temperatures (DTS).

This control structure has been analysed by Qian et. al.
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[8] and show satisfying dynamic performance. The two
control loops in the top and bottom are illustrated in
Figure 3a. The side impurity is not handled by this basic
structure at all. Luckily, this will be taken care of in the
prefractionator control since, when it reaches its
optimality region such that it performs the desired AB/BC
split (no heavy C above the wall and no light A below the
wall), the basic 2-loop structure in Figure 3a) will
automatically recover all the light (A) in the top product,
and all the heavy (C) in the bottom product, and the
intermediate (B) has no other exit than through the side
stream (S).

The resulting optimisation task becomes slightly dif-
ferent form the previous study [4] when the boilup is
fixed. The cost function may be the side-product impurity
or some other measure that is closely related to this.

Since we fix the boilup (V) it is important to set a
realistic feed. The minimum vapor to feed ratio is related
to the highest peak in the Vmin-diagram, here denoted
(V/F)min. The real ratio is denoted by just (V/F). This gives
the following simple relation for the maximum feed ca-
pacity that still enables three pure products:

Fo =2 A - Vh%%v)mm

This might look obvious, but itis very practical. If the
feed is too high, the side stream cannot become pure
since the (V/F) in the Vmin-diagram will be below the
highest peak and full recovery of all products becomes
infeasible. If the feed is lower, this implies that the real

(%)>(%)m and we have more reboiler duty than re-

quired for pure products (assuming that optimal prefrac-
tionator operation is reached). Thus, it is an option to ei-
ther increase the feed, or in fact reduce the reboiler duty.
If not, some of the potential savings are not realised. But
there is also some trade-off by running with somewhat
higher V/F ratio than required since the optimality region
is also widened to a certain extent, allowing for simpler
operation at the cost of abandoning some of the potential
savings [9].

We should also consider how the real vapor split is
set according to the requirement given from the Vmin-
diagram. If too low, it can be partly compensated for by
reducing the feed (implicitly increasing (V/F))

About cost function selection

It has been shown that an alternative cost function
that characterises close to optimal operation is the tem-
perature difference between the lower and upper end of
the dividing wall [5], where a maximal difference corre-
sponds to optimal operation. This cost function is usually
easily available in practice and is also an intensive meas-
urement.
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Stabilising control of the prefractionator

It is possible to use the liquid split (R)) directly as the
MV for optimisation. However, the dynamic response on
direct manipulation of internal flow rates in distillation is
known to be slow. Then, a better alternative is to use a
feedback controller to stabilise the profile and use the
setpoint of this controller as the optimiser MV. This is il-
lustrated in Figure 3b). The feedback may be a single
point on the prefractionator temperature profile or, as in
Figure 3b), the “Difference Temperature Symmetry”
measure (DTS) [4, 5], which is a measure of the temper-
ature differences on both side of the wall. This measure-
ment also has so-called “self-optimising” properties,
since keeping this value constant maintains operation
close to an optimum just by feedback control. The set-
point may need some adjustments from the optimising
level since the optimal value depends on the feed prop-
erties.

PERTURB AND OBSERVE (P&O)

The model-free Perturb and Observe (P&O) optimis-
ing search method is described in more detail in the pre-
vious work [4] and in the three student internship reports
[10-12] for the methods used in the lab. The simplest ex-
planation is that P&O perturbs the MV (u) and then
measures the change in the measured cost function
y=f(u) and from that does a directed search towards a
local minimum while obtaining additional information for
each step. The method can be refined in how uncertainty
can be modelled [13]. Use of model information for feed-
forward actions is also an option. P&O can also be multi-
dimensional, but only a single dimension is tried out in the
lab experiments. In the presented DWC experiments, the
perturbing MV (u) is either the manual set value for the
liquid split, or when the stabilising DTS controller is used,
the P&O-MYV is the setpoint to this controller, that uses
the liquid split as the controller MV. (See Figure 3)

< R
Perturb &
observe
N J
a R
u y
f(u)
\_ J

Figure 4. Conceptual P&O loop

LAB COLUMN PILOT

The lab pilot at NTNU (see Figure 5) was first built in
2005 by Strandberg. It has been used for various
Halvorsen et al. / LAPSE:2026.0507
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experimental studies by several PhD and master's stu-
dents. It has the structure of a 4-product Kaibel-column.
In this project, it is used as a ternary DWC by simply clos-
ing one side-stream outlet (S2). The feed is Ethanol, 1-
propanol and 1-Butanol with boiling points at 78 °C, 100
°C and 117 °C, respectively. The feed can be preheated
to a controlled temperature. Changes in feed rate, com-
position and temperature can be regarded as disturb-
ances.
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Top: 5cm
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sure at condenser
-Vacuum insulated

: : glass sections pro-
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Figure 5. The Kaibel column Pilot at NTNU. The left
branch is the prefractionator, and the rest makes up the
main column. Only one side-draw is used for ternary feed.

A theoretical Vmin diagram is shown in Figure 6. This
is just indicative as it will become distorted with real (very
few) stages and uncertain packing performances with
varying rates. The figure illustrates three possible opera-
tional paths (dashed) for three different vapor split val-
ues.

However, there is still a minimum side-stream im-
purity, even for sub-optimal settings for vapor split val-
ues so the one-dimensional algorithm will find a local op-
timum. For a compete DWC optimisation both vapor-split
and boilup-to-feed ratio (V/F) need to be used as MVs in
addition to the liquid split. This is not considered herein.
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(dashed blue lines). We do not really now the position of
this line in practice, and we do not know the real diagram.
Consider the real diagram is hidden in “fog”.

EXPERIMENTAL RESULTS

The experiments are described in more detail in the
internship reports by Kooy, Bergers and Merlo [10-12].
These reports are available on request. Just a few sam-
ples are included here.

The first example from Kooy [10] is an experiment
based on the structure in Figure 3a) by using liquid split
as MV (u in Figure 4) and an approximated temperature
difference over the “wall” (or branches on the wall) as a
cost function. See Figure 7, where the cost is given by
Cost=(TP1+T4)/2-T17. (The desired cost is temperature

difference between liquid split and vapor split locations.
Unfortunately, there is no sensor at the liquid split loca-
tion so the average (TP1+T4)/2 is used instead.) Note
that the column settling time will be quite slow when ma-
nipulating directly on the liquid split. This gives a rather
slow underlying mode during the experiment, resulting in
a slow-moving cost function optimum value. Even then
the P&O algorithm manage to track the optimum as
shown in the sequence in Figure 7.

The second experiment, see Figure 8, is with the
stabilising DTS loop as in Figure 3b). The DTS-loop re-
sults in a considerably faster settling time for each per-
turbation of the DTS controller setpoint value.

Bergers and Merlo worked together at several ex-
periments in the autumn of 2025. Figure 9 shows an ex-
ample of cost function repeatability experiment for the
case when DTS control is applied. The setpoint is
changed upwards and downwards to explore the cost
function and confirm that the function has a minimum.
The match is acceptable. However, when running a se-
quence of experiments where the products are recircu-
lated to the feed there may be some variations in feed
properties e.g. due to some material losses (leakages)
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etc. Thus, it is not so straightforward to ensure the same
starting / operating conditions each time.

Bergers also looked into uncertainty based “uP&0O”
[13]. He proved that the perturb and observe with a
closed loop manipulation of R, tracks the optimum of the
same Cost=(TP1+T4)/2-T17.

It is quite important that the underlying regulatory
control loops for top and bottom products purity control
is properly tuned. An experiment illustrating improved re-
sponse after tuning is given in Figure 10.

They also performed some basic characterisations
for model fitting and measurement calibration and Merlo
also worked on fitting an Aspen Plus model in a rather
detailed manner.

Merlo verified through Gas Chromatography a mis-
match between side stream purity and the optimum of
the cost and verified this mismatch via the Aspen Plus
model.

The desired cost function, being the side impurity,
could not be measured on-line. In some experiments an
off-line Gas Chromatography analysis could be per-
formed.

Evolution of Rl and cost during experiment 1
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Figure 7. P&O experiment by manipulating liquid split (RI)
(10]
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Evolution of DTS, RI, and cost during experiment 2
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Figure 8. P&O experiments with simple P&O with DTS [10]

The cost as a function of the liquid split
Cost = (TP1 + T4)/2 - T17
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Figure 9. Experiments showing cost function vs DTS [11].
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Figure 10. Improving basic regulatory Pl-tuning [11]

The gas chromatography measurements provided a
reference to evaluate the behaviour of the cost function
compared to the real objective, as shown in Figure 11.

The minimum of the cost indicator is shifted to
higher Ri values compared to the minimum of the impu-
rity. The same phenomenon could be verified in the fitted
Aspen Plus model. Figure 12 shows the result of simula-
tions of the fitted model: for analogous operating condi-
tions to those implemented experimentally, taking the av-
erage of the stage temperatures around the wall to ap-
proximate the measurement at the upper junction along
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the wall yields a slightly different optimal liquid split than
the desired one.

As the available temperature inferential did not per-
fectly match the side impurity’s optimality and online con-
centration measurements are not available, Merlo sug-
gested to use the total side draw flow rate as a cost func-
tion. Since the top and bottom purities are regulated via
temperature control, suboptimal steady-state operation
will necessarily result in part of the top component A and
the bottom component C being recovered together with
the middle distillate B in the side stream. Optimal opera-
tion, on the other hand, signifies that only B is recovered
via the side stream, thus making the side stream flow rate
minimal. This is easier to measure than the composition.
It is also possible to infer this amount directly from the S-
controller outputs and the liquid split.

Sidestream impurity compared to Cost indicator

0.24
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-17.4

-17.6 —

Cost

i~
Side impurity

0.08

-18.2 — \{0.06

028 028 0.3 032 034 036 oasu'ury

RL
Figure 11. Side-stream impurity compared to Cost indica-
tor [12]. Off-line analysis
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Figure 12. Comparing cost function alternatives by
simulations with the fitted Aspen Plus model. [12]

DISCUSSION

The task of searching for the optimal operating con-
dition for a DWC can be compared to navigating in moun-
tain terrain in dense fog. We know that the mountains
(Vmin-diagram) are there, but we do not know exactly
how they look like (due to model uncertainty) and where
our current position is just now (which prefractionator
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operating point). However, we have some communica-
tion to the outside that can tell the impact of moving our
position (the cost function measurement and other exter-
nal measurements).

If we have an accurate GPS and map, we could eas-
ily move to the desired position. This could be for exam-
ple equivalent of measuring the light and heavy impurities
in the bottom and top of the prefractionator. This can be
used tell how far the operating point is from the optimality
region at the Vmin-diagram boundary line.

The experience from the lab indicates that it is diffi-
cult to develop a precise model and even a constant
model due to significant uncertainties. First there are
some heat losses, partly due to that some section may
have lost the vacuum. This has been indicated by IR ther-
mography. There may also be rate dependent variations
in HETP and variations due to hydraulics maldistributions.
All these uncertainties are likely to be more dominating
on this pilot, than in an industrial setting.

The simplest P&O method is able to track the de-
fined cost function despite quite uncertain and non-
steady process conditions. The step size and the period
between each perturbation step are parameters that
need to be tuned.

Experiments were also conducted to investigate
possible feed-forward actions. In the simplest form, e.g.
if the feed temperature is changed, we might know from
the model how the optimum is expected to change. Then,
this information about an optimality-change direction can
be helpful to move faster to the new optimum. More de-
tailed model knowledge may allow also the expected
magnitude of change of the optimisation MV.

In the presented experiments we have used a single
perturbation variable, and thereby only considered one-
dimensional optimisation search. In further work it is of
interest to include impact from the vapor split and to
maximise the feed throughput.

CONCLUSION

A series of experiments have been carried out on
the NTNU Kaibel-column pilot during 2025. The goal was
to try out the on-line model-free “Perturb and Observe”
algorithm in an environment that is similar to an industrial
plant. Unlike in simulations where we have quite good
control of the external “upsets” when we study the algo-
rithm performance, the lab also includes some of the real-
world uncertainties, and sometimes unforeseen and un-
modeled behaviour. Despite this, the results are promis-
ing.

In addition to collect experiences on how to improve
the optimisation algorithms, the results also have re-
sulted in new knowledge on DWC control structure and
performance.

The use of P&O is a low-hanging fruit that provides
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a systematic optimum tracking 24/7 compared to if oper-
ators should follow up this manually, enabling realising
the benefits of optimisation not only for design but in
practical plant operation. It is easily combined with con-
ventional basic control.

At the basic level, some attention should be given to
obtaining reasonably fast settling time upon disturb-
ances. This enables faster optimisation too.

And lastly, since the optimisation algorithm requires
a measurable cost function, it is required to ensure that
the available measured properties used for this function
are well representative for the actual process operating
cost that we really want to minimise.

Compared to full model-based real time optimisa-
tion (RTO), the P&O does not require any on-line model,
and functionality for model updating from measurements.
Thus, P&O and should thereby be much simpler to imple-
ment on an industrial plant. Some risk assessment on the
impact of applying expected perturbations must of
course be included as for all control upgrade projects.

DWC columns are built to save energy and using on-
line optimisation methods like Perturb and Observe give
the managers and operators better tools to realise the
potential savings in practice.
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