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ABSTRACT 
Decarbonizing ammonia by replacing grey with green hydrogen directly affects the operation of 
the Haber-Bosch (HB) process. When directly coupled to green hydrogen production from renew-
able energy, the HB process should be able operate flexibly to match variable hydrogen supply. 
This study presents a structured approach for designing a load-flexible HB plant, supported by a 
rigorous process model. First, we screen 2, 000 designs at high (100%) and low (10%) hydrogen 
loads to assess operability. Only 1, 100 designs are feasible for both loads, underscoring the need 
to account for multivariable interactions during design. Next, we assess the economic feasibility 
of a base design, comparing HB operation under constant and flexible loads. Flexible operation 
reduces the levelized cost of ammonia (LCOA) by about 5.8%, primarily by lowering green hydro-
gen production costs. This cost reduction results from downregulating hydrogen production dur-
ing periods of high electricity prices. By contrast, HB design improvements yield only small LCOA 
reductions (about 0.4%), though lower reactor pressure and a larger reactor volume remain the 
best HB design options to further reduce renewable ammonia costs. 
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INTRODUCTION 
Ammonia is one of the most-produced chemicals 

worldwide. It is primarily used as a fertilizer, but could 
also serve as an energy carrier or fuel in the future [1, 2]. 
Most ammonia is produced from hydrogen via steam me-
thane reforming, also called grey hydrogen. Since grey 
hydrogen is produced from natural gas, ammonia pro-
duction inherently accounts for approximately 2% of 
global greenhouse gas emissions [2]. To reduce the en-
vironmental impact of ammonia production, studies sug-
gest replacing grey hydrogen with green hydrogen as the 
primary feedstock [1, 2]. Pure grey and green hydrogen 
are chemically identical; however, their production be-
havior can significantly affect ammonia plant operations. 
Today's commercial ammonia plants all rely on the Ha-
ber-Bosch (HB) process, in which hydrogen and nitrogen 
are converted to ammonia over a metal catalyst at high 
pressure and temperature. The HB process is expected 
to remain the preferred option, at least in the mid-term, 
even when coupled to a green hydrogen supply. 

The main difference between producing ammonia 

from green or grey hydrogen lies in the availability and 
flexibility of hydrogen supply. Typically, ammonia pro-
duction is coupled directly with a hydrogen production 
process to minimize the cost of hydrogen storage and 
transport [3, 4]. Grey hydrogen, produced continuously 
from methane, enables the HB process to operate con-
tinuously at a constant hydrogen load. In contrast, green 
hydrogen production via electrolysis powered by renew-
able energy can exhibit significant load variations, mainly 
due to the intermittent nature of renewable electricity 
supply. Although modern electrolyzers can rapidly adapt 
to changing conditions [5], incorporating this flexibility 
into load-flexible HB plant design and operation remains 
an open challenge, increasing the design complexity. 

Many previous studies have focused on the core of 
the HB process, the reactor system [6]. The reactor sys-
tem usually consists of a combination of adiabatic beds 
and cooling systems to drive the strongly exothermic re-
action 3 H2 + N2 → 2 NH3. Most conventional HB plants 
today still rely on the reactor system, which couples mul-
tiple adiabatic reactor beds with quench cooling (AQCR). 
However, Morud and Skogestad first noted that this 
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AQCR system could experience stability issues during 
load changes [7]. In contrast, Rosbo et al. found that ad-
iabatic indirect-cooled reactor (AICR) systems can han-
dle load changes well and achieve higher conversion 
rates than AQCR systems [6]. Since then, several studies 
have focused on operating HB plants for green ammonia 
production using AICR systems, assuming variable hy-
drogen supply rates ranging from 100% to 10% of the 
nominal capacity [4, 8]. Furthermore, given the described 
advantages, ammonia plant licensors are increasingly fo-
cusing on AICR systems rather than AQCR systems, par-
ticularly for green hydrogen applications [8, 9]. Recently, 
the world's first large-scale demonstration plant for dy-
namic ammonia production opened in Denmark, operat-
ing solely on renewable energy and using an AICR system 
[9]. AICR systems use three reactor beds with interbed 
cooling in series. The coolers are usually heat-integrated, 
resulting in a complex HB design. Key design choices in-
clude compressor dimensions, reactor bed volumes, and 
heat exchanger sizes. However, dimensions are rarely 
publicly available.  

Given the degrees of freedom, traditional process 
design focuses on a single steady-state operating point. 
In the HB process, this point corresponds to a nominal 
hydrogen supply rate. But, coupling the HB process to a 
green hydrogen source often results in a variable feed 
supply, making single-point designs potentially infeasible 
or uneconomical. Studies show that certain HB process 
designs can operate at reduced hydrogen feed rates 
through various low-load operating procedures [4, 10]. 
Opinions diverge on whether the reactor pressure should 
be reduced from the nominal setpoint during low-load 
operation [4] or remain constant [10]. While some studies 

showed better performance under varying pressure [4], 
we believe that, given concerns about mechanical stress 
from frequent pressure changes, operating at constant 
reactor conditions is preferable. 

In this study, we provide guidance for designing a 
flexible HB plant to produce green ammonia using green 
hydrogen. We explore the range of feasible AICR system 
designs using a detailed, rigorous simulation model and 
demonstrate the potential economic advantages of flex-
ible operation. We also examine how HB process design 
can be adapted and improved to further reduce costs 
when coupled to a green hydrogen supply.  

METHODOLOGY 
In this chapter, we first detail the HB process model 

and its key design variables, including reactor pressure, 
bed inlet temperatures, and reactor bed volumes. We 
then introduce a sampling algorithm to efficiently explore 
the feasible design space defined by these variables. 
Further, we present how to calculate and quantify the 
costs of green ammonia production. Finally, we explain 
how dynamic electricity prices can serve as decision var-
iables for operating the green hydrogen production and 
HB plant at variable loads. 

Green Ammonia Process Design 
The green ammonia process design follows the 

same basic flowsheet as the well-known HB process, de-
veloped by Fritz Haber and Carl Bosch in the early 20th 
century, and largely unchanged since then. Our model, 
shown in Figure 1, comprises three main parts: (i) the feed 
compression of reactants (hydrogen and nitrogen), (ii) 

 
Figure 1: Haber-Bosch process flowsheet with indication of the seven key design variables. 
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the reactor system for converting the reactants to am-
monia, and (iii) the separation system for recovering un-
reacted gases and product purification. The plant is de-
signed to produce 500, 000 tonnes of ammonia per year 
using the commercial AVEVA Process Simulation (APS) 
software. For modelling details, we refer to our previous 
work [11], as the process design here investigated fol-
lows a very similar setup with similar assumptions. 

In the process, three compressors with intermediate 
cooling in series compress the reactant gas from 10 bar 
to the specified reactor pressure. Each compressor is 
equipped with an anti-surge recycle that opens at feed 
flow rates below 60% of the nominal load to prevent surg-
ing. The reactor system is based on an AICR design with 
three adiabatic fixed beds and interbed cooling. Due to 
the exothermic reaction, the effluent from each reactor 
bed is hot and therefore cooled by the cold reactor feed 
stream. The remaining heat from the last bed is inte-
grated to heat the reactor feed stream via the feed-efflu-
ent heat exchanger. Since single-pass conversion in the 
AICR system is limited by chemical equilibrium to about 
30% (depending on operating conditions) [6], the reactor 
effluent still contains high concentrations of nitrogen and 
hydrogen. These gases must be recovered and recycled 
for efficient operation. To maximize recovery, the reactor 
effluent stream is further cooled and separated into two 
phases in a flash drum. The reactant gases in the distil-
late stream are recompressed to reactor pressure and re-
cycled, while the ammonia-rich bottom stream is further 
purified. A second flash at lower pressure vaporizes the 
remaining impurities from the product, achieving 99.8 
mol-% ammonia purity. 

The most impactful and complex design decisions 
concern the selection of the AICR system's size and op-
erating conditions. Key variables include reactor pres-
sure, individual reactor beds’ inlet temperatures, and the 
individual volumes of the three reactor beds. These key 
variables not only affect reactor conversion but also in-
fluence equipment specifications, such as compressor 
dimensions, reactor bed volumes, heat exchanger sizes, 
and, consequently, equipment costs and the required 
amount of utilities.  

Sampling of Design Alternatives 
The values of the seven previously defined key de-

sign variables must be carefully selected by the respon-
sible design engineer, as not all possible combinations of 
design variable values yield feasible design solutions; 
certain regions of the design space may be inherently in-
feasible due to process constraints. This problem be-
comes even more complex if the design must be operable 
over a broad range, rather than at a single operating 
point, as required for green ammonia production. 

To efficiently explore the design space, we define 
broad bounds for all key design variables (see Table 1). 

We assume uniform distributions within these bounds 
and use Latin Hypercube Sampling (LHS), a quasi-ran-
dom, space-filling technique, to generate numerous de-
sign alternatives. Each alternative is a unique combina-
tion of the key design variables and is evaluated using 
the rigorous process model in APS. We classify the re-
sults as feasible or infeasible based on process system 
constraints. To account for different operating loads, we 
test the feasibility at both the high hydrogen load (same 
as nominal) and the low hydrogen load (10% of nominal). 

Table 1: Base design and bounds for the HB process key 
design variables. 

Design Variable  Base Bounds 
Reactor Pressure (𝑝𝑝R) in bar  [ ] 
Total Reactor Vol (𝑉𝑉 total) in m  [ ]  
Ratio Volume Bed  (𝑉𝑉R1/𝑉𝑉 total)  [ ] 
Ratio Volume Bed  (𝑉𝑉R2/𝑉𝑉 total)  [ ] 
Inlet Temp Bed  (𝑇𝑇R1) in K  [ ] 
Inlet Temp Bed  (𝑇𝑇R2) in K  [ ] 
Inlet Temp Bed  (𝑇𝑇R2) in K  [ ] 

Economic Evaluation 
Several economic metrics can evaluate green am-

monia production, such as net present value (NPV), pay-
back time (PBT), minimum selling price (MSP), and lev-
elized cost of ammonia (LCOA). NPV and PBT depend on 
financing, discount rate, and market prices, making them 
suitable for evaluating individual investments. In contrast, 
MSP and LCOA measure economic performance per unit, 
allowing comparison across projects. We use LCOA as 
our primary metric because it provides the average cost 
of ammonia production over the plant’s lifetime, inde-
pendent of market prices. Table 2 summarizes all prices 
and economic parameters used. 

The LCOA is calculated using Equation 1: The annu-
alized total capital investment (TCI) is split over the 
plant’s lifetime using the capital recovery factor (CRF) 
(see Equation 2), then operational expenditures (OPEX) 
are added, and the result is divided by the annual ammo-
nia production size. 

𝐿𝐿𝐿𝐿𝐿𝐿𝐿𝐿 =  ���∗���+����
�NH3,annual

   

       (1) 

𝐶𝐶𝐶𝐶𝐶𝐶 = r(1+r)n

(1+r)n−1
    (2) 

The TCI is calculated by summing the fixed capital 
investment (FCI) and additional working capital (WC) 
costs (see Equation 3). For the FCI calculation, the costs 
for all process equipments are summed up and scaled by 
the respective 2024 Chemical Engineering Plant Cost In-
dex (CEPCI) [12]. In the final step, we multiply this sum by 
the Lang factor for fluid-processing plants (see Table 2) 
to estimate total installation costs [13]. 
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𝑇𝑇𝑇𝑇𝑇𝑇 = ∑(𝐶𝐶equip ∗
CEPCI2024

567
) ∗ fl ∗ (1 + fWC) (3) 

We calculate the cost for each piece of equipment 
using the equations and assumptions implemented in 
APS. Due to the harsh conditions (high pressure and tem-
perature) in the HB plant, we assume stainless steel as 
the construction material for all equipment. The compres-
sors are modeled as centrifugal units driven by an electric 
motor, with an overall compression efficiency of 95%. For 
the heat exchangers, we assume a counter-current de-
sign and, if necessary, cooling with cooling water. To cal-
culate the heat exchanger area, we use an overall heat 
transfer coefficient (value depends on the fluids, see Ta-
ble 2), along with the logarithmic mean temperature dif-
ference between the tube and shell sides, and assume a 
minimum temperature difference of 10 K. The flash units 
are assumed to be vertical drums with hemispherical 
heads, each with a residence time of 50 min and a length-
to-diameter ratio of three. The AICR system is assumed 
to be placed in a vertical shell with inner and outer bed 
diameters of 2 and 3.5 m, and a total length determined 
by the selected reactor bed volumes. The required thick-
nesses of the hemispherical heads of the AICR and flash 
vessels are determined in accordance with the ASME 
Boiler and Pressure Vessel Code, Section VIII, Division 1, 
UG-32(f) [14]. 

Table 2: Parameters for the techno-economic assess-
ment. 

Parameter Value 
CEPCI  (CEPCI2024)  [] 
Lang factor (fl)  [] 
Working capital factor (fWC) % [] 
Plant lifetime (n)  yr 
Discount rate (r) % 
Overall heat transfer coefficient 
pressured gas – pressured gas 

 kW/m/K 

Overall heat transfer coefficient 
pressured gas – liquid 

 kW/m/K 

Price cooling water  €/GJ [] 
Price catalyst  €/kg [] 
Energy demand nitrogen  kWh/kg [] 
Catalyst lifetime  yr 
Electricity fees and taxes  €/MWh [] 

 
We calculate OPEX (Equation 4) from reactants 

costs (hydrogen and nitrogen) and utilities (compression 
energy, cooling water, and catalyst replacement as a 
continuous cost). We use fixed prices for cooling water 
and catalyst per unit, and variable electricity prices to 
calculate hydrogen, nitrogen, and compression costs. 
The levelized cost of operation of hydrogen (LCOH) are 
calculated using the European Hydrogen Observatory 
calculator with default values for a PEM electrolyzer [19], 

splitting the cost into CAPEX, electricity, and OPEX (see 
Equation 5). We source electricity prices from Danish da-
tabases [20] and adjust operating times to match the 
plant operation as described in the next subsection. 

𝑂𝑂𝑂𝑂𝑂𝑂𝑂𝑂 = �𝐶𝐶H2
+ 𝐶𝐶N2� + (𝐶𝐶comp + 𝐶𝐶cw + 𝐶𝐶cat) (4) 

𝐶𝐶H2
= 𝑚̇𝑚H2

∗ �𝑐𝑐H2,CAPEX + 𝑐𝑐H2,Elec + 𝑐𝑐H2,OtherOPEX� (5) 

For load-flexible operation, we average OPEX 
across the two main operating points (high and low load), 
assuming instantaneous changes between. In reality, the 
HB plant, compared to the PEM system, is the limiting 
factor for transition time between operating points, and 
transitions are not rapid [4–6]. However, recent studies 
show that fast transitions of 3% load change per minute 
are possible [4, 8]. Further, we use representative elec-
tricity prices at the two operating loads to account for re-
alistic costs when using load-flexible operation.  

Load-Flexible Operation 
Green hydrogen and ammonia production depend 

heavily on renewable energy supply. In practice, a green 
ammonia plant would most likely be built alongside elec-
trolyzer units close to renewable electricity sources, such 
as solar or wind farms. However, modeling renewable 
electricity generation is heavily dependent on location 
and technology and is beyond the scope of this study. To 
still account for variability in renewable electricity gener-
ation, we consider dynamic electricity prices driven by 
regional demand and supply. In particular, we use historic 
hourly distributed prices from the day-ahead market in 
West Denmark from 2024 [20]. Figure 2 displays the 
mean price and the histogram of all prices, which range 
from slightly negative to above 800 €/MWh. With these 
prices we calculate LCOH and LCOA to approximate the 
dynamic price effect on renewable production plants. 

 
Figure 2. Electricity spot price probability distribution 
from hourly day-ahead market data from West Denmark 
in 2024 [20], including the indication of mean price and 
representative prices for load-flexible operation. 

For constant operation, each electricity price would 
have the same impact on average production costs. 
However, with a load-flexible system, production at high 
prices can be reduced to a low-load operating point, 
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while at low prices, the production can be shifted back to 
the high operating point. In this study, we compare a con-
stant operation at high load with the annual average elec-
tricity price to a load-flexible approach using two repre-
sentative prices. The lower of these prices represents the 
lower 76% of the historic prices, while the high price rep-
resents the upper 24%. 

RESULTS AND DISCUSSION 
In this section, we systematically explore the design 

space of the HB plant to identify feasible process designs 
that account for different loads. Then, we evaluate the 
economics of constant ammonia production relative to 
load-flexible operation and, lastly, show how an im-
proved HB process design can influence the total LCOA. 

Finding a Feasible Process Design 
The most important task when designing a load-

flexible process is to identify a design that is operable 
over the full operating range, rather than at a single op-
erating point. Thus, different designs must be evaluated 
under different loads. Since we assume that the HB pro-
cess is primarily operated at two extreme load levels 
(high and low), we evaluate the designs at these two op-
erating points. In total, we sample 2000 different designs 
and thus perform 4000 evaluations with our rigorous pro-
cess model. Of the sampled designs, 1103 yield feasible 
solutions for both loads. Figure 3 visualizes the feasible 
design space by projecting it onto planes of two variables 
at a time and differentiating between all sampled (grey) 
and feasible designs (blue).  

Figure 3. Input (grey) and feasible (blue) design-space 
projections in two-dimensional space. 

The success of 55% of all sampled designs implies 
that a feasible design solution satisfying all process con-
straints at both loads is indeed possible, but not straight-
forward. Feasible design solutions exist for most combi-
nations of one or two fixed design variables since only 
some regions of the two-dimensional projections of the 
full design space appear completely or largely infeasible, 
like very low 𝑇𝑇R2 values or combinations of low 𝑉𝑉 total and 
low 𝑇𝑇R1. However, the contrast between the largely fea-
sible region in plane projections and the large number of 
infeasible designs indicates that interactions among mul-
tiple variables are significant for feasibility. These multi-
variable interactions should be considered during the 
process design procedure. We also note that nearly all 
infeasibilities arise from high-load simulations, suggest-
ing that the design at this operating point should be as-
sessed first. 

Based on the insights from the design space evalu-
ation, we select a feasible base design near the center of 
the total design space for the following assessments. The 
values of the design variables for the base design are 
listed in Table 1. 

Comparison of Operational Approaches 
Moving forward, when designing a load-flexible 

plant, the most important objective is that flexible opera-
tion reduces costs relative to constant operation at high 
load. In the following, we compare two operational ap-
proaches for integrating green hydrogen and the HB 
plant based on the LCOA, using the feasible base design 
identified earlier. Before, in the next subsection, we re-
place the base design with an improved alternative.  

As explained earlier, for flexible operation, the plant 
operates at high load (76% of the time) with lower elec-
tricity prices and at low load (24% of the time) with higher 
prices. Electricity prices affect green hydrogen costs and 
other OPEX, such as nitrogen and compression costs. 
The total equipment costs do not scale with the load 
since the nominal plant size remains unchanged, but op-
erating costs vary. However, compressor power does not 
scale proportionally with the load because, for low loads, 
anti-surge recycling is required. Table 3 highlights key 
differences between the operation of the base design at 
high and low loads. 

With above assumptions for the two operational 
modes, the first two bars in Figure 4 directly compare the 
LCOA for constant versus load-flexible HB process oper-
ation using the base design. The figure details the sepa-
rate contributions of HB TCI and all OPEX components. 
Overall, the load-flexible approach yields an LCOA about 
5.8% lower than constant operation. Comparing this 
LCOA to literature is challenging because key parame-
ters, such as electrolyzer technology and electricity 
price, vary widely. For example, our LCOA matches the 
values reported by Sánchez and Martín [21] (1.35 €/kg), 
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which are well above current grey ammonia prices. In 
contrast, Hartvigsen et al. [22] report an LCOA of 792 
€/kg for green ammonia in Denmark, using alkaline elec-
trolyzers with far lower electricity prices for 2030. 

Table 3: Comparison between high and low load opera-
tion of HB process. 

 High Low 
Faction of time in operation % % 
Hydrogen feed rate in t/d   
Ammonia production rate in t/d   
Average electricity price + fees 
and taxes in €/MWh 

  

Compression Demand in MW   
Cost for Compression in €/h   
TCI in M€   

 
Figure 4. LCOA and its components for the three 
different case studies: Constant operated base design, 
load-flexible operated base design, and load-flexible 
operated best (LCOA) design. 

As shown by the individual contributions, the green 
hydrogen price accounts for more than 91.5% of the total 
LCOA in the constant and 90.3% in the load-flexible case. 
The LCOH itself depends heavily on the price of green 
electricity; thus, using load-flexible operation for green 
hydrogen production reduces the share of electricity 
costs in the LCOH from 74.5% to 66.7%. This reduction is 
then inherently responsible for the lower LCOA when the 
HB process also operates flexibly. In the future, adding 
hydrogen storage between the PEM system and the HB 
process could be a case worth comparing. Introducing a 
buffer offers the advantage that PEM and HB process op-
erations can be flexibilized separately, which could yield 
further LCOA reductions, despite high investment in the 
hydrogen storage system [5]. 

Another result highlighted by Figure 4 is that under 

flexible operation, the shares of CAPEX for the hydrogen 
generation process and the HB process increase. The 
higher share of equipment costs stems from the lower to-
tal output from the same plant during periods of low load. 
Thus, in particular, lower electrolyzer costs could signifi-
cantly affect the LCOH and LCOA, especially when oper-
ated flexibly. In contrast, the effect of reducing the TCI 
or utility costs of the HB process itself on the LCOA is 
limited, accounting for only about 10% of the total LCOA. 
However, the ratio of hydrogen consumed to ammonia 
produced in the HB process could have a significant im-
pact, and the HB design should be closely assessed in 
this regard.  

Benefit of HB Process Design Enhancements 
Having examined differences in LCOA between con-

stant and load-flexible operation, we investigate how im-
provements of the HB process design could further re-
duce the green ammonia costs. In particular, we focus on 
the three most influential factors related to the HB pro-
cess identified in the analysis of the LCOA components: 
the ratio of hydrogen feed to ammonia produced (at high 
load), the TCI of the HB plant, and the cost for electric 
compression (at both loads). Figure 5 shows the LCOA 
for each of the three influencing factors across all feasi-
ble designs, identified during the LHS-based design eval-
uation. The scatter plots show that all three factors in-
deed influence the total LCOA, and that, starting from the 
base design, minimizing each factor individually also re-
duces the LCOA. 

The LCOA of the selected base design equals the 
average LCOA of all feasible designs and the standard 
deviation of LCOA across designs is very low (0.003 
€/kg), supporting the claim that the HB process design 
has little influence on the total LCOA. Selecting the de-
sign with the lowest LCOA yields a 0.4% reduction com-
pared to the base design (see Figure 4, second and third 
bar). 

The best design alternative with the lowest LCOA 
(Best LCOA) also yields the lowest TCI, indicating that a 
focus on reducing equipment costs can have a positive 
overall effect. However, the design with the lowest hy-
drogen-to-ammonia ratio (Best HtA) and the lowest com-
pression power has only a negligibly higher LCOA. Table 
4 compares the two best designs and shows similarities 
in the values of the key design variables.  

Both designs operate almost at the lower bound of 
the pressure range to minimize compression and com-
pressor costs. This suggests that, in the future, even 
lower pressures could be assessed if compatible with the 
chosen catalyst. Recently, research has focused on so-
called low-pressure HB processes using special catalysts 
that enable pressures below 150 bar, potentially reducing 
overall compression costs [2]. Further, our selected two 
best design candidates also almost maximize the total 
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reactor volume to its upper limit. As seen in Figure 4, cat-
alyst costs affect the LCOA only minimally; thus, a higher 
reactor volume that improves single-pass conversion and 
reduces the demand for recycle stream compression 
could potentially lead to a reduction of the total LCOA. 
Lastly, comparing the volume shares among the three re-
actor beds and the reactor bed inlet temperatures for 
both design candidates does not reveal close similarities. 
However, the choice of reactor bed volume together with 
the reactor bed inlet temperature is essential for the fea-
sibility of the design, as discussed earlier. 

Table 4: Best feasible HB process designs related to the 
lowest LCOA and the lowest hydrogen-to-ammonia (HtA) 
ratio. 

Design Variable  Best 
LCOA 

Best 
HtA 

Reactor Pressure (𝑝𝑝R) in bar   
Total Reactor Vol (𝑉𝑉 total) in m   
Ratio Volume Bed  (𝑉𝑉R1/𝑉𝑉 total)   
Ratio Volume Bed  (𝑉𝑉R2/𝑉𝑉 total)   
Inlet Temp Bed  (𝑇𝑇R1) in K   
Inlet Temp Bed  (𝑇𝑇R2) in K   
Inlet Temp Bed  (𝑇𝑇R2) in K   
LCOA   

 
In summary, while the total impact of all key design 

variables on the LCOA could be evaluated more quanti-
tatively by calculating sensitivity indices, the overall im-
pact of the HB process design on the total LCOA remains 
small relative to the cost of green hydrogen. Thus, we 
find this effort is not worthwhile. The same applies to the 
use of optimization techniques to minimize the LCOA, 
treating the key design variables as decision variables. 

CONCLUSION 
This work addresses the central challenge of 

coupling ammonia synthesis to variable green hydrogen: 
high fluctuations in renewable electricity and, hence, sto-
chastic hydrogen availability and price. We proposed a 
structured design‑space exploration to identify Haber–
Bosch (HB) designs that remain operable at extreme load 
variations. Further, we compared constant production 
with load‑flexible operation based on the levelized cost 
of ammonia (LCOA). The key finding is that load‑flexible 
operation can lower the LCOA relative to constant oper-
ation because electricity‑driven hydrogen costs domi-
nate overall economics, and shifting production toward 
periods with low electricity prices reduces the average 
green hydrogen price. By contrast, HB process design 
variations have only a secondary influence on the total 
LCOA. We indicate that a lower reactor pressure (within 
catalyst constraints) and a larger total reactor volume 
can reduce the overall LCOA by lowering compression 
duty and compressor sizes, yet the aggregate cost ben-
efits of improved HB designs remain modest relative to 
the price of green hydrogen. 

These conclusions should be interpreted in light of 
the scope and modeling choices. The analysis compared 
two steady‑state load points and did not include dynamic 
transients. Control constraints were enforced implicitly 
by feasibility, not by explicit plant‑wide control design. 
Moreover, exogenous electricity prices and renewable 
availability were also not modeled at hourly resolution. To 
address these limitations, future work should focus on 
rigorous modeling of renewable generation, electrolyzer 
dynamics, and plant controls, while accounting for 
time‑series market and weather data. Stochastic, 
multi‑objective assessments (cost, emissions, reliability) 
can then quantify when added design complexity is jus-
tified. Overall, the dominant levers for renewable ammo-
nia lie upstream, in electricity price trajectories, electro-
lyzer cost, and integration strategies, while HB design re-
finements provide only incremental gains. 

 
Figure 5: LCOA related to three HB process metrics: hydrogen-to-ammonia ratio, TCI, and compression demand. 
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DIGITAL SUPPLEMENTARY MATERIAL 
All code and simulations are available on GitHub: 

https://github.com/gsi-lab/FlexiblePtA_Economics 
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