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ABSTRACT

Cost reduction of green ammonia production is critical to advancing the hydrogen-ammonia econ-
omy, as ammonia capable of cost-effective storage and transportation is a promising hydrogen
carrier and energy carrier to alleviate the intermittency and geographical limitations of renewables.
Optimisation and techno-economic assessment based on rigorous model are essential to accu-
rately investigate techno-economic feasibility and fully explore optimisation potential. This work
estimates the levelized cost of ammonia (LCOA) of an integrated system including a hydrogen
generation process employing Proton Exchange Membrane (PEM) water electrolysis, a nitrogen
generation process from flue gas recovery, and an ammonia synthesis process based on Haber-
Bosch Process. To enhance the reliability of LCOA, detailed equipment sizing and costing is con-
ducted according to stream data from rigorous modelling in Aspen Plus. A novel optimisation strat-
egy is proposed to enhance the computational robustness by sequentially largening the group of
optimised variables and improving the quality of initial points. Homotopy-continuation (HC)
method is employed to ease the convergence difficulties for solving the flowsheet with multiple
recycle streams and scaling up the plant capacities between 100 tNHz d' and 600 tNHz d-' from
an initially feasible point. Heat integration is also considered to realise the combined supply of heat
and power by introducing a steam turbine power cycle and utilising the waste heat from exother-

mic ammonia synthesis.
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INTRODUCTION

Cost reduction of green ammonia production is crit-
ical to advancing the hydrogen-ammonia economy, as
ammonia capable of cost-effective storage and transpor-
tation is a promising hydrogen carrier and energy carrier
to alleviate the intermittency and geographical limitations
of renewables. Currently, most current studies estimate
the levelized cost of ammonia (LCOA) using oversimpli-
fied assumptions [1 - 3] or shortcut models [4, 5], which
is inaccurate and unrealistic. In details, linear correlation
is inappropriately used to estimate the LCOA in green
ammonia systems with all plant scales, as it is derived in
a basis of 300 tNHs d™' using 70 USD MWh™" of electricity
[5]. Despite shortcut models could provide feasible ini-
tialisation for process simulation and optimisation, a
technically feasible solution cannot be guaranteed when
it is solely based on shortcut modelling, not to mention a
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reliable cost estimation. Moreover, optimisation scope is
restricted to general terms such as equipment capacity
and wind-solar mix ratio [1]. Therefore, optimisation and
techno-economic assessment based on rigorous model
are essential to accurately investigate techno-economic
feasibility and fully explore optimisation potential.

Rigorous model of ammonia synthesis employing
Neilsen’s expression [6] is widely regarded to have the
most accurate prediction of ammonia synthesis perfor-
mance [7], whilst the application of it always focuses on
single equipment simulation and cost assessment [8]. Ex-
othermic nature in ammonia synthesis can be well cap-
tured by rigorous modelling, and utilisation of this waste
heat can further reduce the LCOA to enhance the eco-
nomic competitiveness.

In this work, detailed equipment sizing and costing
are conducted according to stream data from rigorous
modelling and in Aspen Plus. A novel optimisation
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strategy sequentially largening the group of optimised
variables and improving the quality of initial points will be
employed to optimise the LCOA for plants between 100
tNHs d™' and 600 tNHs d' from an initially feasible point.

METHODOLOGY

System description

An integrated system utilising off gas as the nitro-
gen source for green ammonia production was proposed,
as depicted in Figure 1 [10]. It encompasses an ammonia
production system based on the Haber-Bosch process
applying an industrial ammonia synthesis convertor (i.e.,
Topsoe S-200), an electrolysis-based hydrogen produc-
tion process, and a stepwise nitrogen production tech-
nology where a pressure swing adsorption unit is facili-
tated by an amine-based carbon capture process for ni-
trogen enrichment. Apart from electric power driven by
renewables such as solar and wind, this system also ex-
plores heat integration opportunities in ammonia purifica-
tion process for further energy efficiency improvement
and carbon mitigation.
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Figure 1. Flowsheet of the green ammonia production
system.

Optimisation models

Modelling of ammonia synthesis

The modelling is conducted in Aspen Plus V12.1. The
ammonia synthesis convertor (e.g., Topsoe S-200) is
modelled by the combination of two internal heat ex-
changers (modelled by HEATX) and two plug flow reac-
tors (PFR) as the catalytic beds.

The kinetic model of ammonia synthesis employs
widely validated Neilsen’s expression [6] throughout all
sections (e.g. process simulation, optimisation and
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techno-economic analysis) as follows:
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Objective function

The primary objective of this study is to evaluate
and minimise the LCOA, defined in Eq. 5, which repre-
sents the average production cost per unit of ammonia
(USD tNHs™). The LCOA framework integrates both cap-
ital and operating expenditures over the lifetime of the
plant, thereby providing a consistent economic metric for
comparing alternative design (e.g., various plant scales
and heat-integration strategies) and operating strategies
(electricity prices and optimised operating conditions).

LCOA — ACCR-CAPEX+OPEX (5)
MNH3

Crpr = 118 « (Crayr + Csite + Chuitdings + Cof fsite) (6)

Cant =+ Cro * [Fons + (Fa + By + F — 1)] (7)

Cpo = F » exp{Ay + Ay + (InS) + A, « (InS)*} (8)

The capital component of the LCOA consists of the
annualised investment cost associated with major pro-
cess equipment. Equipment capital costs (Eq. 6-8) are
derived from detailed sizing calculations based on rigor-
ous process simulation. Specifically, heat-exchanger
costs are correlated to the required heat-transfer area,
vessel costs are evaluated as a function of material of
construction and shell weight, and compression or ex-
pansion equipment costs are determined from shaft
power requirements. All equipment sizes are obtained
case-by-case from steady-state stream data generated
under each candidate design or operating condition.
More detailed sizing and costing equations and associ-
ated coefficients can be found in the Supplementary Ma-
terials.

Operating expenditure includes the cost of raw ma-
terials, utilities, and ancillary services necessary for plant
operation as shown in Eq. 9. Key contributors are elec-
tricity consumption for compression and refrigeration,
hydrogen and nitrogen feedstock costs, cooling-water
demand, raw materials (e.g., MEA and water) and carbon
tax. Variable operating costs are calculated based on
process simulation outputs and unit prices, while fixed
operating costs such as labour, insurance, and mainte-
nance are incorporated as a fraction of the installed cap-
ital cost following standard chemical-engineering
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economic practice. Necessary equations and cost as-
sumptions can be found in the Supplementary Materials.

OPEX = CRM + Cutility + Coperation + Cmaintenance + Coverhead +
Cdepreciation + Ccarbon (9)

The optimisation problem is expressed as:
Min LCOA
s. L.

Mass and energy balance
Thermodynamic constraints: RKS-BM

Chemical equilibrium: Correlation of Gillespie and
Beattie (Eq. 4)

Reaction kinetics: Neilson’s expression (Eq. 1)

Unit models: PFR, Compressor, Heat exchanger,
etc.

Boundary conditions: See Table 1

Table 1: Boundary conditions of decision variables for the
optimisation problem.

Variables Unit Lower bound Upper bound
PCOMP1 Bar 31 149
PCOMP2 Bar 150 300

PFLA Bar 3 10

TPREHEAT °C 140 220
TREFRIG- °C -25 0
ERATION

TBED1OUT  °C 400 600
TBED2IN °C 350 500

Solution strategy

Once a feasible scaled-up flowsheet is established,
optimisation is performed using the Large-Scale Sparse
Successive Quadratic Programming (LSSQP) algorithm.
LSSQP is a gradient-based method widely adopted in the
chemical process industry, noted for its fast convergence
and robustness in solving large-scale nonlinear program-
ming problems [11]. In this study, the derivative infor-
mation automatically generated in EO mode is incorpo-
rated into the optimisation routine, enhancing computa-
tional efficiency and solution reliability.

To outlines the transition from an initial feasible
point obtained in SM to the EO-based optimisation work-
flow, the overall procedure is illustrated in Figure 2 and
explained in the following:

Step 1: Generate an initial feasible solution in SM
and synchronise the model in EO mode. In this step, all
equations from unit models and thermodynamic property
models are assembled, and the associated free variables
are initialised.

Step 2: Scale up the plant by fixing the required
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product rate, freeing feed flowrates, scaling up the reac-
tor volume, and initially fixing reactor outlet/inlet temper-
atures while freeing the internal heat exchanger areas.
This ensures that the overall degrees of freedom are bal-
anced (DOF = 0).

Step 3: Perform EO simulation using the LSSQP
solver, with the Homotopy-Continuation (HC) method
enabled to enhance convergence. If convergence fails,
the HC step size is reduced and the simulation is re-
peated.

Step 4: Switch the selected constant variables to
optimisation variables.

Step 5: Apply LSSQP optimisation. If convergence is
successful, the optimised variable selections and flow-
sheet solutions are restored before expanding the set of
optimised variables. If convergence fails, the optimisation
set is reformulated based on the last feasible selection.
After all possible combinations of a given number of op-
timisation variables have been tested unsuccessfully, the
number of active optimisation variables is reduced.

Step 6: Repeat the optimisation-reset cycle until
convergence is achieved across the full set of optimisa-
tion variables.

Step 7: Once convergence is achieved for all opti-
misation variables, the global optimal solution is ob-
tained.

[Initial feasible point from SM solve |

EO synchronize,
switch to EO mode

Fix product flowrate and free feed flowrate;
Scale up reactor volume;
Fix T4, and T{%;,, and free two internal HX areas

Reduce
HC step size

No
Converge

EO simulation by LSSQP
enabling HC method

Yes

Set constant variables Xto be optimised,
count(X)>0

Fail to scale up
or optimise

Restore optimised variable
selection and results,
count(X)+=1

No
Converge
No
Reset optimised group
&/ count(X) —= 1

Converge

Yes

Optimal
solution

Figure 2. Solution strategy of the optimisation in Aspen
Plus Equation-Oriented mode.
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RESULTS

Distribution of optimized variables

As the cost of green ammonia production is highly
dependent on hydrogen, which in turn originates from
green electricity, the assumption regarding electricity
price is critical. The International Renewable Energy
Agency (IRENA) estimates that the cost of electrolysis-
based hydrogen corresponds to electricity prices ranging
from 20 USD MWh™ to 65 USD MWh™ over the period
2020-2050. For the optimisation of the base case, an
electricity price of 20 USD MWh'is assumed.

Figure 3 presents the distribution of optimised de-
cision variables for plant capacities of 100-600 tNHs d".
The box plots indicate the 30-70% percentile range, me-
dian, and full spread of solutions, revealing which varia-
bles consistently converge to well-defined optima and
which remain flexible.
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Figure 3. Distribution results of optimised variables

The discharge pressure of the high-pressure com-
pressor (PCOMP2), corresponding to the ammonia syn-
thesis loop pressure, consistently converges to 160-225
bar. This narrow range reflects the core economic trade-
off in the Haber-Bosch process: although higher pressure
enhances equilibrium conversion, the benefit is offset by
higher compression energy demand and increased
equipment cost. The medium-pressure compressor
(PCOMP1) discharge pressure similarly clusters near its
upper bound (ca. 150 bar), indicating a clearly defined
optimal compression level to meet synthesis loop re-
quirements.

The inlet temperatures of the catalyst beds (Thed1
and Tbed?2) also show tight distributions around 400 °C.
This demonstrates that reactor thermodynamics domi-
nate the optimal solution. The selected temperatures
represent the classical compromise between improved
reaction kinetics at high temperature and reduced equi-
librium conversion.

In contrast, variables associated with downstream
separation exhibit wide distributions. The flash pressure
(PFLA) spans almost its full allowable range, and the re-
frigeration temperature varies broadly, including sub-
Sun et al. / LAPSE:2026.0257

zero conditions. These variables have only a minor im-
pact on LCOA, leading to a relatively flat objective land-
scape and multiple economically equivalent operating
points. The preheat temperature also shows moderate
flexibility, as its effect can be compensated by internal
heat exchange before the reactor.

Optimized LCOA in various plant scales

Figure 4 shows the dependence of LCOA on plant
scale (100-600 tNHs d™") and electricity price (0-120 USD
MWh). The levelized cost of hydrogen (LCOH) is used
as the hydrogen feedstock cost in the LCOA calculation.
Plant scale affects both capital-related costs and raw
material consumption, while electricity price directly in-
fluences electrolysis, compression energy demand, and
indirectly the hydrogen production cost.
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Figure 4. Optimised results, scale-up curve of the
ammonia synthesis loop.

Electricity price is the dominant factor controlling
LCOA across all plant sizes. Under zero-cost electricity,
LCOA ranges from approximately 238 to 675 USD tNH3™
depending on scale. When electricity price increases to
120 USD MWh™", LCOA rises sharply to about 1440-1873
USD tNHs™.

Plant scale has a secondary but still noticeable ef-
fect. Larger plants consistently achieve lower LCOA be-
cause capital-intensive equipment, such as reactors and
compressors, is amortised over higher annual ammonia
output. For instance, at 20 USD MWh™ electricity, in-
creasing capacity from 100 to 600 tNHz d™' reduces LCOA
from about 874 to 438 USD tNHs™. At this electricity
price, the corresponding LCOH is comparable to conven-
tional hydrogen costs, and 600 tNHs d-' represents a typ-
ical industrial ammonia plant scale. The resulting LCOA
(ca. USD tNHs™) is close to the current market price of
ammonia (ca. 410 USD tNHs™), supporting the credibility
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of the economic model.

However, even at the largest scale, electricity prices
above 40 USD MWh-" drive LCOA well beyond commonly
cited competitiveness ranges for green ammonia (400-
600 USD tNHs™). This indicates that economies of scale
alone cannot compensate for high electricity costs, and
that access to inexpensive renewable electricity remains
the key requirement for economically viable green am-
monia production.

To clarify how plant scale influences both the mag-
nitude and structure of ammonia production cost, Figure
5 and Figure 6 decompose the LCOA into annualised
capital cost (ACC), cost of manufacturing (COM), raw
material, and utility costs. An electricity price of 20 USD
MWh-"is assumed for all plant capacities.

1000
I Acc

[ lcom

I utility

7] Raw material

—a—LCOA

800

600

USD tNH,™

400 +

200

100 150 200 250 300 350 400 450 500 550 600
Plant scale (tNH, day™)
Figure 5. Optimised results, scale-up curve of the
ammonia synthesis loop.
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Figure 6. Breakdown of TAC.

Figure 5 shows a pronounced economy-of-scale ef-
fect, with total LCOA decreasing significantly as plant ca-
pacity increases from 100 to 600 tNHs d-'. At the smallest
scale (100 tNHs d™), LCOA is close to 900 USD tNHs™,
while at 600 tNHs d=' it drops to about 440 USD tNHs™.
The reduction is steep between 100 and 300 tNHz d"and
becomes more gradual beyond 400 tNHs d-, indicating
diminishing marginal benefits from further scale-up.

The stacked cost breakdown indicates that the de-
cline in LCOA is mainly driven by reductions in ACC and
COM. Both components decrease with scale because
capital-intensive equipment is utilised more effectively
and fixed costs are distributed over higher production
rates. In particular, depreciation, maintenance, and
equipment-related operating expenses are key contribu-
tors to COM. In contrast, raw material cost changes only
slightly in absolute terms, and utility cost remains rela-
tively small and nearly constant across plant sizes. Con-
sequently, small-scale plants are dominated by capital
and manufacturing burdens, whereas at large scale the
cost structure becomes increasingly governed by raw
material inputs.

Figure 6 presents the cost structure in percentage
terms, showing the contribution of each component to
the total annualised cost (TAC). A clear structural transi-
tion occurs as plant scale increases. At 100 tNHz d~', COM
is the largest contributor (44%), followed by raw materi-
als (31%) and ACC (23%). With increasing capacity, the
COM share steadily declines to about 24% at 600 tNHz d-
' while the ACC fraction decreases more moderately
from about 23% to 18%.

In contrast, the raw material share increases signif-
icantly, rising from roughly 31% at small scale to more
than 50% at large scale, eventually becoming the domi-
nant cost component. The utility share remains small
across all scales and increases only slightly. This behav-
iour is consistent with the optimisation results, where op-
erating conditions tend to minimise compression work
while maintaining relatively high ammonia synthesis con-
version, thereby limiting additional utility penalties at
larger scales.

CONCLUSION

This work estimates the levelized cost of ammonia
(LCOA) of an integrated system including a hydrogen
generation process employing Proton Exchange Mem-
brane (PEM) water electrolysis, a nitrogen generation
process from flue gas recovery, and an ammonia synthe-
sis process based on Haber-Bosch Process. In particular,
CO2in flue gas is removed by Monoethanolamine (MEA)-
based carbon capture process and nitrogen is enriched
to 90%, contributing to a higher efficiency and cost re-
duction of nitrogen purification, compared with consider-
ing air as the nitrogen source with 79% of nitrogen. An
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industrial ammonia synthesis convertor (e.g., Topsoe S-
200), consisting of two reactor beds and two internal
heat exchangers, is employed to make our work closer to
a real-life project. To enhance the reliability of LCOA, de-
tailed equipment sizing and costing is conducted accord-
ing to stream data from rigorous modelling in Aspen Plus.
A novel optimisation strategy is proposed to enhance the
computational robustness by sequentially largening the
group of optimised variables and improving the quality of
initial points. Homotopy-continuation (HC) method is em-
ployed to ease the convergence difficulties for solving
the flowsheet with multiple recycle streams and scaling
up the plant capacities between 100 tNHsz d~' and 600
tNHs d™' from an initially feasible point.

Overall, the optimisation results reveal a clear hier-
archy in the factors governing the techno-economic per-
formance of green ammonia production. Reactor operat-
ing conditions, particularly synthesis pressure and cata-
lyst bed inlet temperature, consistently converge to nar-
row ranges, demonstrating that reactor thermodynamics
and compression trade-offs dominate the optimal pro-
cess configuration. In contrast, separation and auxiliary
thermal variables show wide feasible ranges, indicating a
relatively weak influence on the LCOA. From an economic
perspective, electricity price is the most critical external
parameter, exerting a nearly linear and dominant impact
on LCOA across all plant scales due to the electricity-in-
tensive nature of hydrogen production and compression.
Plant scale introduces a strong but secondary economy-
of-scale effect, substantially reducing LCOA by diluting
capital and manufacturing costs, especially between 100
and 300 tNHs d-'. However, as capacity increases, the
capital- and manufacturing-related expenses become
less dominant, while raw material costs (primarily linked
to electricity for hydrogen production) emerge as the
controlling factor. These results indicate that, beyond in-
dustrial-scale capacities, further cost reductions depend
more on access to low-cost renewable electricity and im-
provements in process efficiency than on additional
scale-up, while fixing strongly converged reactor operat-
ing conditions can enhance optimisation robustness with
minimal economic penalty.
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