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Abstract: Supercritical CO2 (scCO2) is utilized in the supercritical fluid extraction of emulsions
(SFEE) to swiftly extract the organic phase (O) from an O/W emulsion. The dissolved substances
in the organic phase precipitate into small particles and remain suspended in the water (W) with
the aid of a surfactant. The process can be continuously conducted using a packed column in a
counter-current flow of the emulsion and scCO2, at moderate pressure (8–10 MPa) and temperature
(37–40 ◦C). To ensure the commercial viability of this technique, the organic solvent must be separated
from the CO2 to facilitate the recirculation of both streams within the process while minimizing
environmental impact. Thus, the aim of this work was to design a plant to produce submicron
materials using SFEE, integrating the recovery of both solvents. First, experimental equilibrium data
of the ternary system involved (CO2/ethyl acetate/water) were fitted with a proper thermodynamic
model. Then, simulations of the whole integrated process at different scales were carried out using
Aspen Plus®, along with economical evaluations. This work proposes the organic solvent separation
with a distillation column. Thus, the two solvents can be recovered and recycled to the process in
almost their entirety. Furthermore, the particles in the aqueous raffinate are produced free of solvents
and sterilized for further safe use. The costs showed an important economy scale-up. This work
could ease the transfer of the SFEE technology to the industry.

Keywords: counter-current packed column; scale-up; continuous process; supercritical carbon
dioxide; supercritical fractionation

1. Introduction

Supercritical fluids are substances that are heated and pressurized to a temperature
and pressure beyond their critical point, where they exist in a state that is neither purely
liquid nor purely gas [1]. The higher diffusivity and lower viscosity of these fluids com-
pared to liquid solvents ensure a better mass transfer, which is often a limiting factor in
extraction processes [2]. Among all supercritical fluids, supercritical carbon dioxide (scCO2)
is the most utilized in the formation of micro- and nanocarriers, owing to their distinct
thermodynamic and fluid-dynamic properties [3,4]. Furthermore, scCO2 has proven to be
versatile in such technologies thanks to its non-flammability, non-toxicity, low cost, and
availability [2,5]. These beneficial properties make supercritical fluids, and particularly
scCO2, popular in a wide range of particle formation and design processes [4].

Supercritical fluid extraction of emulsions (SFEE) technology has been proposed and
successfully used to micronize particles and encapsulate compounds among all the avail-
able supercritical techniques [6,7]. This method capitalizes on the benefits associated with
conventional emulsions and the unique properties of supercritical fluids to manufacture per-
sonalized micro- and nanoparticles and embed compounds in such carriers. By modifying
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the initial emulsion composition, SFEE can encapsulate either hydrophilic or lipophilic com-
pounds. Lipophilic compounds can be encapsulated with an oil-in-water (O/W) emulsion,
whereas a water-in-oil-in-water (W/O/W) emulsion can be used to enclose hydrophilic
materials [8]. SFEE uses CO2 as a solvent mainly because it has a near-ambient critical
temperature (TC, 31.1 ◦C) and a relatively low critical pressure (PC, 7.4 MPa) compared to
other fluids; it is innocuous, completely removable from the extract and raffinate via simple
decompression, and it has also been given a “Generally Recognized As Safe” (GRAS) status,
encouraging its use in the pharmaceutical and food industries [9].

SFEE is founded on the principle of utilizing scCO2 to rapidly extract the organic phase
(O) from an emulsion, typically an O/W emulsion, in which a bioactive compound and a
coating polymer have already been dissolved. When the solvent is removed, both materials
precipitate, generating a suspension of particles in the water (W) [10,11]. Aggregates are
usually produced with this technology [10]; however, carriers with a core–shell structure
can be also created when the compound is liquid [11]. The particles produced have a
controlled size and morphology due to the use of the emulsion and the rapid kinetics of
the scCO2 extraction. In addition, particle agglomeration in the water phase is avoided as
the particles are stabilized by the surfactant [6].

SFEE has proven to be an effective technique for encapsulating sensitive bioactive
compounds without compromising their functionality [10]. This makes it a suitable method
for micronizing and encapsulating compounds, such as pharmaceuticals (for protection
and/or controlled release), nutraceuticals, bioactive and probiotics (for their incorporation
into functional foods), cosmetics, pigments, explosives, and semiconductor precursors,
among others [8]. Additionally, SFEE is highly versatile [10,12]: (i) the fast kinetics of the
process allow for a controlled particle size and morphology; (ii) non-aggregated spheres are
produced, and the particle size can be precisely adjusted by modifying the initial emulsion
formulation; (iii) the produced particles remain stable over extended periods of storage; and
(iv) the technology can be easily scaled up as a counter-current process of liquid mixtures
with supercritical or near-critical fluids.

In a previous work reported by our research group [10], a stainless-steel packed column
was used to encapsulate astaxanthin in ethyl cellulose, in which CO2 was fed from the
bottom and the emulsion was delivered from the top of the column. By fixing the oil–water
ratio at 20/80 (ethyl acetate/water), the process was conducted at 8.0 MPa and 38 ◦C with a
liquid to supercritical gas (L/G) ratio of 0.1 (CO2 flow rate of 1.4 kg h−1). Spherical particles
with a mean diameter of 360 nm and a narrow particle size distribution (polydispersity
index of 0.16) were obtained. The yielded particles had a high encapsulation efficiency of
roughly 85% with an average polymer recovery of around 90%. Accordingly, the loading
ratio astaxanthin/polymer was 2.1 mg astaxanthin g powder−1. The aforementioned work
claimed that the use of a counter-current packed column during the SFEE process offered
the possibility of a high production capacity of micro- and nanoparticles with a small
volume plant in only a few minutes, along with greater product homogeneity and recovery.

Although the operation has shown to be of promise, no widely implemented industrial
application has been found even though industrial fractionation units do exist, which could
be related to the complexity and the significant economic cost of performing basic and
engineering studies on an industrial scale [10,11]. Moreover, SFEE is strongly protected by
the patents of Ferro Corporation [13,14] and by the group of Professor Ernesto Reverchon
from the University of Salerno [15], which could jeopardize its commercialization. Hence,
performing a rigorous economic evaluation would be crucial in assessing the viability of
utilizing this technology for commercial production.

The promising results of SFEE make its study and extension as a counter-current
supercritical fluid fractionation technology interesting while keeping in mind that for
nearly all industrial processes, the solvent, i.e., CO2, must be recycled. Additionally, as
all other technologies involving high-pressure CO2, the industrial SFEE process does not
contribute to the environmental CO2 problem [16].
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Complex problems in the industry are often not solved by hand for two reasons:
associated costs and equipment availability. Additionally, in response to this, there are
several simulation programs used in the chemical engineering field depending on the
application and desired simulation products. In this regard, when used to its full potential,
Aspen Plus® (Aspen Technology, Bedford, MA, USA) can be a very powerful tool for a
chemical engineer in a variety of fields, including high-pressure processes [17]. Moreover,
process integration has become increasingly important [18].

The phase equilibrium relevant to the SFEE column involves at least a ternary mixture,
not including the solute and carrier, which are typically present in low concentrations [11].
Advanced thermodynamic models, utilizing equations of state with activity coefficients,
are necessary to describe these complex and non-ideal mixtures at high pressure [19].
Therefore, the primary objective of this study was to accurately model the experimental
equilibrium data of the ternary system involved in particle formation by SFEE. Specifically,
the pseudo-ternary mixture of CO2/ethyl acetate/water was investigated. Ultimately, this
research aimed to establish a reliable method for the development of an industrial-scale
SFEE process capable of producing submicron structures for the inclusion of bioactive
compounds in the formulation of cosmetics, para-pharmaceuticals, and hydrophilic foods.
In order to carry this out, previous laboratory-scale experimental data obtained with a
counter-current packed column [10] were simulated in Aspen Plus®. Afterward, pilot- and
semi-industrial scale units were simulated in the same process simulation tool, along with
economical evaluations.

2. Materials and Methods
2.1. Block Diagram

Figure 1 shows the block diagram of the SFEE process of this study. The solvent
(scCO2) and emulsion (ethyl acetate + water) streams entered the first stage of the process
(extraction). A stream exhausted in ethyl acetate, along with the newly formed nanoparti-
cles, exited this extraction stage. In the second stage (solvent recovery), the scCO2 and ethyl
acetate were separated and then recycled to extraction otherwise, the process would not be
profitable nor environmentally sustainable. If the particles obtained are to be used as solids,
they would have to be dried. However, this last step was not considered in this simulation.
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Figure 1. Block diagram of the supercritical fluid extraction of emulsion (SFEE) process.

2.2. Definition of Purities, Recoveries, and Key Components

The emulsion fed to the extraction had a mass fraction composition of 80% water and
20% ethyl acetate, as in the laboratory-scale experimental work [10]. In order to produce
particles suitable for food and pharma applications, the maximum residual ethyl acetate
concentration in the water suspension had to be less than 5000 ppm [20]. Additionally, the
purity of the recovered organic solvent had to be at least the ethyl acetate concentration in
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the emulsion (mass fraction ≥ 80%). Finally, the CO2 stream had to be recirculated pure to
the process (≥99.9%) to maintain a high solvent capacity.

2.3. Thermodynamic Modelling

To design an SFEE process, a reliable phase equilibrium model had to be established
for the main column. The complex system involved was handled as a pseudo-ternary
system consisting of the three major components of the system: CO2, ethyl acetate, and
water. The bioactive compound and the coating polymer were not considered since their
concentration in the emulsion was very low (<1%) [10,11]. The property method selection
assistant in Aspen Plus® V11 was used to select the most appropriate one. We also built on
our research group’s previous experience simulating high-pressure processes involving
CO2, water, and organic solvents [19,21]. Thus, the Schwartzentruber–Renon (SR-Polar),
Predictive Soave–Redlich–Kwong (PSRK), and electrolyte non-random two-liquid (eNRTL)
thermodynamics model were tested to describe the ternary equilibrium. The available
experimental equilibrium data [22] were compared with the simulation software results,
and the most accurate model was chosen to represent the experimental phase equilibrium
data for simulating the SFEE column. Additionally, the best thermodynamic model predict-
ing equilibrium data of the CO2-ethyl acetate mixture under typical separator conditions
were investigated.

2.4. High-Pressure Column Simulation

SFEE can be managed as a multistage counter-current separation. In such a case,
the components distribute between the solvent (extract phase) and the liquid (raffinate
phase), which counter-currently flow through the separation column. Thus, the SFEE
unit was simulated in the Aspen Plus® environment using the Extract block available
in the equipment model library. Extract is a rigorous model to simulate liquid–liquid
extractors [23]. It was used in counter-current flow without reflux (since no high-purity
extract was sought, but an exhausted raffinate) where the upper inlet stream was the
emulsion, and the solvent stream was the continuous phase entering at the bottom of the
column. The liquid phase exhausted in ethyl acetate was obtained as the bottom product.
Meanwhile, the phase containing the CO2 and the ethyl acetate left the column as the top
product stream. To simulate, it was mandatory to specify before components, mass flow
and mass fraction composition of the emulsion and CO2, the thermodynamic model, inlet
streams, and the extract column itself.

3. Results and Discussion

This study aimed to design a plant to produce submicron materials using SFEE, integrat-
ing the downstream processing with the same solvent (CO2). Since the continuous particle
production by SFEE was previously studied by our research group [10], this work was focused
on the design and simulation of the process using a counter-current packed column. First, a
prior selection of the thermodynamic model that better described the CO2–ethyl acetate–water
equilibrium data was carried out. Then, a proposal for the flowsheet of the plant was provided.
Additionally, simulation results from different scales (lab, pilot, and semi-industrial) were
performed. Finally, an economical evaluation of the process was presented.

3.1. Selection of the Thermodynamic Model

To the best of our knowledge, only the study performed by Luther et al. [22] has re-
ported enough CO2–ethyl acetate–water phase equilibrium data at the operating conditions
used in this study. A comparison was performed between equilibrium data from those
authors [22] and data retrieved from simulations employing the thermodynamic models
mentioned in Section 2.3.

As a result of the comparison, PSRK was the model that best predicted the CO2–ethyl
acetate–water behavior at the condition explored. Figure 2 shows a comparison between
the experimental high-pressure vapor–liquid equilibrium data at 8.5 MPa and 37 ◦C of the



Processes 2023, 11, 1063 5 of 10

ternary system CO2–ethyl acetate–water [22] and the fit generated by Aspen Plus® with the
PSRK thermodynamic model. As can be seen in Figure 2, PSRK correctly predicted the type
II behavior [24] of the mixture with less than 5% error between predicted and experimental
compositions of the light (CO2-rich) phase, over the entire ethyl acetate concentration range.
Additionally, at the lowest molar fractions of ethyl acetate, the fitting in the water-rich
phase was found to be even better, which further improves the predictions, as low fractions
of ethyl acetate were found when the column was operated.
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equilibrium data (�) [22].

Equilibrium data of the CO2-ethyl acetate mixture were also needed at the typical
conditions of flash separators (~22 ◦C and 6 MPa) as these are the room conditions of
the CO2 make-up from the storage (i.e., at its vapor pressure). Experimental data under
these conditions were found in the literature [25] and in the Aspen Plus® V11 database
as BVLE010.

As can be seen in Figure 3, the Peng–Robinson equation of state with Wong–Sandler
mixing rules correctly predicted the CO2–ethyl acetate behavior at the separator. The load
of gaseous CO2 in ethyl acetate was relatively high in all ranges of pressures. Unfortu-
nately, large amounts of CO2 will dissolve in the ethyl acetate-rich phase at the same time.
Therefore, the separation of ethyl acetate and CO2 is difficult.

3.2. Operating Conditions of the Fractionation Column

Optimal operating conditions should be employed to facilitate the organic solvent
extraction from the emulsion while preventing the dissolution of the bioactive compound
and the polymer in sc-CO2, as well as avoiding the loss of the emulsion through washout
in the scCO2 stream.
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The simulation proposed in this work was conducted under the same conditions as
the previous experimental work [10], i.e., at 8.0 MPa and 38 ◦C. At these conditions, the
mixture of ethyl acetate/scCO2 is supercritical [26] and water is only slightly soluble in
scCO2 [27], thus enhancing the ethyl acetate extraction from the emulsion. Additionally,
38 ◦C was below the glass transition temperature (Tg) of ethyl cellulose, which is roughly
133 ◦C [28]. Using a higher pressure was not considered since microspheres coalescence
was observed in previous work [29]. Low pressure also helps reduce energy costs, which
improves the viability of the process on a commercial scale.

The decision to operate at the lowest possible pressure was also influenced by the
larger density difference between the scCO2 (304 kg m−3) and the emulsion (965 kg m−3) at
the column inlet [30], which promoted the formation of two separate phases in the column,
which was critical for the efficient operation of the system as it prevented flooding.

3.3. Aspen Plus® Process Simulation

The proposed flowsheet for the continuous SFEE integrated process with the organic
solvent recovery and the recirculation of scCO2 to the process is shown in Figure 4. This
same flowsheet was used to simulate the SFEE process at pilot and industrial scales.

In Figure 4, the emulsion (stream 1; mass fraction composition of 80% water and 20%
ethyl acetate) entered the extract column (C-101) at the first stage (top of the column) and
the scCO2 (stream 2) came recirculated from the distillation column and introduced at the
bottom of the column. The extract phase containing scCO2 and ethyl acetate left the column
as the top product stream (stream 4) and the liquid phase exhausted in the organic solvent
was obtained as the bottom product (stream 3).

3.3.1. Number of Theoretical Stages of Extract Unit

It was necessary to employ only three equilibrium stages adiabatic columns using a
solvent-to-feed ratio of 10 (kg kg−1), to reduce the amount of ethyl acetate in the water-rich
raffinate (stream 6) below 5000 ppm, as recommended [20], operating at 38 ◦C and 8.0 MPa.

In fact, from the simulation in Aspen Plus, the residual concentration of ethyl acetate
in the obtained particles (stream 6) was roughly 37 ppm. In this regard, particles with a
residual ethyl acetate concentration of 40 ppm were obtained with the laboratory-scale
experiments [10], which meant that the experimental conditions were reproduced by the
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simulation. In the aforementioned investigation [10], the column was formed by three
AISI 316 stainless steel cylindrical sections of 30 cm height connected by four cross-unions
and was packed with 0.16-inch Pro-Pak® [31]. This means that the height equivalent to a
theoretical stage (HETS value) would be 30 cm.
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3.3.2. Design of the Integrated Process

The economic and environmental viability of this technology on a commercial scale
is heavily reliant on successfully separating the organic solvent from the scCO2 for both
streams to be recirculated to the process. However, ethyl acetate’s high solubility in CO2,
even at low pressures [22], makes complete separation challenging. Traditional methods,
such as reducing pressure in a flash tank to 5–6 MPa, which are effective in the recovery
of “heavy” extracts in other supercritical extraction processes [16,32], are insufficient for
complete separation. In fact, the binary analysis of the ethyl acetate-scCO2 mixture showed
that the concentration of ethyl acetate in the gas phase was 0.2–0.4% for all pressures below,
as shown in Figure 3. Similar results were reported by Budich and Brunner [32] for the
ethanol–scCO2 system.

To obtain ethyl acetate (stream 8) and scCO2 with a purity of over 99.9% (stream 7),
an Aspen Plus® simulated distillation column as a RadFrac block (C-102 in Figure 4) with
five stages, a reflux ratio of 0.2, and a distillate to feed ratio of 0.85 were used. The extract
stream (stream 4) was fed to the distillation column. The resulting scCO2 was compressed
(stream 11) using a pump (P-101) up to 10 MPa and heated up to 38 ◦C (stream 12) in a
heat exchanger (E-101). A pure CO2 stream (stream 13) was required to compensate for the
lost CO2 from the raffinate and extract. Stream 13 (0.19 kg h−1 at lab scale) was combined
with stream 12 in a mixer (M101) to recirculate the resultant stream (stream 2) as feed to the
extraction column C-101. Stream 8 obtained from C-102 was split in a flash separator (S-102)
at atmospheric pressure and 5 ◦C. The resulting stream 10 had a purity of approximately
91% ethyl acetate, with the remaining composition being 6.2% water and 2.8% CO2. After
the CO2 vaporized, stream 10 was used directly in the formulation of the starting emulsion,
resulting in a stream with 94% ethyl acetate and the rest water. Finally, the raffinate (stream
6) obtained from C-101 bottoms contained mainly particles suspended in water and had a
remaining ethyl acetate concentration of around 37 ppm, as previously mentioned.

3.4. Scale-Up

The mass flow rate of lab-scale inlet streams 1, 2 and 13 in Figure 4 was increased
according to the scaling factors for the pilot and industrial plants of Atelier Fluides Super-
critiques from France. The characteristics of such equipment are described in [33]. The
pilot plant has two pumps to supply up to 5 L and 20 L of liquid, respectively; and 80 kg of
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CO2 up to 30 MPa. The industrial plant allows a maximum liquid capacity of 50 L h−1 and
a top CO2 capacity of 600 kg h−1. Thus, the production capacity (stream 6 in Figure 4) was
increased to 2.2 kg h−1 for the pilot plant (a scale factor of 20), and to 33.1 kg h−1 (a scale
factor of 300) for the industrial plant. The dimensions, packings, and capacity of the three
installations are compared in Table 1.

Table 1. Dimensions, packings, capacities, and costs of the scaled SFEE installations.

Lab Pilot a Industrial a

Diameter (m) 0.013 0.058 0.126
Height (m) 1 4 8
Volume (L) 0.13 11 100

Maximum liquid capacity a (L h−1) 5–20 50
Top CO2 capacity a (kg h−1) 80 600

Packing 0.16-inch Pro-Pak VFF Interpack (10–15 mm) Sulzer CY
Production capacity (stream 6) 0.11 2.2 33

Equipment cost (EUR) 150,000 b 976,000 c 3,205,000 c

Utilities cost (EUR /year) d 37,284 74,568 123,736
a Equipment specifications of the Atelier Fluids Supercritique. b Given by supercritical equipment providers.
c Estimated using the Perrut equation. d Provided by Aspen Plus® V11.

3.5. Economic Evaluation

We have asked manufacturers of CO2 plants for bids for the lab-scale installation,
ranging from EUR 125,000 (with only one separator) to EUR 180,000. Using an intermediate
value as a basis, we used Michel Perrut’s equation to estimate the price of the pilot and
industrial scale facilities. Based on his experience in SEPAREX, building supercritical
fluid extraction, fractionation, impregnation, and particle formation installations at all
scales, Professor Perrut concluded that all prices approximate a straight line with a slope of
0.24 versus the logarithm of the product of the total net volume (VT) of the column by the
design CO2 flow rate (Q) [34]. This means that there is a huge economy of scale in capital
expenditure (CAPEX) in supercritical CO2-based processes. With the resulting column
volumes from the simulations of the pilot and industrial scale installations and considering
that the CO2 flow rates were ten times higher than the liquid feed in the respective scales,
we arrived at the costs shown in Table 1.

Utility costs estimated using the APEA tool of Aspen Plus would drop from EUR
47 kg−1 at lab scale to EUR 0.52 kg−1 product for the largest scale, showing also very
important savings with production capacity. If the particles had to be dried/lyophilized,
this additional cost would have to be considered apart. Installation costs, assuming a
payback period of 10 years, would increase the product price by 30 cents per kg for the
laboratory scale, but by less than 5 cents for the industrial scale (operating 300 days per
year, 24 h per day).

4. Conclusions

The SFEE column and the solvent recovery separator were designed to achieve a
specified amount of residual organic in the leaving streams, according to the tight re-
quirements of the food and pharmaceutical industries [20]. The most difficult part is the
organic solvent separation from the CO2 as they are very soluble. However, it is possi-
ble with a distillation column. Thus, the two solvents can be recovered and recycled to
the process in almost their entirety. Furthermore, the particles in the aqueous raffinate
are produced free of solvents. Because of the biocidal and virucidal power of the scCO2,
the particle suspension is sterile [21], thus easing the direct further packaging. Based on
the utilities and installation costs for increasing production capacities, the importance of
economy of scale in supercritical CO2 installations is verified. On the other hand, CO2
fractionation in packed columns is already commercial, e.g., Atelier Fluids Supercritique in
France, https://www.atelier-fsc.com/ (accessed on 19 January 2023) or Solutex in Spain,

https://www.atelier-fsc.com/
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https://solutexcorp.com/technology/platforms/#flutex (accessed on 19 January 2023).
The SFEE process could be carried out in similar installations, facilitating the technology
transfer of the SFEE procedure for particle production to the industry.
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