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Abstract: The cyclic carbonation-calcination of CaCO3 in fluidized bed reactors not only offers a
possibility for CO2 capture but can at the same time be implemented for thermochemical energy
storage (TCES), a feature which will play an important role in a future that has an increasing share
of non-dispatchable variable electricity generation (e.g., from wind and solar power). This paper
provides a techno-economic assessment of an industrial-scale calcium looping (CaL) process with
simultaneous TCES and CO2 capture. The process is assumed to make profit by selling dispatchable
electricity and by providing CO2 capture services to a certain nearby emitter (i.e., transport and
storage of CO2 are not accounted). Thus, the process is connected to two other facilities located
nearby: a renewable non-dispatchable energy source that charges the storage and a plant from which
the CO2 in its flue gas flow is captured while discharging the storage and producing dispatchable
electricity. The process, which offers the possibility of long-term storage at ambient temperature
without any significant energy loss, is herein sized for a given daily energy input under certain
boundary conditions, which mandate that the charging section runs steadily for one 12-h period per
day and that the discharging section can provide a steady output during 24 h per day. Intercoupled
mass and energy balances of the process are computed for the different process elements, followed
by the sizing of the main process equipment, after which the economics of the process are computed
through cost functions widely used and validated in literature. The economic viability of the process
is assessed through the breakeven electricity price (BESP), payback period (PBP), and as cost per ton
of CO2 captured. The cost of the renewable energy is excluded from the study, although its potential
impact on the process costs if included in the system is assessed. The sensitivities of the computed
costs to the main process and economic parameters are also assessed. The results show that for the
most realistic economic projections, the BESP ranges from 141 to −20 $/MWh for different plant
sizes and a lifetime of 20 years. When the same process is assessed as a carbon capture facility, it
yields a cost that ranges from 45 to −27 $/tCO2-captured. The cost of investment in the fluidized
bed reactors accounts for most of the computed capital expenses, while an increase in the degree of
conversion in the carbonator is identified as a technical goal of major importance for reducing the
global cost.

Keywords: solids cycles; heat to power; dispatchability; energy storage; carbonation–calcination

1. Introduction

Anthropogenic carbon dioxide (CO2) emissions are the main cause of climate change [1].
Despite ongoing efforts to deploy renewable energy generation technologies to replace
fossil fuels [2], the increase in energy demand has kept constant (at around 80%) the share
of fossil fuels in the primary energy demand [3]. As a consequence, global CO2 emissions
have continued to grow [4] (albeit with a reduction seen during 2020 due to the decreased
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economic activity associated with the COVID-19 pandemic). Most future scenarios which
comply with the Paris Agreement include a large shares of renewable energy such as
from wind and solar power, but also a substantial role for carbon capture and storage
(CCS) [5] since there are many thermal conversion processes which for the foreseeable
future will have to rely on carbon-based fuels or feedstocks. Several CCS technologies have
been investigated and tested over the years, and there has been a special focus on post-
combustion systems. The energy penalty associated with the operation of these processes
remains, however, the major barrier to the commercial deployment of CCS [6].

The expansion of renewable technologies during the past few decades relates primarily
to wind and solar power, mainly driven by large reductions in the costs for implementation
of these technologies. Due to the variability of wind and solar power generation, their
market value decreases as their level of penetration in the system increases [7]. In addition,
they may provoke instabilities in the grid [8]. Thus, to enable a higher level of penetration
while maintaining the market value of wind and solar power, different forms of energy
storage and flexibilization of operation need to be implemented.

Toward achieving the high penetration levels of wind and solar power generation,
energy storage technologies that can handle variations in generation over several days
or weeks are of particular importance. In this context, thermochemical energy storage
(TCES) is attracting a lot of attention, since in contrast to other storage options, it offers the
possibility for long-term storage and shipping with low losses [9], and it has larger energy
densities than thermal energy storage (TES) systems [10]. Among the alternatives, some
gas-solids cycles represent the most-promising TCES systems due to their high reversibility,
stability, and enthalpy of reaction. Although packed beds (moving or stationary) have been
typically used for investigations of TCES through solids cycling at the bench-, laboratory-,
and pilot-scales [11], fluidized beds are envisioned as the reactor technology of choice for
commercial-scale usage due to their superior performance in terms of mass and thermal
mixing and operational flexibility.

The calcium looping (CaL) process has been investigated both as a CCS and a TCES
technology, as well as an integrated system ([12,13] with references therein). This indicates
that CaL potentially has dual uses in the energy transition [2]. The CaL process is based on
the multicyclic calcination–carbonation of CaCO3, which can be obtained from limestone, a
cheap and abundant material. The process is based on the following reactions:

CaCO3 → CaO + CO2 ∆H0
R = 178 kJ/mol (1)

CaO + CO2 → CaCO3 ∆H0
R = −178 kJ/mol (2)

When applied for CO2 capture, the CaL process represents a competitive capture
technology in terms of both efficiency and costs [14]. If implemented as TCES, it increases
the dispatchability of renewable energy facilities that are able to provide high-temperature
streams, such as concentrated solar power (CSP) plants [15,16]. Integrating both appli-
cations, the CaL process studied here can turn variable renewable energy (VRE) into
dispatchable electricity while at the same time mitigating atmospheric CO2 emissions from
a nearby emitting plant.

A review of the technical implications of scale-up of the CaL process for both CO2
capture and TCES applications has recently been published by Ortiz et al. [17], including an
analysis of different gas–solids reactor systems. Moreover, Ortiz et al. [15] have published
an in-depth review of the different process schemes, conditions, and materials that are ad-
vantageous for the operation of the TCES-CSP application. Bayon et al. [18] have conducted
a techno-economic comparison of the capital (excluding the reactors) and operational costs
of 17 gas–solids TCES systems, arriving at a cost for CaL-TCES of 54 $/kWht (note that this
cost is expressed per storage capacity), as compared to the cost of 56–59 €/MWhe estimated
by Muto et al. [19] for a CaL-TCES process using a synthetic sorbent. Nevertheless, detailed
studies with cost estimations for the combined CaL-TCES process are scarce, due to the
early stage of development of this technology [20,21]. This means that they are based on the
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more-abundant studies of the cost of the more-mature CaL process used for CO2 capture
(for an overview, see [22]). Among the latter studies, it is worth mentioning the work of
Michalski et al. [23], in which a method for assessing the economic feasibility of CaL-CCS
processes was proposed based on commercial technology appraisal tools. According to a
study carried out by Mantripragada et al. [24], the reactors, together with solids handling,
represent the largest cost for the CaL plant.

In summary, although the economic feasibility of the CaL process has been widely
studied for CO2 capture and some studies have assessed the TCES scheme, there is a gap
in the knowledge regarding the economics of systems in which the CaL process is applied
integrating both purposes. Additionally, there is a lack of research about the economic
scalability of the process and the implications that the foreseen electricity selling price and
carbon capture cost would have on the economic performance of the process.

The aim of the present work is to estimate the cost of the CaL process at different
scales when it is deployed for TCES in a concentrated solar plant (CSP) as the renewable
non-dispatchable energy source combined with capture of the CO2 from a nearby emitter
(i.e., not accounting for the transportation and storage of CO2). The CaL process here
studied is assumed to make profit from the sale of dispatchable electricity and from the
CO2 capture services provided to a nearby emitting plant. Such a case is motivated by:
(i) The need for CO2-emitting facilities to operate until the initial investment is paid off,
which under a regime of increasing costs for CO2 emissions, will require the capture of the
emitted CO2; (ii) the potential of biomass-based energy generation facilities to contribute
to negative emissions by capturing their CO2; and (iii) the suitability of CSP to drive
heat-demanding conversion processes at high temperatures. Figure 1 shows a schematic of
the relationships between the process investigated in this work, the nearby CSP plant and
CO2-emitting process plant.
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Figure 1. Schematic of the relationships between the CaL process investigated in this work and
the two nearby facilities. The dashed line demarcates the scope of the present work. Note that the
CO2-depletted flue gas stream leaving the CaL process has not been included for simplicity.

The process scheme presented here takes as its starting point a previous thermody-
namic study of CaL for TCES [25], thereafter adapting the process for the integration of
carbon capture. The cost of the process is calculated using a bottom-up approach and
presented in the forms of the breakeven electricity selling price (BESP), payback period
(PBP), and the net capture cost (i.e., cost per CO2 captured). Moreover, the sensitivity of
the computed cost to process size, degree of conversion of solids, and income associated
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with the CO2 captured and electricity sales, as well as to the economic parameters used for
the assessment is investigated.

2. Process Description

This section describes the CaL process scheme used in the current investigation. The
general process layout proposed by Chacartegui et al. [25] has been used as the basis
for the CaL scheme, while certain process conditions have been modified and additional
assumptions have been made in line with the nature of the present work (i.e., combined
TCES and CO2 capture). Furthermore, the process scheme considers fluidized beds for
both the carbonator and calciner reactors, which adds certain requirements related to the
use of fluidization agents. The energy input to the process is assumed to originate from
an intermittent renewable energy source that is capable of providing high-temperature
(>700 ◦C) heat, i.e., a CSP plant. Note that the process presented here could also be supplied
by other sources of renewable, non-dispatchable energy, such as wind power. However,
that would require a power-to-heat process prior to the calciner that is capable of providing
heat at high temperatures. In that case, the calciner should be designed to operate at the
lowest possible temperature, given that power-to-heat technologies capable of providing
high-temperature heat (e.g., direct bed irradiation or inserted thermal resistances) [26] are
still at early stages of development.

Figure 2 shows a schematic representation of the process studied in this work, con-
sisting of charging and discharging sections that can be operated independently. Corre-
spondingly, solids storage under ambient conditions is considered for both charged and
discharged particles. Although this decreases the process efficiency, it allows for the poten-
tial introduction of shipping and make-up streams into the process, without altering the
thermodynamic performance of the base case calculated here. Although the shipping of the
solids would open up a wider range of markets for the process inputs and outputs, thereby
enhancing the process economics, this alternative is outside the scope of the present work.

Energies 2021, 14, x FOR PEER REVIEW 4 of 18 
 

 

and the net capture cost (i.e., cost per CO2 captured). Moreover, the sensitivity of the com-

puted cost to process size, degree of conversion of solids, and income associated with the 

CO2 captured and electricity sales, as well as to the economic parameters used for the 

assessment is investigated. 

2. Process Description 

This section describes the CaL process scheme used in the current investigation. The 

general process layout proposed by Chacartegui et al. [25] has been used as the basis for 

the CaL scheme, while certain process conditions have been modified and additional as-

sumptions have been made in line with the nature of the present work (i.e., combined 

TCES and CO2 capture). Furthermore, the process scheme considers fluidized beds for 

both the carbonator and calciner reactors, which adds certain requirements related to the 

use of fluidization agents. The energy input to the process is assumed to originate from 

an intermittent renewable energy source that is capable of providing high-temperature 

(>700 °C) heat, i.e., a CSP plant. Note that the process presented here could also be sup-

plied by other sources of renewable, non-dispatchable energy, such as wind power. How-

ever, that would require a power-to-heat process prior to the calciner that is capable of 

providing heat at high temperatures. In that case, the calciner should be designed to op-

erate at the lowest possible temperature, given that power-to-heat technologies capable of 

providing high-temperature heat (e.g., direct bed irradiation or inserted thermal re-

sistances) [26] are still at early stages of development. 

Figure 2 shows a schematic representation of the process studied in this work, con-

sisting of charging and discharging sections that can be operated independently. Corre-

spondingly, solids storage under ambient conditions is considered for both charged and 

discharged particles. Although this decreases the process efficiency, it allows for the po-

tential introduction of shipping and make-up streams into the process, without altering 

the thermodynamic performance of the base case calculated here. Although the shipping 

of the solids would open up a wider range of markets for the process inputs and outputs, 

thereby enhancing the process economics, this alternative is outside the scope of the pre-

sent work. 

 

Figure 2. Schematic of the investigated processes, shown in the form of a charging section and a discharging section with 

intermediate storage. The charging section is supplied by non-dispatchable high-temperature heat (e.g., from a concen-

trated solar collector) and the discharging section generates dispatchable electricity with a steam turbine. If included, the 

input and output of shipped solids would not alter the process layout; however, these parameters are not considered in 

the present study. 

Figure 2. Schematic of the investigated processes, shown in the form of a charging section and a discharging section with
intermediate storage. The charging section is supplied by non-dispatchable high-temperature heat (e.g., from a concentrated
solar collector) and the discharging section generates dispatchable electricity with a steam turbine. If included, the input
and output of shipped solids would not alter the process layout; however, these parameters are not considered in the
present study.

Energy in the form of heat at high temperature is used to run the charging section,
which comprises the calcination reactor and a generator of superheated steam for fluidizing
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the reactor. As reported previously [27], calcination in the presence of superheated steam
decreases the temperature required for calcination and increases the conversion rate of the
solids in the carbonation side. Lower calcination temperatures also offer the possibility
to use simpler and cheaper energy collectors [15]. In this work, the calciner conditions
have been fixed at an intermediate temperature of 850 ◦C and pressure of 1 bar, following
the conclusions of a previous study [15] for calcination in a steam atmosphere, which
corresponds to a steam/CO2 molar ratio of 1. The gas stream leaving the calcination reactor
(consisting of H2O and CO2) is used to preheat part of the total inflow of discharged solids
(using the split fraction suggested previously [25]), and is subsequently expanded in a
turbine down to the condensing pressure (set by the cooling water temperature), enabling
also separation of the condensate and leaving the CO2 ready for compression. A water
tank allows the condensate to be stored when the calciner is not in operation. The process
incorporates two solids–solids heat exchangers that are used to partially preheat the input
solids streams with the hot solids streams leaving the reactors, which is crucial to reduce
energy losses when the storage is under ambient conditions.

Energy discharging is achieved through a Rankine cycle that runs the dispatchable
steam turbine using the heat released in the carbonator reactor, which is fluidized with
the flue gas from a nearby facility, setting the carbonation conditions of the investigated
process to 650 ◦C and 1 bar. Since optimization of the process performance falls outside the
scope of this work, a simplistic approach has been followed for the power cycle conditions.
Steam at 550 ◦C and 120 bar is generated and expanded in a single step to the condensing
pressure. It should be noted that the possibility of pre-heating the feed-water line is not
considered in this work.

3. Methodology
3.1. Mass and Energy Balances

In order to carry out an economic assessment of the process defined in Section 2,
including both the capital and operational costs of the plant, a thermodynamic analysis is
performed initially. This is followed by the computation of the mass and energy balances
and the corresponding equipment sizing. Table 1 presents the values for the process
parameters selected in this study. Note that the impact of process size on the results
has been evaluated and, thus, the net instantaneous power input is varied from 50 MW
to 1000 MW. Furthermore, since it is often reported as a crucial limiting performance
parameter [17,28], the effect of the degree of conversion of the solids in the carbonator is
also investigated.

The charging time tcharge, which is defined as the number of hours per day that the
charging side is assumed to be running (i.e., the time when the intermittent renewable
energy source can be harnessed), is a design option here fixed, for the sake of the analysis,
at 12 h/day. Thus, the storage is sized to provide a sufficient amount of charged solids
(CaO) to run the discharging side during 24 − tcharge hours per day. The calciner is sized
so it can convert the available heat input Qcalc into stored chemical energy, while the
carbonator is sized to operate continuously for 24 h/day. The overall efficiency of the
process [Equation (3)] is computed as the time-weighted average of the process performance
during charging and discharging operation.

ηT =
Wnet,chargetcharge + Wnet,dis

(
24− tcharge

)
Qintcharge

(3)

Both reactors are computed as stirred tank reactors, with all output streams exiting
at the reactor temperature. The mass and energy balances describing the reactors are
calculated through Equations (4) and (5), respectively:

Fi,in − Fi,out − ξvi = 0 (4)
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∑
i

Fi,in(hi,reactor − hi,in) + ξ∆HR(Treactor) = φ (5)

where ξ is the extent of reaction per unit of time, vi is the stoichiometric coefficient of
reactant i, φ is the external heat flow, and ∆HR is the enthalpy of reaction.

Table 1. Main process assumptions, design options, and selected operation parameters. Parameters
marked with an asterisk (*) are considered as the base case and are varied in the sensitivity analysis
(Section 4). GS–HX, gas–solids heat exchanger; S–G, solids–gas; SS–HX, solids–solids heat exchanger.

Parameter Value Unit

Plant size as net heat input to the process, Qin 50, 100 (*), 500, 1000 MW
Charging time, tcharge 12 h/day

Percentage of steam in the calciner (mol basis) 50 [15,27] %
Storage temperature 20 ◦C

Cooling water temperature 20 ◦C
Minimum temperature difference SS–HX 20 ◦C
Minimum temperature difference GS–HX 15 ◦C

Minimum temperature difference condensers 15 ◦C
S–G heat transfer coefficient 480 [29] W/m2K

Fluid–fluid heat transfer coefficient 1500 [30] W/m2K
Flue gas CO2 content 15 [31,32] %v

CO2 capture rate 90 [31,32] %
Available cooling water discharge temperature 70 ◦C

Cooling water pumping distance 1000 m
Solids porosity, Φ 0.5 [18] -

Turbomachinery isentropic efficiency, ηis 0.89 [33] -
Fraction of discharged solids preheated in the

SS–HX 0.85 [25] -

Degree of conversion in the calciner, xcalc 1 [25] -
Degree of conversion in the carbonator, xcarb 0.15, 0.25 (*), 0.5, 0.7 [17] -

Solids conveying energy requirement 10 [25] MJ/t/100 m
Equivalent solids conveying length 100 [25] m

The flue gas entering the process is assumed to contain 15% CO2 and the capture rate
in the carbonator is fixed at 90% in accordance with a previous report [32]. All gas flows
are assumed to be ideal, and no pressure drop calculations are included in the study. Each
solids–solids heat exchanger (SS–HX) is computed as a series of two bubbling fluidized bed
gas–solids heat exchangers, the volumes of which are estimated based on the heat-transfer
coefficient reported in [29] and with a minimum temperature difference slightly higher than
that of conventional fluid–fluid heat exchangers. The gas–solids heat exchangers (SG–HX)
are in turn sized as cyclones as suggested by a previous study [34] and according to the
calculation method provided by [35], with an estimated minimum temperature difference
similar as for conventional fluid–fluid heat exchangers. Solids storage tanks are sized using
the method suggested by Bayon et al. [18]. No solids losses in the cyclones and fluidized
beds are accounted for in this calculation. The remaining conventional fluid–fluid heat
exchangers are sized using the heat transfer coefficients taken from Woods [30].

3.2. Economic Assessment

The assessment of the economic performance of the plant is performed using as main
indicator the BESP. This is assessed by setting the calculated net present value (NPV) of the
plant to zero, i.e., establishing an electricity selling price such that the revenues balance the
cost of the plant over a lifetime of 20 years. Thus, the NPV is calculated in this work as the
sum of the discounted annual cash flows over the lifetime of the project, according to:

NPV =
n

∑
i=1

CFi

(1 + r)i (6)
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A bottom-up approach is used to compute the annual cash flows, by estimating the
plant costs of the basic process components and thereafter adding the installation and
indirect costs. The methodology followed in this work for estimating the total plant cost is
based on the work of Manzolini et al. [36]. Table 2 shows the cost functions used to estimate
the erected cost of each process component, based on the cost of a reference component of
size S0 and with the scaling parameter f [Equation (7)]. The functions presented in Table 2
have been updated using the Chemical Engineering Plant Cost Index (CEPCI). Note that
all costs are computed in USD2021. The startup year is assumed to be 2021 and the project
is assumed to take place in Southern Europe, where CSP can be utilized and the European
carbon capture and storage policies apply. All economic parameters, costs, and prices are
selected for non-pandemic conditions assuming the fast recovery of the world after the
COVID-19 crisis.

C = C0

(
S
S0

) f
(7)

Several expressions can be found in literature for estimating the capital cost of cal-
ciner/carbonator FB reactors. For instance, [37] uses an equation whose validity range is
up to 100 MW. In [30], the suggested equation only accounts for the reactor vessel. Lastly,
the equations used in [23] refer to a retrofit of a coal-combustor plant. Hence, in the present
work, the calciner cost is estimated by taking as reference an oxy-circulating fluidized bed
(CFB) furnace from the economic data available in [38], assuming that the heat transfer
surfaces are used to add heat to the reactor instead of removing heat. Similarly, the carbon-
ator is assumed to resemble a conventional CFB boiler [38]. Note that for the base case of
100 MW net heat input, the cost function in [37] would yield a capital cost of the reactors of
30 M$, a cost of 13$ with [30] while the cost would be 45 M$ if using the functions in [23].
Thus, the equations used in this work yield the costliest estimation among the cited ones
(105 M$ for the 100 MW case), and the importance of selecting an appropriate cost function
when computing the BESP is highlighted in Section 4.

Due to a lack of available data and given the design of solids–solids heat exchangers
existing in certain industries such as the iron ore processing, the cost of each of the two
fluidized beds conforming the solids–solids heat exchanger is estimated as the cost of a
bubbling fluidized bed dryer. The solids storage tanks are sized according to the method
published in [18], whereas the only liquid-containing vessel present in the process (to
store the feed-water in the charging side) is assumed to be a standard cylindrical water
vessel [39] with a total specific cost of 83 $/(m3-water), as taken from [18].

Table 2. Capital cost functions (in M$) of the equipment used in the study. Heat flows are given in
[MWth], diameters in [m], velocities in [m/s], areas in [m2], pressures in [bar], volumes in [m3], mass
flows in [kg/s], electrical powers in [kW], and mechanical works in [MW].

Equipment Cost Function Reference

Calciner C = 5.87·102·
(

Qcalc
2514

)0.67 [38]

Carbonator C = 5.60·102·
(

Qout
1521

)0.67 [38]

Gas–solids heat exchanger C = 3.98·10−9·D2
cyc + 2.73·10−6·Dcyc + 0.016 [34]

Solids–solids heat exchanger C = 2·3.5·10−1·
(

Db ·ug
2

)0.73 [30]

Gas–gas heat exchanger C =
(

2546.9·A0.67
HX ·P0.28

gas

)
·10−6 [23]

Cooler C =
(

2546.9·A0.67
HX ·P0.28

f luid

)
·10−6 [23]

Solids Storage C = Vsteel ·Csteel [18]
Steam turbine C = 473·10−6·

(
Wturb

25

)0.67 [40]

Electric generator C = 84.5·10−6·
(

Pel ·103)0.95 [23]

Steam generator C = 2.85·
( .

msteam
14

)0.35 [30]

Pump C =
(

Pel
197

)0.60 [23]



Energies 2021, 14, 3211 8 of 17

The values selected for the key economic parameters assumed in this work are listed
in Table 3. The income derived from capturing the CO2 produced by a nearby facility
(hereinafter referred to as IncomeCC) is taken as 50 $/t in the base case, which is based on
an estimation of the capture cost with a conventional technology [31], and is here used as
the cost that a plant would be willing to pay for capturing the CO2. The CO2 compression
and storage processes are not included in the study, as their costs would be transferred to
the emitting industry and are, therefore, not relevant to the feasibility of the CaL process.
The cost of the renewable energy input is omitted in the cost calculations as not being part
of the investigated storage technology. Nevertheless, an assessment of its impact on the
computed costs is included in the discussion. Lastly, the make-up and purge/loss of the
solid material are ignored.

Table 3. Main assumptions and input data for the economic analysis. Values indicated with an
asterisk (*) are considered the base case and are varied in the parametric study (Section 4).

Parameter (Unit) Value

Plant lifetime (years) 20 [41]
Capacity factor (%) 100 (*), 70, 80 [42]
Discount rate (%) 4.75 (*), 6.75, 8.75 [41]

Limestone cost ( $/t) 10 (*), 20, 50 [42]
Steel cost (Csteel) ( $/m3) 5000 [43]

Carbon capture-derived income (IncomeCC) (
$/t) 10, 50 (*), 100 [31]

Electricity selling price (ESP) ( $/MWh) 20, 40 (*), 80 [44]

To compare the cost of the described process with the costs of other CO2 capture
technologies, the total cost of the plant is also expressed in the typical capture cost metric of
$/tCO2-captured. Note that this is done only to allow for comparisons with other studies,
since the capture of CO2 is here treated as an incoming cash-flow and, therefore, is not an
actual cost. For this purpose, the NPV includes as positive cash flows both the selling of
the generated electricity and the revenue obtained for the CO2 capture. The electricity is
assumed to be sold at a price (ESP) of 40 $/MWh in the base case [44]. Additionally, the
payback period (PBP) of the process is computed according to Equation (8):

PBP =
Total investment cost

Yearly revenue
(8)

To scrutinize the economic assessment of the process, a parametric study is carried
out in which the variations of the two assumed incomes are explored: that associated
with carbon capture is varied from 10 to 100 $/tCO2-captured (in line with the forecasted
cost of emitting CO2), whereas the assumed electricity selling price varied from 20 to 80
$/MWh. Furthermore, the BESP of the base case is analyzed for two more pessimistic sets
of economic parameters (see Table 3).

4. Results and Discussion

Figure 3 presents a simplified energy flow diagram of the process with the values
corresponding to the base-case process (see Table 1). The top panel illustrates the energy
distribution when the charging side is operating (VRE source is available), while the bottom
panel shows the energy flows when only the discharging side is operating. It is evident
that the rather low efficiency of the base process (28%) is mainly attributable to heat losses
in the heat exchangers (mostly in the condensers of the power blocks), parasitic losses
connected to the solids conveying, and heat losses during solids storage. All the latter
losses are high due to the low conversion efficiency in the carbonator (xcarb = 0.25 for the
base case), which renders a large proportion of the circulating solids inactive. Here, it must
be pointed out that the process is far from optimal, with the two power blocks defined as
basic Rankine cycles. Studies reported in the literature have shown that the efficiency of
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the optimized process (for the TCES scheme) can reach up to 45% [25,45]. Furthermore,
the vast majority of the losses are in the form of low temperature heat, and this work does
not consider the possibility to include heat streams in the product portfolio of the plant
(in the form of district heating or industrial heating), in which case some portion of this
loss would be transformed into additional revenues. It is worth pointing out that the use
of superheated steam to fluidize the calciner implies an added energy loss in the steam
generator that is partly recovered by the non-dispatchable turbine, which produces almost
half of the energy when the charging side is in operation. Varying the percentage of steam
in the calciner (50% is used in the base case) has an impact on the total energy output
shares. A lower requirement for steam in the calciner increases the dispatchability of the
process, i.e., the share of the output energy delivered by the dispatchable turbine, as well as
the total efficiency of the process, while allowing for the capture of larger volumes of CO2.
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such that recycling streams are not presented here and some of the losses have been merged.

Figure 4 maps the total plant costs for different plant sizes expressed as different net
energy inputs. It is clear that the reactors represent the major fraction of the total cost,
especially for larger plant sizes (i.e., >80% of the total cost for the 1000-MW case versus
75% for the 50-MW case), which is in line with a previous study [24]. Note that in the
present work, the reactor costs also include the heat transfer surfaces, which function is
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fundamental both for transferring heat into the calciner as well as for steam generation and
superheating in the carbonator. These results highlight the importance of costing of the
reactors when assessing TCES processes, and this should be borne in mind when choosing
a specific reactor type and design [15]. It can also be seen in Figure 4 that the cost of storage
is negligible when compared to the reactors, indicating that the process could handle higher
levels of flexibility at a similar cost. The fixed operational and maintenance (O&M) costs
and the capital cost of the heat exchangers are the second and third largest expenses, with
the relative importance of the former decreasing substantially with plant size.
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Figure 4. Disclosure of the total costs (in %) of the base case process for different process sizes in terms of net heat inputs.
The dots on top of the bars show the total cost (in M$) plotted on the secondary y-axis.

As expected, the BESP decreases with the process size (see Figure 5a), ranging from
141 $/MWh for the smaller (50-MW) reactor to −20 $/MWh for the 1-GW case (all other
process parameters were fixed to the base case values). The curve for the variation of
BESP with size is steeper for heat inputs in the range of 50–500 MW than between 500
and 1000 MW. Note that a negative BESP value indicates that the plant would already be
profitable accounting only for the income connected to the carbon capture. The impact of
the revenue stream related to CO2 capture (IncomeCC) is further explored by varying the
base case assumption (50 $/tCO2-captured) (see Figure 5a). The results show that for an
assumed carbon capture income of 10 $/tCO2-captured, the BESP of the plant ranges from
229 to 68 $/MWh, whereas for the most optimistic assumption of 100 $/tCO2-captured the
computed BESP lies between 30 and −130 $/MWh. It can be seen that the net impact of
the specific CO2 capture income on the cost is constant with process size, due to the fact
that the amount of CO2 captured scales linearly with the net heat input. Consequently,
the income associated with the CO2 capture exerts a stronger influence on the total plant
economics at larger sizes. It should be noted the importance of choosing an appropriate
cost function for the reactors when assessing the economic performance of the CaL process,
as the reactors are of major importance in the cost structure and underestimating their cost
can yield misleadingly optimistic results. If, for instance, the cost functions of [23] are used
(see Section 3.2), the computed BESP for the 100 MW base case would be lower down to
−9 $/MWh, and down to −30 $/MWh if the cost equations from [37] are used instead.
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A similar trend is observed when the cost is expressed as $/tCO2-captured (Figure 5b),
with values ranging from 45 to−27 $/tCO2-captured for the base case (plotted with orange
bars). Here, a negative capturing cost indicates that the plant would be making a profit
before the 20 years of the plant lifetime used in the analysis. The variations of the cost to
the assumed electricity selling price (ESP) and carbon capture income (IncomeCC, from 10
to 100 $/tCO2) are also shown in Figure 5b. The variations of the cost when varying only
the assumed value for ESP (i.e., IncomeCC is fixed at the base case value) are plotted for
each net heat input, whereas the vertical black lines show the sensitivity when varying
IncomeCC for each of the cases. These results can also be expressed as PBP, as shown in
Figure 5c. As indicated above, only cases with a negative cost in Figure 5b are breakeven
before 20 years, i.e., having a PBP < 20. The analysis shows that the PBP is most sensitive
to the variations of IncomeCC, with a PBP as low as 3.8 years for the most optimistic set of
IncomeCC and ESP assumptions.

The effects of varying some of the economic parameters on the computed BESP for
the base case are shown in Table 4. As expected, both the capacity factor and interest rate
play a big role in the economic performance of the process. Note that the capacity factor
is strongly linked to plant stops required for maintenance, which in the current process
could be optimally planed due to the inherent intermittency expected in the operation.
Regarding the limestone cost, it is shown in Table 4 that its impact is negligible on the
process performance.

Table 4. BESP (in $/MWh) of the 100 MW base case when independently varying the capacity factor,
discount rate and limestone cost according to Table 3.

Parameter Nominal Variation 1 Variation 2

Capacity factor (100, 70, 80) [%] 83 129 162
Discount rate (4.75, 6.75, 8.75) [%] 83 116 152
Limestone cost (10, 50, 100) [ $/t] 83 83 84

Figure 6 presents the impacts on plant costs of varying the degree of conversion of
the solids in the carbonator, both in terms of BESP and $/tCO2-captured. Note that the
size of the process, the CO2 capture income, and the electricity price assumptions have
been set at their base case values (100 MW, 50 $/tCO2, and 40 $/MWh, respectively). The
relatively strong impact of xcarb on the plant cost is confirmed by a reduction of the BESP of
24 $/MWh when xcarb is increased from 0.15 to 0.25. Increased conversion in the carbonator
enhances the efficiency of the process because the total amount of solids required to be
cycled in order to generate a certain amount of electricity is decreased. This translates into
lower heat losses during solids storage, lower parasitic losses, and smaller sizes of the
reactors and heat exchangers. This impact becomes less prominent for xcarb values > 0.5.
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It is important to mention that the relevance of the material conversion for process
performance has previously been identified by several groups [17,46], although not for
a TCES-CCS combined system and not in terms of economic performance. Although
important for most TCES solids–gas systems [11], the solids conversion rate attains special
relevance in the CaL process, as its value can change by a factor of 2.5 depending on the
reactor conditions [15] and on whether the process is designed for TCES only or for the
TCES-CCS concept presented here. The conditions of the flue gases determine to a large
extent the maximum achievable conversion rate and the capacity for CO2 capture, the
revenues from which have been shown to be important for the global feasibility of the
process. These findings highlight once again the need for material developments for the
successful deployment of the CaL process.

The cost of the energy supply facilities can also play a major role in the profitability of
the process presented here. If the energy source is a solar receiver with the characteristics
of a CSP plant as assumed in this work, its cost and design become additional aspects
that need to be addressed in more detailed economic assessments. Figure 7 shows the
updated cost of the base case for a range of CSP costs, based on the predictions from [47].
For instance, applying the total cost suggested by Ho [48] (125 $/kWt for a large-scale
particle receiver capable of reaching 1000 ◦C), the BESP increases from 83 to 102 $/MWh,
while the capture cost increases from 21 to 30 $/tCO2-captured. This is in line with the
figures predicted by [47], in which a CSP plant as the one here applied would represent an
added cost of 20–70 $/MWhth. If the conditions in the calciner are chosen so as to have
lower temperatures than those used in this work (850 ◦C), less costly CSP equipment could
be used. However, the impact of such a cost on the overall techno-economic performance
is still unknown. Furthermore, if the process is intended to be coupled to a renewable
energy facility other than solar CSP, an extra step would be required to convert the non-
dispatchable power to heat at the required temperature, and the cost of this step would be
added to the total cost.
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Figure 7. BESP values and CO2 capture costs of the base case when the total cost of the CSP facility is
considered (varied from 0 to 500 $/kWt).

The results of the current work can be compared on the one hand to other energy
storage processes through the BESP values, and on the other hand to other CO2 capture
systems through the cost of capture expressed in $/tCO2-captured. As examples of the
former, Ganwal et al. [19] have reported a cost of 56–59 $/MWhe for a CaL storage process
with a synthetic material of xcarb = 0.4, which is comparable to the cost obtained in this
work (see Figure 6). Michalski et al. [23] have reported a levelized cost of electricity (LCOE)
of 80–95 $/MWhe, although their study considered retrofitting a coal power plant. Cor-
mos [49] also carried out a retrofitting study and concluded that the LCOE of a retrofitted
CaL power plant would be in the range of 68–74 $/MWhe. As for cost for capture, some of
the main publications that have addressed the cost of CaL-CCS [22] have reported a cost
range of 20–40 $/tCO2-captured, which is comparable to the costs estimated in this work
for carbonation reactivities higher than 0.5. Furthermore, the work of MacKenzie et al. [50]
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proposes that the overall cost is primarily sensitive to the material deactivation and lime-
stone cost. Although neglected in the present work, these factors could play important
roles in the long-term, given the low degree of solids conversion in CCS applications [17].

5. Conclusions

A techno-economic investigation of a fluidized-bed calcium looping process for simul-
taneous thermochemical energy storage and CO2 capture at different scales is presented.
The process converts intermittent renewable heat produced in a CSP plant into dispatchable
energy while capturing CO2 from a nearby emitter. Thus, the cost is assessed through a
breakeven electricity selling price (BESP) when assuming a side revenue for the carbon
capture services provided to the nearby emitting plant. For comparison with other tech-
nologies, the results are also expressed as cost per CO2 captured and payback period (PBP).

The analysis implicates the investment costs of the reactors as the major costs for the
CaL process, and therefore, the overall costs of the process would not vary when handling
storage times larger than the ones studied here. For the base conditions investigated, the
calculated BESP ranges from 141 to −20 $/MWh for the size range of 50–1000 MW, while
the capture cost ranges from 45 to −27 $/tCO2-captured. A parametric study shows that
these values decrease with an increase in carbon price. For example, for a given case with a
BESP of 141 $/MWh, doubling the income associated with the CO2 captured yields a BESP
of 30 $/MWh. An increase of up to 0.5 in the degree of solids conversion in the carbonator
yields a significant decrease in the overall cost. The study also shows the importance of
further analysis and optimization when it comes to choosing the optimal conditions for the
reactors and the composition of the fluidization gas. The costs calculated in the present
work can be added to the cost estimations for thermal energy coming from the CSP units,
so as to evaluate the importance of the renewable heat input relative to the cost of the
CaL process. A sensitivity analysis shows that when the assumed cost for the CSP plant is
doubled, the BESP increases by 15% and the capture cost increases by 28%, indicating that
costs of the CaL reactors are more critical than those of the solar receiver equipment.
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Nomenclature

Ahx Heat exchanger area
C Capital cost
Csteel Cost of steel
C0 Cost of reference
CFi Cash flow in year i
Cp,i Heat capacity of compound i
Db Diameter of the bed
Dcyc Cyclone diameter
f Scaling parameter
Fi,in Mass flow of compound i entering the reactor
Fi,out Mass flow of compound i leaving the reactor
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IncomeCC Carbon capture-derived income
.

msteam Mass flow of steam
Pel: Electrical power
Pfluid Fluid pressure
Pgas Gas pressure
Qcalc Available heat input to the calciner
Qin Net heat input into the process
Qout Heat output
r Discount rate
S Equipment size
S0 Size of reference
tcharge Charging time
Treactor Temperature in the reactor
ug Gas velocity
vi Stoichiometric coefficient of reactant i
Vsteel Volume of steel
Wnet,charge Net power in charging mode
Wnet,dis Net power in discharging-only mode
Wturb Turbine work
xcalc Degree of solids conversion in the calciner
xcarb Degree of solids conversion in the carbonator
∆HR Reaction enthalpy
Φ Solids porosity, External heat flow
ηis Isentropic efficiency
ηT Total efficiency
ξ Extent of reaction

Abbreviations

BESP Breakeven electricity selling price
CaL Calcium looping
CCS Carbon capture and storage
CEPCI Chemical engineering plant cost index
CFB Circulating fluidized bed
ESP Electricity selling price
G-S Gas-solids
HX Heat exchanger
LCOE Levelized cost of electricity
NPV Net present value
O&M Operation and maintenance
PBP Payback period
S-S Solids-solids
TCES Thermochemical energy storage
USD United States dollar
VRE Variable renewable energy
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