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Abstract: Multi-objective (energy—economic-safety) assessment of ethyl acetate production involving
a heat pump is presented in this paper. The heat pump is designed to intensify ethyl acetate separation
and to reduce the total operating cost. Two ethyl acetate production pathways are upgraded using a
heat pump, conventional process and reactive distillation column with a separation unit. Detailed
process models including the heat pump environment have been compiled and optimized in the
Aspen Plus software. Both benefits and drawbacks of including the heat pump in the processes are
evaluated using three different points of view: process energy, economics, and safety. As a result,
using a heat pump is highly recommended in both conventional process and reactive distillation
column with a separation unit. As a higher level of process integration is achieved using a heat
pump, economic aspects are improved; however, safety aspects deteriorate. The final decision on
the suitability of using a heat pump depends on whether it is proposed for an existing plant, or a
completely new plant is designed. In a new plant, the concept of a thermally coupled process (reactive
distillation column with a stripper column) has been proven to be the most promising.

Keywords: reactive distillation; ethyl acetate; heat pump; process integration and intensification;
energy—economic—safety aspects

1. Introduction

A substantial part of global chemical production is made of organic solvents, the pro-
duction of esters being one of the key segments. Wide industrial application, reasonable
price, low toxicity and suitable properties of ethyl acetate as a solvent are known [1,2].
Therefore, the demand for ethyl acetate has steadily increased in recent years and its global
consumption is also expected to increase in the future. Consequently, it is essential to boost
ethyl acetate production. The approach to intensification of ethyl acetate production can be
based on streamlining and improving existing processes or on designing an alternative,
much more efficient, process compared to the conventionally used ones.

Three main chemical paths of ethyl acetate industrial production based on ethy-
lene acetylation, ethanol dehydrogenation and Fisher esterification are commonly used.
When considering economic and safety aspects, the first two paths have been appointed
as inappropriate [2]. On the other hand, esterification is much preferred considering the
availability of raw materials from renewable sources, applicability of different catalysts
and overall process economics. Moreover, the high potential for process intensification and
integration is assumed in case of direct Fisher esterification [3].

The most widespread commercial ethyl acetate production path using Fisher esterifica-
tion includes a continuous stirred tank reactor (CSTR) and a separation system. The task of
the separation system is to ensure sharp split of the products. Commonly, three distillation
columns including an azeotropic distillation column and a decanter are used [4,5]. Despite
several options for columns and recycles integration, this process is energy-intensive [6].
Moreover, a large amount of recycling is used due to the distillation boundary limitation
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and the equipment also has to be relatively large [5]. At present, the reduction in energy
consumption and improvement of process economics of ethyl acetate production is linked
with overcoming the limitations associated with the separation of equilibrium esterification
reaction products; in particular, separation of azeotropic mixtures formed during the pro-
duction process, distillation boundaries and by-product removal. All the above-mentioned
tasks can be challenged by implementing a well know process—reactive distillation (RD).
The concept of RD combining chemical reaction and separation in one unit has shown great
potential in the production of esters generally [3,4,7]. Consequently, industrial-scale plants
combining a reactive distillation column with a separation unit producing ethyl acetate can
be found all over the world [4,7].

1.1. Reactive Distillation Process Intensification and Integration

In general, further intensification and integration of the RD process can be achieved
by applying physical, chemical and mechanical methods [3,8]. In case of ethyl acetate
production, all three methods have been tested.

The separation can be enhanced by physical methods: the addition of selective sol-
vent (azeotropic reactive distillation [3], reactive extractive distillation [9]) or by changing
operation conditions (pressure-swing RD [4]). Chemical methods are based on employing
an auxiliary chemical reaction to remove the by-product of the main reaction while ob-
taining another valuable product. The main process chemical reaction and separation are
improved simultaneously (reactive distillation with an auxiliary chemical reaction [5,10]).
Mechanical ways of RD intensification are focused on the use of special internal equipment
of columns to ease the separation (reactive distillation with a dividing wall (RDWC) [11]
or reactive distillation with pervaporation (RDPV) [3,7]), which intensifies the chemical
reaction (special catalyst beds in case of a heterogeneous catalyst) [3,12]. Special attention
is given to integrated columns with strippers (RDS) [5], recompression of overheated
vapor, etc. [8,13]. A heat pump can be applied to upgraded both reactive distillation and
conventional distillation process at certain conditions [14].

1.2. Heat Pumps Integration

An obvious way to achieve energy integration is to couple the condenser and reboiler
as they represent the major source and sink of energy, respectively [14]. The condenser and
the reboiler can be connected by means of a heat pump (HP) to be energy efficient. Several
types of heat pumps using different mechanism are known considering their mechanism
which is commonly based on vapor compression, mechanical vapor recompression, thermal
vapor recompression, absorption and compression resorption [15]. The applicability of
individual HP type follows careful investigation of heat integration possibilities based on
the well-known Pinch analysis [16].

A specific fluid is used as a heat transfer medium running between the heat source
and sink in case of vapor compression HP (in Figure 1a) requiring a compressor to provide
external work input. The HP loop is closed by a throttle valve. Since all these elements
are external to the distillation process, the distillation column does not require major
modifications except for the adjustments in the heat exchangers due to the change in
utilities [14].

Instead of a specific fluid, column overhead vapor can be used as the heat carrier
medium fed directly to a compressor. The resulting configuration is referred to as the
mechanical vapor recompression heat pump (MVRHP) (Figure 1b), the overhead vapor
is compressed to a higher pressure to increase its temperature and energy content and
can be used as a heating medium in the column reboiler [17,18]; alternatively, the bottom
liquid is flashed in a valve and can be used to condense the overhead vapor. The MVRHP
performs well at small temperature difference between the overhead and bottom of the
distillation column (less than 20 °C) [14,19]. The MVRHP serves also as the condenser,
i.e., one heat exchanger is missing compared to the vapor compression HP. Moreover,
the MVRHP shows higher efficiency compared to the vapor compression HP. However,
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the MVRHP does not directly tackle the main drawback of the vapor compression HP: the
economic penalty of using an expensive compressor for large temperature lifts [14,15].
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Figure 1. Heat pumps schemes: (a) Vapor compression heat pump; (b) Mechanical vapor recompression heat pump. Stream
condition: green—liquid at boiling temperature; red—vapor-liquid mixture; purple—saturated/overheated vapor.

1.3. Current Trends of Heat Pump Application in Separation Processes

The concept of heat pump integration has been very intensely researched for various
systems, comprising both binary and ternary mixtures. Several heat pump applications
in separation processes discussed in recent literature are summarized in Table 1. Mostly,
Aspen Plus or Aspen Hysys are employed as robust and reliable computational tools
nowadays. Matlab can be employed for optimization calculations, as presented by Christo-
pher [20] or Feng [21]. Most studies focus on economic or coupled economic-environmental
optimization, in line with the current approach to industrial processes optimization de-
scribed by Dai [22] and Sharon [23], selecting total annual cost (TAC), annual operation
cost (AOC) and similar factors as economic indicators [24-27], while CO, emissions serve
as environmental performance indicator [28-30]. Other issues such as material efficiency
described by Parmar [31], thermal efficiency used by Feng [21], or process control designed
by Shi [30] are not often included in the optimization scheme. As documented in Table 1,
risk assessment was mentioned only by Parmar [31] and even there it is constrained on
heuristic evaluation only. The inclusion of quantitative risk assessment into multi-objective
optimization of industrial processes is a very recent topic (Ifaei [32]), and the effect of heat
pump integration into a process is not well explored.
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Table 1. Current state of research on heat pumps application.
. N Results, Comparison to
Study System Modeling Objectives Conventional Process Reference
Extractive distillation of TAC. cost of ener Energy carrier costs
Klauzner et al. (2020) isobutanol- Aspen Plus V9 ! Cc(;srri(;rg crey reduced by 56%, [24]
isobutyl acetate TAC reduced by 30.7%
o Bl el TG o, omposderrsed (1
- 2 , o/ 1 £
(2020) butanol-water emissions by 47%, higher TAC
Zhane et al Isopropanol-butanol- Annual operation cost
(20%0) ’ ethanol separation from Aspen Plus V10 TAC, CO, emissions decrease by 44%, 30.5% [26]
fermentation broth reduction in CO, emissions
Cong et al. Model binary and TAC, annual TAC and AOC savings with
(2018) ternary mixtures Aspen Plus V7.2 operating cost (AOC) different configurations 27]
Energy consumption, Best configuration achieved
Christopher et al. g Aspen Hysys + annualized energy consumption
(2017) Propane-propylene Matlab separation costs savings of 45% and ASC [20]
(ASC) saving of 20%
Energy consumption, Energy consumption
Parmar ot al Propane-propylene ropvlen ! reduction by 68%,
armar stat splitting in an Aspen Plus propy‘ene propylene recovery increase [31]
(2020) recovery, process o
Ethylene plant i by 3%, process safety
safety evaluated from experience
AOQOC savings of up to 60%
Long et al. Separation of R410A AOC, CO, and CO, emissions saving
(2019) and R22 Aspen Hysys V10 emissions of up to 58% in the best (28]
configuration
Operating costs reduction
Extractive distillation of TAC, operating costs, by over 90%,
Fe(r;gzeot)al. n-hexane and Asl\p;[iréll;l)u;()\{g;f * thermal TAC reduction by 7%, [21]
ethyl acetate efficiency thermal efficiency increased
by over 9%
55% reduction on TAC and
Duan and Li Extractive distillation of . 66% reduction in CO,
(2021) ethanol and ethyl acetate Aspen Plus V11 TAC, CO; emissions emissions possible with (29]
best configuration
Shi et al Extractive distillation of Genetic TAC, CO, emissions, TAC can be reduced by
’ ethanol and ethyl ) dynamic control over 7% and CO, emissions [30]
(2020) Algorithm . . o
acetate simulation by over 9%

The main goal of this paper is to assess the possibility of including a heat pump

(MVRHP) in selected ethyl acetate production processes as well as to assess the benefits
of such integration. Multi-objective (energy—economics—safety) assessment of primary
processes was performed in our previous work [5] and integration of a heat pump is
expected to lead to process intensification, significant energy savings and utility cost
reduction. Both benefits and drawbacks of including a heat pump in the process have
been evaluated using three different points of view: process energy, economics, and safety.
Consequently, the obtained results were compared with assessment results of primary
designed processes presented in our previous work [5]. Novelty of the proposed work can
be summed up as follows:

Improving designed ethyl acetate production processes;

Process integration and intensification using a heat pump;

Process integration: conventional process and reactive distillation;

Assessment of three different points of view—energy, economic, and safety aspects.

YYVY

1.4. Methodology

In our previous work [5], a total of four ethyl acetate production pathways were
designed and assessed considering energy, economic and safety indicators. The pathways
ranked according to the increasing level of integration were as follows: conventional
process, reactive distillation column with a separation unit, reactive distillation column
with a stripper column (RDS), and reactive distillation column with an auxiliary chemical
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reaction (RDAR). An overview of the pathways’ benefits and drawbacks is presented in
Table 2.

Table 2. Summary of ethyl acetate production pathways from our previous work [5]; number of main equipment, process
integration, benefits, drawbacks.

Conventional Process RD Colul.nn w1t¥1 a RDS RDAR
Separation Unit

number of main
equipment *

number of heat
exchangers

5 4 2 1

7 5 2 2

reactive distillation
stripper column

auxiliary reaction
fully integrated process
chemical reaction

process integration base process reactive distillation

heat integration yes yes thermal coupling synergy
the most
well know know principle promising
reactive the highest level fully integrated
well know distillation of integration and and intensified
benefits commonly used commonly used intensification process
capital savings capital savings capital savings
energy savings energy savings energy savings
another valuable
product
large plant complex hazardous
difficult fda ercantter reguIl)ation reactant
separation gels ream process linking complex
drawbacks decanter recyces tensi RD column and regulation
large stream cnergy mtensive stripper the need for
recycles sep ?raltlon large stream further research
energy intensive capital cost recycle multiple steady

capital cost

states

? reactor, decanter, distillation column and RD column including column environment.

In the first step, a detailed analysis was performed to identify possible connections
of the heat pump. Application of the MVRHP was preferred considering direct use of the
energy potential of existing streams. Moreover, no specific fluid is needed in contrary to
the vapor compression heat pump. As described in Section 1.2, the MVRHP can be used
effectively when temperature difference between bottom and top of the column is less than
20 °C. Considering this condition, all four ethyl acetate production pathways (in detail pre-
sented in [5] and summarized in Table 2) were analyzed and a column appropriate for heat
pump integration was selected. The column for pure ethyl acetate separation has proved
to be the most promising with the temperature difference between top and bottom of the
column of approximately 7 °C [5]. This column was used both in the conventional process
(Figure 2) as well as in the reactive distillation process with a separation unit (Figure 3). An-
other reason for choosing this column is that the most energy-intensive equipment in both
processes (production via conventional process set-up—Figure 2, production via reactive
distillation column with a separation unit—Figure 3). Despite the possibility of using HP
in RDS (Appendix A, Figure A1), this variant was omitted as RDS itself uses the principle
of thermal coupling. Finally, the RDAR process was also excluded from this study because
there is no potential for implementing a HP. Consequently, two ethyl acetate production
paths including an MVRHP have been designed: conventional process (Figure 2) and RD
column with a separation unit (Figure 3). The MVRHP was designed in a column for the
separation of pure ethyl acetate (column C2 in Figure 2 or Figure 3, respectively).
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Figure 2. Ethyl acetate production via conventional process set-up adapted from our previous work [5]. Stream condition: blue—subcooled liquid; green—liquid at boiling temperature;
red—vapor-liquid mixture. Cl—azeotropic distillation column; C2, C3—distillation columns; C4—decanter; CSTR—continuous stirred tank reactor; EX1-7—heat exchangers.
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Figure 3. Ethyl acetate production via reactive distillation column with a separation unit adapted from our previous work [5]. Stream condition: blue—subcooled liquid; green—liquid at
boiling temperature; red—vapor-liquid mixture. C1-RD—reactive distillation column; C2, C3—distillation columns; C4—decanter; EX1-5—heat exchangers.
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1.4.1. Sustainability Indicators

The effect of including a heat pump was monitored via several indicators including
energy, economics, and safety aspects using the same approach as that described in our
previous work in more details [5].

Process energy intensity is quantified by specific energy consumption (SEC) [4-6].
Efficiency of the HP is described by a coefficient of performance (COP) [26] defined by
Equation (1):

Q T
COP = W T T 1)

Representing the ratio of the heat required by the corresponding distillation column
(Q) to the electric work required by compressor (W). T¢c and Ty are temperatures of
column condenser and reboiler, respectively [14,26]. Consequently, at COP of above 10,
an HP is highly recommended; COP below 5 indicates no benefits of using an HP. Further,
HP efficiency is evaluated via the energy saving rate of the column with HP compared to
the original column. This is defined as primary energy savings (PES) [14], Equation (2).

w
PES = (1 — ’g) 100% 2)

nQ

The PES value considers reference efficiency of both electricity (7g) and heat pro-
duction (7). The reference efficiency is depended on a fuel source (coal, wood, natural
gas, etc.) which is used to produce electricity or heat, respectively. The exact value is
determined by a government directive [33].

Economic aspects were evaluated by total production cost (TPC) including total annual
cost (TAC); total capital cost (TCC) and pay-back period [26,34]. The profitability of HP
use was monitored by pay-back period compared to the results obtained in [5].

Safety evaluation was based on the Chemical Process Quantitative Risk Analysis,
performing individual risk estimation for all case studies. The effect of the heat pump
inclusion on the individual risk was monitored; original processes adopted from our
previous work [5] were compared to the processes designed in this work (including HP).
Individual risk was assessed as a function of distance (individual risk profiles) as described
in [5,35] in more details.

2. Process Modeling
2.1. Chemical System Description

Typically, the esterification process includes four compounds: alcohol, acid, ester,
and water. In this work, ethanol (EtOH), acetic acid (AA), ethyl acetate (EtAc), and water
(H,O) were employed. Phase equilibria of this quaternary system have been studied ex-
tensively [6,9,36,37] and its non-ideality is well known. Four azeotropes are reported
in literature [36,38] and databases [39] in total: one homogeneous ternary azeotrope
(EtAc—EtOH—H,0), one heterogeneous binary azeotrope (EtAc—H,0) and two homo-
geneous binary azeotropes (EtOH—H,0O, EtOH—EtAc). In case of acetic acid, there is
no azeotrope with any of the present compounds; however, it is known for its strong
association in the vapor phase and for dimer formation [40]. Thus, a reliable thermody-
namic model able to describe two liquid phases, azeotropic mixtures composition and
boiling points, and dimerization in the vapor phase is required. Correct prediction of vapor-
liquid-liquid phase equilibria (VLLE) for such non-ideal system can be obtained using the
NRTL-HOC thermodynamic model [39,40], which has been proven relevant in [3,9,11,37]
providing good agreement of simulation results and experimental data. Furthermore, reli-
able parameters of the NRTL-HOC model are included in widely used databases (Aspen
Plus [39], DECHEMA, NIST).

Modeling of the esterification chemical reaction is based on our previous work [5],
where details about reaction catalysis type, achievable conversion, reaction rate and indus-
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trial application were discussed. Homogeneous catalysis using sulfuric acid was assumed,
Equation (3) with the reaction rate (r [kmol m~3s71]) expressed by Equation (4) [5,10,12].
As the reaction occurs in the liquid phase; liquid phase molar concentrations (C [kmol m~3])
were used neglecting the low sulfuric acid catalyst concentration [4,9] in the phase equilib-
ria calculation.

o)
H3C—< + HO™ CHy —= — H3C/U\ “ch, T H0
OH

acetic acid ethanol ethyl acetate water

®)

41,868
RT

41,868
RT

= 28 x 10* exp(— )cAAcEtOH—7.1 X 103exp(— )CHZOCHAC (4)

2.2. Equipment Model

Aspen Plus simulation environment (Aspen Plus V12, Aspen Technology Inc., Bed-
ford, MA, USA) was used for process simulation. Four main types of equipment model
were employed: chemical reactor, heat exchanger, distillation/reactive distillation column
and compressor.

Continuous stirred tank reactor (CSTR) with ideal mixing along with rate-controlled
chemical reaction based on known kinetics was assumed as the chemical reactor model.
The reactor was designed as an adiabatic one. The desired conversion was achieved by
optimizing the reactor’s residence time parameter. The occurrence of the esterification
Reaction (3) in liquid phase and the chemical reaction rate Expression (4) were specified
as inputs.

Build-in Aspen Plus models Heater and HeatX were used for heat exchangers simu-
lation. A shortcut set-up was applied to reach the desired stream temperature. Detailed
design of the heat exchanger was assumed in case of process heat exchangers using heat
integration. In all heat exchangers, minimum temperature driving force was set to 10 °C.

Distillation and reactive distillation processes were simulated using the rigorous
RadFrac model. This model allows both equilibrium (EQ) stage and non-equilibrium
(NEQ) stage approach. In this work, the NEQ stage model was used for each column.
As this model is more complex, much more reliable parameters compared to the EQ
stage model [5] are required and convergence problems often occur. This problem can
be overcome by building the EQ stage model of each column first to use its results as a
very good initial guess of stage temperature, liquid phase composition and vapor phase
composition for the NEQ stage model [37,41]. Initial column parameters such as the
number of theoretical stages (N), reactive zone (Ng), feed stage position (f), reflux ratio (R),
column type and internals were adopted from literature [4,5].

According to the simulation-experimental papers [11,37], packed columns were se-
lected using Rashig Ralu-Ring packing type. Mass and heat transfer were calculated using
selected packing appropriated correlation methods [39]. Column hydraulics was simulated
by Aspen Plus built-in hydraulic function assuming correlation for the Rashig Ralu-Ring
packing type. Reasonable column hydraulics, pressure drop and approach to flooding were
designed by setting the internal column parameters (internal column diameter (d), packing
height (H), packing dimensions). In case of reactive distillation columns, esterification
chemical reaction (3) was allowed in the reactive zone (NR); its reaction rate is expressed by
Equation (4). The reactive zone was determined by acetic acid as a homogeneous catalyst
(sulfuric acid) was fed to the column together with acetic acid [10,41].

A compressor was modeled applying Aspen Plus build-in model using the isentropic
GPSA method [42]. The compression process non-ideality was described via efficiencies;
recommended estimates were obtained from the literature [43]. Isentropic efficiency and
mechanical efficiency were set to be 0.8 and 0.9, respectively. The compressor discharge
pressure was set as outlet specification, outlet pressure was adjusted to achieve a suitable
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overhead vapors condensation temperature and the required heating duty of the column
reboiler. The total medium flow in the heat pump subsystem was also affected by the
compressor discharge pressure and the required network (W) was monitored as an energy
consumption indicator.

2.3. Simulation Goals and Design Specifications

The simulation strategy is aimed at improving the known ethyl acetate production
pathways using a heat pump. The base model concept of conventional production path
and reactive distillation column with a separation unit (system) were adopted from our
previous work [5]. Separation column for pure ethyl acetate was supplemented with a heat
pump to reduce energy consumption of the most energy-intensive step, separation of pure
ethyl acetate. Moreover, further process and heat integration were achieved. The influence
of using a heat pump on energy-economic-safety indicators was monitored.

Equimolar raw material input (10 kmol h~! of both AA and EtOH); inlet and outlet
streams temperature of 25 °C; and atmospheric pressure were set as initial input specifi-
cations. Production of 10 kmol h~! of pure ethyl acetate (99.9 mol.%), full EtAc recovery
and total conversion of reactants (EtOH and AA) were targeted as design specifications.
Additionally, separation of pure water (esterification reaction by-product) was considered.
The process and equipment parameters were optimized while maintaining all the above-
mentioned design specifications fixed. Optimization was based on vapor flows minimizing
in the individual columns.

3. Simulation Results

In general, when adjusting a distillation column model to using a mechanical vapor
recompression heat pump, the column condenser is removed, a compressor, an overhead
vapor flash separator and throttle valve are added, and the column reboiler is modified
to use overheated column vapor as heating medium (Figure 1b). The presence of an
MVRHP can change the flows in the system and changing the column dimensions is
sometimes necessary.

3.1. MVRHP in Conventional Process

The conventional ethyl acetate production process, described in detail in our previous
work [5], is depicted in Figure 2. This set-up consists of five key equipment units. Esterifi-
cation reaction proceeds in a CSTR reactor, which is followed by an azeotropic distillation
column, decanter and two conventional columns. For better illustration, a material balance
is presented in Appendix B, Table Al. A column separating pure ethyl acetate was selected
for MVRHP implementation (column C2 in Figure 2). The column feed (stream 14 in
Figure 2) was composed of ethyl acetate, ethanol and water. Molar flow of the bottom
product was 20 kmol h=1 (1.76 th™1) of pure EtAc (stream 17 in Figure 2). The stream 17
was divided: 10 kmol h~! as a final product (stream 19 in Figure 2) and 10 kmol h™!
as an azeotropic distillation entrainer (stream 18 in Figure 2—recirculated back to the
azeotropic distillation column C1). Molar flow of distillate was 21.21 kmol h=1(1.28th™1)
of nearly azeotropic mixture of EtAc-EtOH-H,O (stream 15 in Figure 2). Despite relatively
small product flows, column internal vapor and liquid flows were large due to the reflux
ratio (R = 5) caused by the separation requirements. Consequently, packed column with
internal diameter of 1.2 m and the total of two packing sections height of 3.5 m was used.
The column packing approach to flood was less than 60% [5]. Thus, there is a possibility
of further increasing the flow rates in the column without compromising its functionality,
which is important when designing an MVRHP for an existing column.

Modified conventional ethyl acetate production process with an MVRHP is depicted in
Figure 4. Column C2 was adapted; column condenser removed; compressor K1, flash sepa-
rators C2-1 and C2-2, throttle valve VLV1, and cooler EX9 were added; column reboiler
EX8 was modified. Column C2 tower is the same whether it is in conventional process
without (Figure 2) or with an MVRHP (Figure 4). All other equipment (azeotropic dis-
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tillation column C1, CSTR, distillation column C3, decanter C4, heat exchangers) were
unchanged. The identical part of material balance of the conventional process (Figure 2)
and the conventional process with an MVRHP (Figure 4) is presented in Appendix B,
Table Al. Material balance of the designed MVRHP subsystem (column C2 environment in
Figure 4) is presented in Appendix B, Table A2.

Compressor K1 discharge pressure is the key design parameter of the MVRHP. Various
compressor discharge pressures were tested. Lower bound was determined through
minimal reboiler (EX8 in Figure 4) temperature. Temperature difference between liquid
at boiling point from the column C2 bottom (stream 34 in Figure 4) and condensing
temperature of overheated vapors from compressor K1 (stream 39 in Figure 4) has to be at
least 10 °C. Consequently, minimal compressor K1 discharge pressure is 158 kPa when the
column is operated at atmospheric pressure. Discharge pressure equivalent to compression
ratio of 3 was assumed as the upper bound. In addition, higher discharge pressure values
are not suitable as film boiling can occur in the column reboiler. The final choice of
compressor outlet pressure was based on achieving appropriate flow rates through the
column (using an existing column adapted from our previous work [5] was assumed) and
sufficient reboiler heat flux to ensure separation quality as required. Then, the MVRHP
subsystem pressure was selected to be 250 kPa. The effect of MVRPH on various vapor
flows in column C2 is demonstrated in Figure 5 showing that column flow rates increased
by 10% approximately. However, no higher approach to flood than 82% was observed.
Therefore, the MVRHP can be applied effectively in an existing column designed with
some margin considering process intensification.

Energetic aspects of involving an MVRHP are discussed in Section 4.1 in more details.

3.2. MVRHP in RD Column with a Separation Unit

The ethyl acetate production process based on reactive distillation column with a
separation unit is depicted in Figure 3. This set-up consists of a reactive distillation column,
decanter and two conventional columns. For better illustration, a material balance is
presented in Appendix B, Table A3. Even in this case, a column separating pure ethyl
acetate was selected for MVRHP implementation (column C2 in Figure 3). Column C2
was operated similarly as that in the conventional process (column C2 in Figure 2) with
its feed (stream 5 in Figure 3) composed of ethyl acetate, ethanol, and water. Molar flow
of the bottom product was 10 kmol h=1(0.88th™1) of pure EtAc (stream 11 in Figure 3)
and that of the distillate was 30.59 kmol h~! (1.85 t h!) of nearly azeotropic mixture of
EtAc-EtOH-H,O (stream 6 in Figure 3). The C2 column internal vapor and liquid flows
were large due to the separation requirements. Consequently, vapor flows were 1.4 time
higher than those in column C2 in Figure 2; column diameter was increased to 1.3 m.
Accordingly, reasonable column hydraulics were achieved (approach to flood less than
65%) [5]. Therefore, an MVRHP can be used directly in this column (Figure 3).
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Figure 4. Ethyl acetate production via conventional process set-up with an MVRHP. Stream condition: blue—subcooled liquid; green—liquid at boiling temperature; red—vapor-
liquid mixture; purple—saturated/overheated vapor. Cl—azeotropic distillation column; C2, C3—distillation columns; C2-1,2—flash separators; C4—decanter; K1—compressor;
CSTR—continuous stirred tank reactor; EX1-9—heat exchangers; VLV1—throttle valve.
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Figure 5. Ethyl acetate separation column flow rate profiles; diamonds—conventional process
(column C2 in Figure 2); circles—conventional process with an MVRHP (column C2 in Figure 4);
blue—liquid flow; red—vapor flow.

A modified reactive distillation column with a separation unit and an MVRHP is
depicted in Figure 6. Column C2 was modified similarly as described in Section 3.1.
All other equipment (reactive distillation column C1-RD, distillation column C3, tower of
distillation column C2, decanter C4, heat exchangers) were unchanged compared to the
configuration in Figure 3. The MVRPH subsystem in Figure 6 is composed of compressor
K1, flash separators C2-1 and C2-2, cooler EX7, reboiler EX6 and throttle valve VLV1.
The mass balance of the RD column with a separation unit and an MVRHP (Figure 6) is
presented in Appendix B, Table A2. The part identical with the RD column with a separation
unit (Figure 3) is presented in Appendix B, Table A3. The MVRHP subsystem (column C2
environment in Figure 6) material balance is provided in Appendix B, Table A4.

Compressor K1 (Figure 6) discharge pressure is the key design parameter of the
MVRHP same as in the case of the conventional process with an MVRHP (Figure 4).
The MVRHP operating parameters (discharge pressure, reboiler temperature difference,
flow rates) were designed in the same way as described in Section 3.1. Similar results were
obtained due to the similar column operation conditions and specifications (product purity).
Consequently, the compressor discharge pressure was set to 250 kPa. Due to the inclusion of
a heat pump, flow rates in column C2 in Figure 6 increased by 6% approximately compared
to column C2 in Figure 4. An approach to flood of 78% is reached.

Effect of the MVRHP on energetic aspects is discussed in Section 4.1 in more details.
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Figure 6. Ethyl acetate production via reactive distillation column with a separation unit and an MVRHP. Stream condition: blue—subcooled liquid; green—liquid at boiling temperature;
red—vapor-liquid mixture; purple—saturated/overheated vapor. C1-RD—reactive distillation column; C2, C3—distillation columns; C2-1,2—flash separators; C4—decanter; K1—

compressor; EX1-7—heat exchangers; VLV1—throttle valve.
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4. Discussion
4.1. Heat Pump Effect on Process Energy Intensity

Energy consumption of individual equipment units for four processes (conventional
process—Figure 2, RD column with a separation unit—Figure 3, conventional process with
an MVRHP—Figure 4 and RD column with a separation unit and an MVRHP—Figure 6)

were calculated based on the simulation results. Reboiler duty (QW), condenser duty (Qc),
compressor required network (W) and cooling duty of heat exchangers including heat
integration were evaluated. The sum of required heating or cooling duties, except for heat
integration and compressor network, is included in overall energy consumption (OEC)
which is normalized to the specific energy consumption (SEC) related to the production of
one ton of pure EtAc. A detailed summary of energy requirements is listed in Table 3.

Significant changes of heating and cooling demands occurred when using the MVRHP
(Table 3). The changes can be divided into three parts: MVRHP efficiency assessment;
heating demands—column reboiler, and cooling demands—column condenser.

The MVRHP potential in energy saving is assessed by COP and PES. COP is calculated
by Equation (1). The heat required by the corresponding distillation column (column C2
in the conventional process or C2 in the RD column with a separation unit, respectively);
electric work required by the compressor (K1 in the conventional process with an MVRHP
or K1 in the RD column with a separation unit and an MVRHP) were taken from Table 3.
Primary energy savings (PES) were calculated by Equation (2). Natural gas was assumed
to be the primary source for both reference efficiency of electricity (7¢) and heat (1)
production; g = 0.525; o = 0.90 [33]; the results are listed in Table 4. As described in
Section 1.4.1, if COP is higher than 5, the MVRHP application is recommended. Moreover,
PES of up to 80% are achieved in both designed MVRHPs. Consequently, evaluated
indicators show that the designed MVRHP is suitable in both the conventional process
(Figure 4) as well as the RD column with a separation unit (Figure 6).

When using an MVRHDP, a change of the heating medium is required: steam is replaced
by compressed overheated vapor as the heating medium for the distillation column C2
reboiler (EX8 in Figure 4 and EX6 in Figure 6). Therefore, it is necessary to adjust the reboiler
of column C2. The heat exchange area (A) of the reboiler is increased as the overall heat
transfer coefficient decreases in case of using overheated vapors instead of steam. Another
important parameter affecting the required reboiler heat exchange area is compressor
discharge pressure. Overheated vapor temperature and its total flow are dependent on the
compressor discharge pressure. Consequently, the required heat exchange area changes
according to the overheated vapor energy content, as depicted in Figure 7.

Increasing the compressor discharge pressure leads to rapid decrease in A. However,
as it is explained in Section 3.1, a reasonable value of the compressor discharge pressure
is 250 kPa. Fortunately, as shown in Figure 7, if discharge pressure is increased above
250 kPa, only small reduction in A is achieved. Consequently, the column C2 reboiler
heat transfer area increased from 24.0 m? (conventional process in Figure 2) to 88.4 m?
(conventional process with an MVRHP in Figure 4). In case of RD column with a separation
unit (Figure 3), the column C2 reboiler heat transfer area increased from 33.2 m? to 114.6 m?
(RD column with a separation unit and an MVRHP in Figure 6).
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Table 3. Energy requirements and the number of equipment units for designed ethyl acetate production pathways.

Conventional Process

Conventional Process with an MVRHP RD Column with a Separation Unit

RD Column with a Separation

Unit and an MVRHP
(Figure 6)
Equipment Qc [kW] Qc [kW] Qc [kW] Qc [kW] Qw [kW]
C1/C1-RD 1135.23 1135.23 676.69 676.69 703.86
C2 1212.97 - 1750.31 - -
K1 - - - - 197.34 ¢
C3 502.97 502.97 323.10 323.10 361.93
C4 0.85 0.85 8.07 8.07 -
EX1 25.014 25.014 31.04° 31.04° -
EX2 133.75 133.75 28.61 28.61 -
EX3 31.04° 33.81° 77704 77704 -
EX4 13.73 ¢ 13.73 ¢ 27.83 27.83 -
EX5 131.317 131.31° 25.89 25.89 -
EX6 3.10 3.10 - - 1763.88 *
EX7 25.85 25.85 - 154.48 -
EX8 - - - - -
EX9 - 81.24 - - -
OEC 3014.72 1882.99 2840.50 1244.67 1065.79
SEC [kWh t =1 gia.] 3424.69 2139.06 3226.77 1413.93 1210.73
Number of main equipment units 4+K1
Number of heat exchangers 7

“ heat integration—no external energy source is required, ? column C2 reboiler—heat pump, ¢ compressor network required.
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Table 4. Efficiency indicators of designed MVRHP.

Conventional Process with RD Column with a Separation Unit and
an MVRHP (Figure 4) an MVRHP (Figure 6)

COP 8.36 8.92
PES [%] 79.49 80.78
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Figure 7. Effect of compressor discharge pressure on the required column reboiler heat exchanger
area; blue circles—conventional process with an MVRHP (Figure 4), red diamond—RD with a
separation unit and an MVRHP (Figure 6).

Despite the increase in the reboiler heat transfer area, the main benefit of the MVRHP
concept is reflected in the reduction in external heat duty required. The conventional
process (Figure 2) requires heat duty of 2998.48 kW; the conventional process with an
MVRHP (Figure 4) requires heat duty of 1730.54 kW and compressor network of 151.67 kW
(Table 3). Thus, energy savings of up to 42.3% just in heating demands can be achieved
when an MVRHP is used. The RD column with a separation unit (Figure 3) requires heat
duty of 2825.74 kW, while the RD column with a separation unit and an MVRHP (Figure 6)
requires heating duty of 1065.79 kW and compressor network of 197.34 kW (Table 3).
Thus, heating demands can be decreased by up to 62.3% as it is depicted in Figure 8.
The compressor network consumption is reflected in increased electricity consumption,
which is evaluated within the process economics in Section 4.2.

A large column condenser is not needed when using an MVRHP (Figure 1b) and only
a small air cooler is used to remove waste heat (heat exchanger EX9 in the conventional
process with an MVRHP in Figure 4; heat exchanger EX7 in the RD column with a separa-
tion unit and an MVRHP in Figure 6. Cooling duty of air cooler EX9 is only 6.7% compared
to the condenser of column C2 in the conventional process (Table 3) and of air cooler EX7 it
is only 8.9% compared to the condenser of column C2 in the RD column with a separation
unit (Table 3). Consequently, large amount of cooling duty can be saved. When using an
MVRHP, cooling duty savings of up to 37.5% (conventional process with an MVRHP in
Figure 4) and up to 56.2% (RD column with a separation unit with an MVRHP in Figure 6)
can be achieved. The MVRHP effect on overall cooling duty is depicted in Figure 8.
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Figure 8. MVRHP effect on overall energy requirements; 1—conventional process (Figure 2),
2—conventional process with an MVRHP (Figure 4), 3—RD column with a separation unit (Figure 3),
4—RD column with a separation unit and an MVRHP (Figure 6).

4.2. Heat pump Effect on Process Economics

Economic evaluation of the designed processes was based on optimized simulations
results presented in Sections 3 and 4.1. Commodity prices were selected according to
market survey [44-46]. Prices of reactants and product were chosen as a long-term average.
Energy utilities (electricity, cooling water and steam) costs were obtained from Aspen
Plus database [39]. These utility costs correspond with actual prices including taxes and
emission charges [47]. A summary of all prices is listed in Table 5.

Table 5. Prices of raw materials, products, and energy used in economic evaluation.

Raw Materials References
EtOH 800 USD ¢! [44,45]
AA 400 uUsDt! [44]
Products

EtAc 1300 UsD t! [46]
Energy [39,47]
Electricity 0.0775 USD kWh!

Cooling water 0.0317 USD m~3

Steam (0.7 MPa) 0.0179 USD kg~!

Equipment cost, except for compressor, was calculated by the Aspen Plus Economic
Analyzer software [39]. As rate-based modeling was applied, equipment dimensions and
set-up are known. Also, special column configuration, distillation column with an MVRHP,
has been introduced. Consequently, individual mapping and sizing of each equipment
unit was done. The compressor cost was estimated by the index method recommended by
Chemical Process Equipment Selection and Design [43]. Detailed individual equipment
cost as well as installed cost are listed in Appendix B, Table A5. When an MVRHP was
used, the total equipment cost increased compared to processes without HP by 11.4% in
case of conventional process with an MVRHP (Figure 4), by 13.5% in case of RD column
with a separation unit and an MVRHP (Figure 6). The trend is shown in Figure 9.
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Utilities consumption was calculated based on energy requirements of individual
ethyl acetate production pathways (Table 3). Subsequently, utility rate and cost on hourly
basis were calculated and the results are listed in Table 6. The MVRHP effect on total utility
cost (mil. USD year~!) trend is depicted in Figure 9.
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Figure 9. MVRHP effect on total equipment cost and total utility cost; 1—conventional process (Figure 2), 2—conventional

process with an MVRHP (Figure 4), 3—RD column with a separation unit (Figure 3), 4—RD column with a separation unit

and an MVRHP (Figure 6).

The conventional process (Figure 2) is the most energy-intensive, which is reflected in
steam and cooling water consumption. The steam consumption is 5.2 t h~!; cooling water
consumption is 233 m3 h~! and electricity consumption is 104 kW. When an MVRHP is
used in the conventional process (Figure 4), the steam consumption decreases by 42.3%,
and cooling water consumption decreases by 40.2%; however, electricity consumption
increases 3.4 times. This is caused by the inclusion of a compressor as steam consumption is
replaced by electricity. Based on utility prices listed in Table 5, hourly cost for all consumed
energy decreases by 21.5% when an MVRHP is used in the conventional process (Figure 4).

An RD column with a separation unit (Figure 3) is slightly less energy-intensive
compared to the conventional process (Figure 2) because of process integration and in-
tensification via reactive distillation. Consequently, when an MVRHP is used in the RD
column with a separation unit (Figure 6), the followings saving compared to the original
RD column with a separation unit (Figure 3) are achieved: steam consumption decreases
by 62.3%; cooling water consumption decreases by 61.6%, but electricity consumption
increases 5.9 times. Finally, hourly price rate for consumed energy decreases by 37.1%.
Detailed numbers are presented in Table 6; the trend is depicted in Figure 9.

As it can be seen from Table 6 and Figure 9, the MVRHP configuration reduces the
energy consumption significantly, which has a direct positive effect on the environment
as well as the amount of greenhouse gases produced. However, in case of CO, emissions,
a compressor can produce much more CO, emissions than a reboiler with the same energy
consumption (kW). Therefore, CO, emission estimation was included in the presented
work. In the CO, emission estimation model used electricity was assumed to be imported
to the plant from the electricity producer and distributor. Heat (0.7 MPa steam) is produced
directly at the plant. To generate saturated steam, a steam boiler with the overall efficiency
of 93.5% was used. The composition of natural gas and its physical properties were
adopted from the main natural gas distributor—SPP, a.s. The amount of natural burnt
was estimated using material and energy balances. The CO2 emission factor used in the
estimation was 55.68 kgcop GJ !, calorific value was 34.89 MJ m~2 and the oxidation
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factor was assumed to be 1. Total CO, emissions were estimated by multiplying fuel
consumption by an emission factor, net calorific value and an oxidation factor. The average
CO; emission factor of electricity generation was adopted from information provided
by the Ministry of Environment of the Slovak Republic. The value of emission factor is
166.87 kg MWh !, which is slightly lower than European Union average (due to high share
of nuclear to total energy consumption in electricity generation in the Slovak Republic).
The CO, emissions were estimated based on multiplication of electricity consumption and
the CO, emission factor.

The calculated CO, emissions are conventional process (Figure 2)—6974.3 t year !,
conventional process with an MVRHP (Figure 4)—4421.9 t year~!, RD column with a
separation unit (Figure 3)—6519.8 t year !, and an RD column with a separation unit and
an MVRHP (Figure 6)—2899.2 t year’l. From the above values follows that the presence of
MVRHP (conventional process with an MVRHP in Figure 4, RD column with a separation
unit and an MVRHP in Figure 6), significantly reduces CO, emissions compared to the
original processes (conventional process with an MVRHP in comparison with conventional
process, CO, production was reduced by around 37%; RD column with a separation unit
and an MVRHP in comparison with RD column with a separation unit, CO, production
was reduced by around 56%).

The presented CO, emission estimation is illustrative, and it was used to compare
CO; production by alternative processes. There are several possibilities of reducing CO,
emissions and of optimizing the process of combined heat and electricity production
and/or replacing fossil fuels with biomass.

To complete the economic analysis, total capital costs, total annual costs, total raw
material costs, and product sales were calculated. An annual work fund of 340 days and a
return rate of 20% per year were assumed. Total raw materials cost (5.46 mil. USD year~!)
and total product sales (10.27 mil. USD year ') are identical for all four compared pathways
and the results are summarized in Table 7. When an MVRHP is present (conventional
process with an MVRHP in Figure 4, RD column with a separation unit and an MVRHP
in Figure 6), the capital costs increase by around 12% compared to the original processes
(conventional process in Figure 2, RD column with a separation unit in Figure 3). On the
other hand, the total annual costs decrease due to the MVRHP implementation as processes
energy requirements decrease (explained in Section 4.1).

Finally, a simple payback period was calculated: an initial two year-period of project
feasibility and preparation (projecting, building, licensing, etc.) was included. When using
an MVRHDP, the simple payback period is reduced by approximately one year in both
conventional process and RD column with a separation unit.

4.3. Heat Pump Effect on Chemical Process Safety

Overall safety analysis in this work is based on the Chemical Process Quantitative
Risk Analysis. To evaluate and compare safety aspects of the presented alternatives,
individual risk estimation was performed for each presented case study. For each type
of units, a predefined set of representative incidents was prepared. The final choice
of incidents is complex and requires judgment from an analyst; therefore, three main
factors were taken into consideration: size of the release, state of released material (liquid,
vapor) and character of the release (instantaneous or continuous—more detail in [5]).
Fault tree probabilities were adjusted based on recommendation from [48]. Consequence
modeling was performed using standard (and widely used) software system ALOHA (The
Areal Location of Hazardous Atmospheres) provided by the US Environmental Protection
Agency. Probabilities of individual representative atmospheric conditions were adopted
from data provided by the Slovak Hydrometeorological Institute.
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Table 6. Comparison of utility consumption: originally designed processes and processes using MVRHP.

Conventional Process Conventional Process withan MVRHP  RD Column with a Separation Unit RD column with a Separation Unit
and an MVRHP
(Figure 2) (Figure 4) (Figure 3) (Figure 6)
Price Price Price Price
Rate [USD h~1] Rate [USD h~1] Rate [USD h~1] Rate [USD h—1]
Electricity [kW] 104.2 8.1 351.5 27.2 58.1 4.5 345.1 26.8
Cooling water [m® h—1] 233.1 74 139.3 44 219.4 7.0 85.0 2.7
Steam (0.7 MPa) [kg h—] 5220.0 93.7 3012.7 54.1 4920.7 88.3 1856.0 33.3
Table 7. MVRHP effect on total annual costs of designed processes.
C tional P Conventional Process RD Column with a RD Column with a Separation
onventional Trocess with an MVRHP Separation Unit Unit and an MVRHP
(Figure 2) (Figure 4) (Figure 3) (Figure 6)

Total capital cost [mil. USD] 9.91 11.19 8.84 10.21

Total installed cost [mil. USD] 3.74 422 3.33 3.85

Total annual cost [mil. USD year~1] 9.15 8.88 9.04 8.61

Total raw materials cost [mil. USD year—!] 5.46 5.46 5.46 5.46

Total product sales [mil. USD year~1] 10.27 10.27 10.27 10.27

Total utilities cost [mil. USD year—'] 0.89 0.70 0.81 0.51

Pay-back period [year] 10.86 10.02 9.19 8.13

Total production cost [USD t—1] 1273.9 1264.8 1266.1 1248.2
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Results of individual risk estimation for the presented case studies are depicted in
Figure 10. To compare all investigated case studies, individual risk is presented in form of
risk profiles as a function of distance. Based on the risk profiles, it is possible to conclude
that, implementing an MVRHP increases the individual risk of processes. This conclusion
was expected because, as MVRHP is included, the compressor, flash separators, throttle
valve, cooler and increased number of pipelines have to be taken into account when
preparing the set of representative incidents.

Figure 11 compares individual risk of fatality in various equipment types for a con-
ventional process without (Figure 11a) and with (Figure 11b) an MVRHP. The increase in
individual risk of fatality in processes with an MVRHP is due to the compressor (green
line in Figure 11b only), higher number of heat exchangers (red lines in Figure 11), higher
number of pipelines (purple lines in Figure 11), as well as the increase in the amount of
saturated /overheated vapor recirculated in the system. The same conclusions would result
from a comparison of the individual risk of fatality for an RD column with a separation
unit without (Figure 3) and with an MVRHP (Figure 6). Considering the boundary of
acceptable risk, 1 x 107> year~! for existing plants (Table 8), the least suitable set-up is
the RD column with a separator unit and an MVRHP due to high flow rates through the
columns and the simultaneous MVRHP integration.

T T T T

== Conventional process
== Conventional process with an MVRHP
RD column with a separation unit
== RD column with a separation unit and an MVRHP
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Distance from the center of the plant (m)

Figure 10. Individual risk of fatality estimation for presented case studies.
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Figure 11. Individual risk of fatality grouped by equipment types: (a) conventional process (Figure 2); (b) conventional
process with an MVRHP (Figure 4).

Table 8. Distance from the center of the individual case studies below which the individual risk of fatality is lower than

1073 resp. 10~* year~ 1.

Individual Risk 10—4 Year—!
Distance from the Center [m]

Individual Risk 105 Year—!
Distance from the Center [m]

Conventional process (Figure 2)
RD column with separation unit (Figure 3)
Conventional process with an MVRHP (Figure 4)
RD column with separation unit and an MVRHP

122 95
166 59
155 103
222 131

(Figure 6)

4.4. Overall Heat Pump Application Assessment

The MVRHP application benefits are clearly shown in improved process energy
effectivity and economics as described in Sections 4.1 and 4.2. Despite the total capital
cost increase due to process changes and compressor price, energy consumption, the total
annual cost and pay-back period are reduced in both conventional process with an MVRHP
(Figure 4) and RD column with separation unit and an MVRHP (Figure 6) compared to the
originally designed processes (Table 7).

From the energy and economic point of view, the RD column with a separation unit
and an MVRHP (Figure 6) is the best alternative for ethyl acetate production among the
assessed ones (conventional process in Figure 2, conventional process with an MVRHP in
Figure 4 and RD column with a separation unit in Figure 3). On the other hand, process
intensification and integration using an MVRHP had serious effect on individual risk as
described in Section 4.3. From the safety point of view, the RD column with a separation unit
and an MVRHP (Figure 6) is the least suitable set-up because the individual risk of fatality
is higher for all monitored distances from the idealized center of the plant. Nevertheless,
based on the results of this work, the MVRHP application is highly recommended to
improve existing ethyl acetate production processes/plants involving conventional path
(Figure 2) and RD column with a separation unit (Figure 3). The RD column with a
separation unit and an MVRHP (Figure 6) is preferred due to better energy and economic
performance despite the higher individual risk.
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On the contrary, in case a completely new plant for ethyl acetate production is de-
signed, using the technology of thermally coupled system represented by RDS process
(Appendix A, Figure A1), presented in more detail in [5], is more appropriate. Despite
the heat consumption of the thermally coupled system (RDS) of 1843 kW [5], which is by
42.2% higher than of the RD column with a separation unit and an MVRHP (Figure 6),
no compressor network is required. The cooling duty of the RDS (Appendix A, Figure A1)
was 1857.7 kW [5], which is by 33.0% higher than of the RD column with a separation
unit and an MVRHP (Table 3). However, due to actual prices of energies (electricity, cool-
ing water, steam) listed in Table 5, a comparable hourly price rate of consumed energy
is achieved in both RDS (66.5 USD h™! [5]) and RD column with a separation unit and
an MVRHP (62.7 USD h™! in Table 6). The main advantage of the thermally coupled
system compared to the RD column with a separation unit and an MVRHP is in the lower
capital cost and shortened pay-back period. The total capital cost of the RDS was only
6.43 mil. USD [5] while it was 10.21 mil. USD for the RD column with a separation unit
and an MVRHP (Table 7). Therefore, the thermally coupled process (RDS in Appendix A,
Figure A1) can reduce the capital cost by 37.0% compared to the integrated and intensified
process represented by the RD column with a separation unit and an MVRHP (Figure 6).
Consequently, the payback period of the RDS was two years shorter than that of the RD
column with a separation unit and an MVRHP (8.1 year in Table 7).

Moreover, the RDS process is also preferred from the safety analysis point of view.
Figure 12 compares the individual risk of fatality for the RD column with a separation unit
and an MVRHP (Figure 6) and RD column with a stripper column (RDS in Appendix A,
Figure A1l). From the comparison of individual risk of fatality estimation (Figure 12), it is
clear that minimizing the number of equipment and internal recycles leads to reduction in
the level of risk.

mmmmmmm RD column with a stripper column (RDS)
= RD column with a separation unit and an MVRHP

)
=
o

%)

[0l 7

10.6 1 1 1 1 1

0 50 100 150 200 250
Distance from the center of the plant (m)

Individual risk of fatality (per year

Figure 12. Individual risk of fatality estimation for RD column with a separation unit and an MVRHP
(Figure 6) and RD column with a stripper column (RDS in Appendix A, Figure A1).
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5. Conclusions

Heat pump-assisted production of ethyl acetate has been studied. MVRHP was de-
signed in the conventional production process (Figure 4) and in an RD column with a sepa-
ration unit (Figure 6). The effect of the use of an MVRHP was evaluated by multi-objective
assessment based on energy requirements, economic, and safety analysis. The results show
that the MVRHP is highly recommended in both conventional process and RD column with
a separation unit. Significant reduction in energy consumption and total utilities cost was
achieved. When using MVRHDP, heating demands were reduced by 42.3% (Conventional
process with an MVRHP (Figure 4)) and by 62.3% (RD column with a separation unit
and an MVRHP (Figure 6)). Cooling duty savings of up to 37.5% (conventional process
with an MVRHP in Figure 4) and up to 56.2% (RD column with a separation unit and
an MVRHP in Figure 6) can be achieved. Moreover, total utilities cost was reduced by
21.3% (conventional process with an MVRHP in Figure 4) and by 37.0% (RD column with a
separation unit and an MVRHP in Figure 6). Consequently, the MVRHP enables improving
the pay-back period of processes originally designed in our previous work [5] despite the
increased capital cost due to the compressor price and process changes. The energy and
economic assessment showed that the RD column with a separation unit and an MVRHP
is the most promising concept. On the contrary, individual risk assessment showed that
the MVRHP use leads to increased risk hazard. Finally, integrated and intensified RD
column with a separation unit and an MVRHP and thermally coupled process (RDS) were
compared, both processes showing similar total energy requirements; however, the total
capital cost, pay-back period and individual risk assessment proved the RDS process to be
much preferred compared to the process with an MVRHP.
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T  temperature °C

T  thermodynamic temperature in Equation (4) K
V  volume flow m? h~!

W compressor required network kW

x molar fraction in the liquid phase

ng  reference efficiency of electricity production
ng reference efficiency of heat production
Subscripts

AA  aceticacid

C condenser

D distillate

E electricity

EtAc ethyl acetate
EtO  Hethanol

F feed

H,O water

Q heat

R reaction occurrence

4% reboiler

Abbreviations

AA acetic acid

AOC annual operation cost

ASC annualized separation costs

cor coefficient of performance

CSTIR continuous stirred tank reactor

EQ equilibrium

EtAc ethyl acetate

EtOH ethanol

HOC Hayden—O’Connell equation of state

HP heat pump

MVRHP  mechanical vapor recompression heat pump
NEQ non-equilibrium

NRTL non-random two liquids

OEC overall energy consumption kW

PES primary energy savings

RD reactive distillation

RDS reactive distillation with stripper column
RDAR reactive distillation with auxiliary reaction
RDWC  reactive distillation with a dividing wall
SEC specific energy consumption kWh t~ g
TAC total annual cost USD year !

TCC total capital cost USD

TPC total production cost USD t~!

VL vapor-liquid

VLLE vapor-liquid-liquid phase equilibria
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Appendix A
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Figure A1. Ethyl acetate production via reactive distillation column with a stripper adapted from our previous work [5]
Stream condition: blue—subcooled liquid; green—liquid at boiling temperature; purple—saturated /overheated vapor.

C1-RD—reactive distillation column; C2—stripper column; EX1, EX2—heat exchangers.
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Appendix B

Table A1l. Material balance of designed conventional process set-up (Figure 2) adapted from our previous work [5]; Material balance of designed conventional process set-up with an

MVRHP (Figure 4).
1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 17
ilkmolh~1 1000 1000 1988 2264 4252 4252 4252 1265 1265  39.86 18778 18778 4121 4121 2121 2121  20.00
XH20 - - 0.0869 - 0.0407 02756  0.2756 - - 02940 07608 07608  0.1604 0.1604 03114 03114  0.0003
XAA 1.0000 - - 0.8325 04433 02083 02083 0.7000  0.7000 - - - - - - - -
XEtAc - - 01301 0.1673 0.1499 03848 03848 0299 0299 05660 0.1856  0.1856 07672 07672 05487  0.5487  0.9990
XEtOH - 1.0000 07830 00002 03662 0.1312 01312 00004 00004 0.1400 00536 00536 00724 0.0724 01399  0.1399  0.0007
T[°C] 2500 2500 2938 3964 3698 3901 5424 9820  49.01 7002 4897 2500 2500 4179 7002 3500  76.83
P [kPa] 0.3  101.3  101.3  101.3  101.3  101.3 1013 1013 1013 1013 1013 1013  101.3  101.3  101.3 1013 1013
VIimdh~1] 0.56 0.58 1.19 1.44 2.65 2.66 2.72 0.95 0.88 2.90 6.71 6.50 3.37 3.45 1.51 143 2.12
18 19 20 21 22 23 24 254 26 27 28 29 30 31 32 33
alkmolh~1 1000 1000 1000 14657 2931 11726 11726 11726 107.38  107.38 9737 1000 1000 12669  9.87 9.87
XH20 0.0003  0.0003 00003 09296 09296 09296 0929 09296 09990 09990 09990 09990 09990 09829  0.1749  0.1749
xAA - = = - - - = = - - = = = - - -
XEtAc 09990 09990 09990 0.0220 0.0220 0.0220  0.0220  0.0220 - - - - - 00051 02619  0.2619
XEtOH 0.0007  0.0007 0.0007 0.0484  0.0484 00484 00484 00484 00010 00010 0.0010 0.0010 0.0010 00120 05632  0.5632
T[°C] 7683 7683 2500 2500 2500 2500 3034 7279 9934 4034 4034 4034 4034 3654 7169  35.00
P [kPa] 101.3  101.3  101.3  101.3  101.3 1013 1013 1013 1013 1013 1013 1013  101.3  101.3 1013 1013
Vimdh~1] 1.06 1.06 0.98 3.18 0.64 255 256  59.33% 211 1.98 1.80 0.00 0.18 243 0.65 0.61

# vapor-liquid mixture, vapor fraction 0.017.
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Table A2. Material balance of designed conventional process set-up with an MVRHP (Figure 4): heat pump subsystem.

34 35 36“ 374 384 39°b 40 41 42 43 44
# [kmol h—1] 172.89 172.89 152.77 136.92 154.20 154.20 154.20 154.20 154.20 137.05 115.84
XH20 0.0009 0.0009 0.0009 0.3131 0.3051 0.3051 0.3051 0.3051 0.3051 0.3128 0.3131
XAA 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
XEtAc 0.9980 0.9980 0.9978 0.5461 0.5525 0.5525 0.5525 0.5525 0.5525 0.5465 0.5461
XEtOH 0.0011 0.0011 0.0012 0.1408 0.1425 0.1425 0.1425 0.1425 0.1425 0.1407 0.1408
T[°Cl] 78.80 78.83 78.83 71.95 71.40 108.73 96.48 94.77 71.94 7141 71.41

vapor fraction 0 0.88 1 1 1 1 0.05 0 0.11 0 0
P [kPa] 101.3 101.3 101.3 101.3 101.3 250.0 240.0 240.0 101.3 101.3 101.3
Vm3h™1] 18.38 3995.23 3993.11 4 3605.21 ¢ 4133.42 % 1866.80 105.61 11.54 440.32 9.77 8.26

“ saturated vapor; ¥ overheated vapor.

Table A3. Material balance of designed RD column with a separation unit (Figure 3) adapted from our previous work [5]; Material balance of designed RD column with a separation unit

and an MVRHP (Figure 6).
1 2 3 4 5 6 7 8 9 10 11 12 13 14
7 [kmol h—1] 10.00 10.00 20.94 7.72 40.60 30.59 30.59 30.59 19.66 19.66 10.00 10.00 69.62 77.34
XH20 - - 0.2666 0.7918 0.2165 0.2873 0.2873 0.2873 0.1632 0.1632 0.0002 0.0002 0.9227 0.9096
XAA 1.0000 - - - - - - - - - - - - -
XEtAc - - 0.5536 - 0.6515 0.5378 0.5378 0.5378 0.7558 0.7558 0.9990 0.9990 0.0229 0.0206
XEtOH - 1.0000 0.1798 0.2082 0.1320 0.1749 0.1749 0.1749 0.0811 0.0811 0.0008 0.0008 0.0544 0.0697
T[°C] 25.00 25.00 70.02 82.47 64.47 70.01 45.84 25.00 25.00 60.00 76.84 25.00 25.00 31.20
P [kPa] 101.3 101.3 101.3 101.3 101.3 101.3 101.3 101.3 101.3 101.3 101.3 101.3 101.3 101.3
VIm3h™1] 0.56 0.58 1.54 0.22 3.21 2.20 2.12 2.06 1.59 1.68 1.06 0.98 1.53 1.75
157 16 17 18 19 20 21 22
7 [kmol h—1] 77.34 8.66 18.66 68.70 68.70 68.70 58.67 10.02
XH20 0.9096 0.1958 0.0909 0.9995 0.9995 0.9995 0.9995 0.9995
XAA - - - - - - - -
XEtAc 0.0206 0.1842 0.0855 - - - - -
XEtOH 0.0698 0.6200 0.8236 0.0005 0.0005 0.0005 0.0005 0.0005
T [°C] 72.04 72.65 47.88 99.50 45.00 25.00 25.00 25.00
P [kPa] 101.3 101.3 101.3 101.3 101.3 101.3 101.3 101.3
VIim3h1] 19.65° 0.53 1.11 1.35 1.27 1.25 1.06 0.18

? vapor-liquid mixture, vapor fraction 0.08.
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Table A4. Material balance of designed RD column with a separation unit and an MVRHP (Figure 6): heat pump subsystem.
234 24 25 26° 2770 28 29 30 31 32 334
# [kmol h—1] 181.00 181.00 150.41 201.72 201.72 201.72 201.72 201.72 207.27 207.27 197.98
XH20 0.2393 0.2393 0.2393 0.2559 0.2559 0.2559 0.2559 0.2559 0.0000 0.0000 0.0000
XAA - - - - - - - - - - -
XEtAc 0.6154 0.6154 0.6154 0.6137 0.6137 0.6137 0.6137 0.6137 0.9973 0.9973 0.9972
XEtOH 0.1453 0.1453 0.1453 0.1304 0.1304 0.1304 0.1304 0.1304 0.0027 0.0027 0.0028
T[°C] 71.68 70.91 70.93 7091 106.47 95.28 93.62 71.38 78.21 78.24 78.24
vapor fraction 1 0 0 1 1 0.075 0 0.101 0 0.96 1
P [kPal 101.3 101.3 101.3 101.3 250.0 240.0 240.0 101.3 101.3 101.3 101.3
V[m3h=1] 4724957 14.02 11.65 5390.84 7 2416.37 b 199.31 16.07 548.38 22.02 5268.56 5267.57 %
“ saturated vapor; ¥ overheated vapor.
Table A5. Equipment cost and total installed cost of individual equipment.
Conventional Process Conventional Process with an MVRHP RD Column with a Separation Unit RD Column with a Separation Unit and an MVRHP
(Figure 2) (Figure 4) (Figure 3) (Figure 6)
Equipment Cost Installed Cost Equipment Cost Installed Cost Equipment Cost Installed Cost Equipment Cost Installed Cost
Item [10° USD] [10° USD] [10° USD] [10° USD] [10° USD] [10° USD] [10° USD] [10° USD]
CSTR 173.7 334.3 173.7 334.3 - - - -
C1/C1-RD 620.7 1147.2 620.7 1147.2 680.5 1214.0 680.5 1214.0
Cc2 594.5 1138.1 543.27 864.2 7 610.6 1185.2 551.97 881.27
K1 - - 344.7 551.5 - - 376.3 602.1
C3 172.6 564.0 172.6 564.0 148.0 487.8 148.0 487.8
DEC 16.1 108.9 16.1 108.9 16.1 108.9 16.1 108.9
EX1 8.5 53.0 8.5 53.0 8.7 59.1 8.7 59.1
EX2 39.3 120.0 39.3 120.0 19.3 85.4 19.3 85.4
EX3 8.7 59.1 8.7 59.1 9.9 62.6 9.9 62.6
EX4 8.5 45.7 8.5 45.7 14.3 70.7 14.3 70.7
EX5 11.0 63.9 11.0 63.9 10.9 60.8 10.9 60.8
EX6 85 45.7 8.5 45.7 - - 42470 127.0°
EX7 10.5 60.3 10.5 60.3 - - 37.7 93.4
EX8 - - 34.8° 116.1° - - - i
EX9 - - 35.9 87.6 - - - -
Sum 1672.6 3740.2 2036.7 4221.5 1518.3 3334.5 1916.0 3853.0

“ column C2 tower with heat pump equipment except of compressor and reboiler;  column C2 reboiler.
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