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Abstract: Gas dispersion in non-Newtonian fluids is encountered in a broad range of chemical,
biochemical, and food industries. Mechanically agitated vessels are commonly employed in these
processes because they promote high degree of contact between the phases. However, mixing non-
Newtonian fluids is a challenging task that requires comprehensive knowledge of the mixing flow to
accurately design stirred vessels. Therefore, this review presents the developments accomplished by
researchers in this field. The present work describes mixing and mass transfer variables, namely vol-
umetric mass transfer coefficient, power consumption, gas holdup, bubble diameter, and cavern size.
It presents empirical correlations for the mixing variables and discusses the effects of operating and
design parameters on the mixing and mass transfer process. Furthermore, this paper demonstrates
the advantages of employing computational fluid dynamics tools to shed light on the hydrodynamics
of this complex flow. The literature review shows that knowledge gaps remain for gas dispersion in
yield stress fluids and non-Newtonian fluids with viscoelastic effects. In addition, comprehensive
studies accounting for the scale-up of these mixing processes still need to be accomplished. Hence,
further investigation of the flow patterns under different process and design conditions are valuable
to have an appropriate insight into this complex system.

Keywords: mixing; gas dispersion; gas holdup; non-Newtonian fluids; mass transfer coefficient

1. Introduction

Multiphase flow operations have been extensively investigated due to their wide
industrial applications [1–5]. These operations are often evaluated by considering the
degree of contact between the phases. For instance, the phases interaction is crucial to
determine the performance of multiphase mixing processes. In view of that, stirred vessels
are commonly utilized for multiphase mixing operations due to their versatility in promot-
ing adequate mixing characteristics for different types of fluids. For gas-liquid mixing, for
example, high mass transfer coefficients can be achieved when employing sparged agitated
vessels [6]. Hence, many studies have investigated these mixing systems, especially with
regard to gas dispersion in Newtonian fluids [7–10]. Although fewer studies refer to the
aeration of non-Newtonian fluids, a broad range of industrial applicability can still be
observed in food, chemical, biochemical, pulp and paper, and painting industries [11].
More specifically, gas dispersion in non-Newtonian fluids with shear-thinning characteris-
tics can be encountered in antibiotic and polysaccharide production, fungal fermentation,
wastewater treatment, and cell culture [12–16].

The aeration and mixing of non-Newtonian fluids have many challenges especially
because of their complex rheological characteristics. Since the viscosity varies depending
on the local shear rate, poor mixing regions may exist, which can lead to process inefficien-
cies [17]. Thus, impeller configurations in aerated non-Newtonian applications are often
designed to target the reduction of stagnant regions created by the shear rate gradient in
the vessel and to enhance the mixing performance [18]. Some of the mixing configurations
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are comprised of a single impeller [15,19–21], multiple impellers on the same shaft [22,23],
side-entering impellers [24], angled-shaft impellers [25], planetary mixers [26], and coaxial
mixers [27–30]

Furthermore, the mixing and mass transfer performance of these gas-liquid systems is
a result of a complex interaction between the phases that depends on multiple variables,
such as the design parameters, operating conditions, and physical properties of the phase’s
components [31]. The main variables to assess the mixing and mass transfer behavior are
power consumption [32], gas holdup [29,33], mixing time [22,34], bubble size [35], and
volumetric mass transfer coefficient [36,37]. The complex gas dispersion phenomenon
in non-Newtonian fluids also requires information on the cavity structures [16], flow
regime [19], and cavern size [38].

In view of that, this work aims to provide a comprehensive literature review on the gas
dispersion in non-Newtonian fluids using stirred vessels in which the significant challenges
are presented and the effect of agitation, aeration, and rheological properties on the mixing
performance are discussed. Also, the main available approaches for evaluating these mixing
and mass transfer parameters are presented, namely empirical correlations, experimental
techniques, and numerical modeling.

This review presents important mixing and mass transfer characteristic values, mea-
surement techniques, and empirical correlations in Section 2. The effects of agitation (i.e.,
impeller type, configuration, and rotation speed) on the characteristic parameters are ad-
dressed in Section 3. Section 4 brings together the important findings regarding the aeration
effect on the mixing and mass transfer performance. The findings and significant concerns
about the rheological effects on the gas dispersion in non-Newtonian fluids are included in
Section 5. Section 6 discusses the advantages of using computational fluid dynamics (CFD)
in evaluating the hydrodynamics of such a complex system, and also presents important
closure models used by previous researchers. Section 7 discusses the potential application
of coaxial mixers for the gas dispersion in yield-pseudoplastic fluids and compares the
performance of a coaxial mixer to that of a single impeller. Section 8 presents scale-up
strategies available in the literature for gas dispersion in non-Newtonian fluids and briefly
discuss the most common challenges encountered during the scale-up of these mixing
systems. In Section 9, final considerations are presented and some suggestions for future
work are highlighted.

2. Characterization of Gas Dispersion in Non-Newtonian Fluids
2.1. Power Consumption

Power consumption is a relevant variable to assess the mixing performance since it is
directly related to the cost of operation. For non-Newtonian media, a significant amount of
energy is required to overcome the poor mixing, and for some cases, it represents the main
source of operational cost [33].

Due to the complex phenomena in the mixing system, it is difficult to have a general
empirical correlation to estimate the gassed fluid’s power consumption. Table 1 presents
several empirical correlations that were proposed or verified in the literature to calculate
the gassed power consumption in aerated non-Newtonian fluids. For instance, Luong and
Volesky [39] studied the aeration in different pseudoplastic solutions of carboxy-methyl
cellulose (CMC) dissolved in water and observed that a correlation for gas dispersion
in Newtonian fluids can be applied using different fitted parameters. Gomez-Dias and
Navaza [40] evaluated a gas-liquid mixing system containing power-law fluids using the
correlation proposed by Michel and Miller [41], in which the values of the constants depend
on the impeller geometry. Both studies from Luong and Volesky [39] and Gomez-Diaz and
Navaza [40] have used the form of the correlations originally proposed for Newtonian fluids.
However, this consideration only applies to solutions with low polymer concentration,
in which the effects of high shear-thinning behavior on the power consumption can be
neglected. Gabelle et al. [22] included the impeller type and vessel geometry effects on the
estimation of the gassed power uptake for CMC and xanthan gum solutions described by
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the power law model. They considered different scales and multiple impeller configurations
by proposing a novel expression in terms of the gas flow rate, tank diameter, impeller
diameter, and power number of the stirrer closer to the sparger. The empirical correlation
proposed by Gabelle et al. [22] accounts for a wide variation in design and, as a result,
prediction errors are more likely to occur when using this expression. This is the reason
why a very specific range of process conditions needs to be defined to obtain empirical
correlations with better accuracy. Xie et al. [42] obtained the model fitted parameters for
each combination of impellers in their triple-impeller configuration for gas dispersion in
high shear-thinning xanthan gum solutions. They observed that the correlation including
Reynolds number, Froud number, and flow number gave a better prediction for most
of the configurations even when varying the xanthan gum concentration in an aqueous
solution. Jamshidzadeh et al. [32] verified different correlations for gas dispersion in
a power-law fluid using coaxial mixers, which are comprised of a high-speed central
impeller and a close clearance impeller rotating slowly. They obtained different fitted
parameters for each pumping direction including the effect of both co-rotation and counter-
rotation modes. Although dimensionless correlations as obtained by Xie et al. [42] and
Jamshidzadeh et al. [32] are important to account for the effect of crucial parameters, a
detailed methodology based on a dimensional analysis for gas dispersion in non-Newtonian
fluids is still missing. For example, the Buckingham π theorem is able to define the number
of independent dimensionless groups that mathematically characterize a response variable.

Table 1. Empirical correlations for power consumption of gassed non-Newtonian fluids.

Correlation Aeration Range Fluid Type Impeller Type Agitation (rps) Reference

ln
(

Pg
Pu

)
=

−15.36 Q0.62 T−1.7( D
T
)0.51

P0.16
o

0.0039–0.0078 m/s

Air-xanthan gum
solutions

Air-CMC solutions
(Conc. = 0.25–0.5 wt%)

Double impeller (RT,
PBTD, Mixel TT)

8.3 in small vessel
and 5 in large

vessel
[22]

Pg
Pu

= c1Rec2 Flc3

0.1–0.2 vvm
Air-CMC solutions

(Conc. = 0.5–1.5 wt%)

Anchor-Double PBD
and

Anchor-Double PBU

Na = 0.17–0.5
Nc = 2.3–47 [32]Pg

Pu
= c1Frc2 Flc3

Pg
Pu

= c1Rec2 Frc3 Flc4

Pg
Pu

=

0.514(Fl)−0.38(We)−0.194 0.860–1.581 vvm Air-CMC solutions
(Conc. = 0.2–0.67 wt%)

Six-blade
turbine 9.6–14.28 [39]

Pg = 0.706
(

P2
u ND3

Q0.56

)0.4
18–36 dm3/h

CO2-CMC solution
(Conc. = 0.5–10 g/dm3)

CO2-Alginate
solution

(Conc. = 0.5–1.5 g/dm3)

Rushton turbine 3.3–10 [40]

Pg
Pu

= c1Rec2 Frc3
0.5–1 vvm

Air-xanthan gum
solutions

(Conc. = 1–3 wt%)

Triple impeller (RT,
HBT, WHD, WHU,

EG, DHR)

1.67–11.67 [42]
Pg
Pu

= c1Rec2 Frc3 Flc4

Furthermore, the power consumption of a gassed stirred system can be obtained from
torque measurements as given by Equation (1) for single shaft impellers [20] or Equation (2)
for coaxial mixers [30]:

Pg = 2πNM (1)

Pg = 2πNC MC + 2πNA MA (2)

where N is the impeller speed, and M is the corrected torque, which is calculated by
subtracting the friction torque (i.e., the torque measured in a vessel prior to filling it with
the fluids to be evaluated) from the actual measured value (Equation (3)):

M = Mmeasured − M f riction (3)

2.2. Gas Holdup

Gas holdup is the volume fraction of the dispersed gas in the system, which is the
ratio between the volume occupied by the bubbles and the total bulk volume. In order to
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improve mass transfer in an aerated process, a high overall gas holdup is desired, along
with a good distribution of the bubbles throughout the liquid phase. Therefore, both global
and local gas holdup measurements should be obtained to adequately assess the mixing
system [29]. Several experimental techniques are available to measure the gas holdup,
such as the visual method [35], optical probe [43], vision probes [44], electric conductivity
probe [45], particle image velocimetry [46], γ-ray computer tomography [47], and electrical
resistance tomography [48,49]. Although the experimental methods used for measuring
the gas holdup in Newtonian fluids can be employed, it is important to consider the
particularities of the non-Newtonian fluid, such as the degree of opacity, in order to choose
a suitable experimental technique [50].

Table 2 presents empirical correlations available in the literature to estimate the gas
holdup in non-Newtonian fluids, followed by its estimated range depicted in Figure 1.
The expressions were fitted based on global information of the gas holdup, and it does
not bypass the requirement to analyze local gas holdup values in order to have a better
insight into the gas dispersion inside the vessel. Machon et al. [51] employed the visual
method to investigate the global gas holdup using different CMC solutions for the aeration
rates up to 1 vvm. The proportionality constant in their empirical correlation depends
on the CMC concentration. Garcia-Ochoa et al. [14] modified the correlation proposed by
Kudrewizki and Rabe [52] in order to consider the viscous force effect and employed this
correlation for the xanthan gum fermentation, which consists of a rheological evolving
system. Khalili et al. [20] proposed a correlation for a yield stress fluid by fitting the pa-
rameters for a single ASI impeller and taking into account the variation of impeller speed,
aeration rate, and xanthan gum concentration. Jamshidzadeh et al. [49], in turn, measured
the gas holdup through electrical-resistance tomography and proposed correlations for
the gas dispersion in power-law fluids using coaxial mixers in the co-rotation mode. Their
correlation considered the variation in the speed ratio (rotational speed of the central im-
peller/rotational speed of the anchor impeller), apparent fluid viscosity, and aeration rate
between 0.1 to 0.2 vvm. In theory, these correlations should be applied to all design and
operating conditions within the range studied in each work. However, some deviations can
be observed especially if a different technique for gas holdup measurement is employed.
Overall, a good practice is to use the general form of a correlation that includes all indepen-
dent variables to be investigated in a case study and use a new experimental dataset to find
the best fitting parameters. Hence, when applying the desired range of process conditions,
the best fit of the empirical model can be obtained to accurately predict the gas holdup. In
addition, the development of dimensionless correlations is useful to account for the effect
of agitation and aeration phenomena in such a complex multiphase system, as well as for
the scale-up study keeping a certain mixing behavior constant.

2.3. Volumetric Mass Transfer Coefficient

The volumetric mass transfer coefficient (kLa) is used to assess the mass transfer
in aerated systems and is commonly used for scale-up purposes [53]. Many authors
have suggested different experimental techniques and empirical correlations to measure
or estimate this parameter [54,55]. As reviewed by Gogate and Pandit [54] and Pinelli
et al. [56], some of the experimental methods are the dynamic method [57], dynamic
pressure method [36,58], simplified dynamic pressure method [59], and dynamic start-
up method [22]. In addition, steady-state methods such as the sodium sulfite oxidation
method [60,61] are available to measure the volumetric mass transfer coefficient based on
the chemical reaction in the vessel [62,63]. Despite all these available experimental methods,
special care must be taken when measuring the volumetric mass transfer coefficient in
non-Newtonian systems with microorganisms. In these cases, the experimental technique
must not interrupt the oxygen supply and the environment must be adequate for the
respiring cells [36].
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Table 2. Empirical correlations for gas holdup of stirred non-Newtonian fluids.

Correlation Aeration Range Fluid Type Impeller Type Agitation (rps) Reference

εg
1−εg

=

0.819 v
2
3
s N

2
5 T

4
15

g
1
3

( ρL
σ

) 1
5
(

ρL
ρL−ρg

)(
ρL
ρg

)− 1
15
(

µL
µg

)−1/4 0.001–0.01 m/s

Xanthomonas
campestris

culture(
µap = 0.001–0.02 Pa·s

) Double disk
turbine 2–10 [14,55]

εg = 0.0412(Fl)0.39(µap
)−1.47 0–0.0008 m3/s

Air-xanthan gum
solutions

(Conc. = 0.5–1 wt%)
ASI 0–6 [20]

εg = 0.00002
(

Pg
V

)0.728
v0.485

s N0.386
R µ0.154

ap
0.1–0.2 vvm

Air-CMC
solutions

(Conc. = 0.5–1 wt%)

Anchor-
Double

PBD

NC = 2.55–5.2
NA = 0–0.5 [49]

εg =

0.00085( fPc Nc + fPa Na)
1.371v0.466

s N0.127
R µ0.301

ap

εg = 0.00639(NcDc)
1.664v0.490

s N0.255
R µ0.375

ap

εg = c1

(
P

ρLV

)0.3
v0.7

s
0.25–1 vvm

Air-CMC
solutions

(Conc. = 0.5–1 wt%)

Rushton
turbine 3.3–7.3 [51]

Table 3 presents empirical correlations reported in the literature to estimate the volu-
metric mass transfer coefficient. Garcia-Ochoa et al. [64] studied the xanthan gum fermen-
tation and obtained different correlations considering the effect of operating conditions
and fluid viscosity, in which the constants of proportionality were determined according
to the rheological model of the fluid. For a similar empirical correlation, Gomez-Dias and
Navaza [40] obtained model fitted parameters for each fluid type in their study. Gabelle
et al. [22], in turn, proposed a correlation that considers different tank sizes and impeller
types in a double impeller configuration. Their model was compared to other correlations in
the literature, and an average error was observed within 20% to 31%. It is worth mentioning,
however, that small differences are expected when using different experimental methods
to measure the volumetric mass transfer coefficient. Furthermore, Jamshidzadeh et al. [37]
proposed novel dimensional and dimensionless correlations for coaxial mixers. The param-
eters were fitted for an impeller configuration in co-rotation mode, and they found that the
best correlation should include the effects of both apparent viscosity and speed ratio. The
parameters for the dimensionless correlations were fitted for the anchor-double PBT coaxial
mixer, whereas different parameters for the dimensional correlations were obtained for the
anchor-double PBT and the anchor-double Scaba coaxial mixers. Although the proposed
correlations in Table 3 were designed to calculate the average volumetric mass transfer
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coefficient of the process, they were fitted using local data. Hence, these correlations are
more likely to truly represent the actual kLa data in systems where homogeneous shear
stress and homogeneous gas-liquid mixing throughout the vessel can be observed. Due to
the nature of shear-thinning fluids, a higher mass transfer coefficient is measured near the
impeller as a result of the higher impeller rotation speed and thus a lower apparent viscosity
around the impeller. Therefore, more accurate correlations are obtained by analyzing the
kLa in different parts of the vessel to account for the non-Newtonian behavior.

Table 3. Empirical correlations for volumetric mass transfer coefficient of gassed non-Newtonian fluids.

Correlation Aeration Range Fluid Type Impeller Type Agitation (rps) Reference

kLa = 0.023
(

Pg
V

)0.44
v0.47

s

(
1 + µap

0.018

)−1 0.0039–0.0078 m/s

Air-xanthan gum
solutions
Air-CMC
solutions

(Conc. = 0.25–0.5 wt%)

Double impeller
(RT, PBTD, Mixel

TT)

8.3 in small
vessel and 5 in

large vessel
[22]

kLa = c1(NcDc)
c2 vc3

s Nc4
p Rc5

N

0.1–0.2 vvm
Air-CMC
solutions

(Conc. = 0.5–1.5 wt%)

Anchor-Double
PBD

Anchor-Double
Scaba

Na = 0.17–0.5
Nc = 2.3–47 [37]kLa = c1(NcDc)

c2 vc3
s µ

c4
apRc5

N
kLa = c1(NcDc)

c2 vc3
s µ

c4
ap

kL a D2
c

DL
=

485.984
(

ρNc D2
c

µ

)0.242(
Nc Dc

vg

)−0.568( ρN2
c D3

c
σ

)0.854

kLa = c1

( Pe f f
V

)C2
vc3

g µ
c4
ap 18–36 dm3/h

CO2-CMC
solution

(Conc. = 0.5–10 g/dm3)
CO2-Alginate

solution
Conc. = 0.5–1.5 g/dm3)

Rushton turbine 3.3–10 [40]

kL a D2

DL
= c1(Re)

1
2
(

ND
vs

)− 1
2
(We)

0.4–1 vvm
Xanthomonas

campestris
culture

Double disk
turbine 3.5–15.81 [64]kLa = c1 N2v1/2

s µ−1/2
ap

kLa = c1

(
Pg
V

)0.6
v1/2

g µ−1/2
ap

2.4. Bubble Mean Size

Information on the bubble size distribution gives a detailed analysis of the interfacial
area. High mass transfer requires a large interfacial area that can be achieved by decreasing
the bubble mean diameter. However, the determination of the bubble size distribution is
complex, and it is even more challenging in the non-Newtonian media [65]. In this case,
the shear rate variation throughout the mixing system promotes a non-uniform bubble size
distribution in which lower bubble mean sizes are observed near the impeller region due
to higher shear rate in this region [66].

Some of the experimental techniques for measuring the bubble size employ conduc-
tivity probes [67,68], imaging probes [65,69], suction probes [66,70–72], particle image
velocimetry [46], photography [51,73], laser-induced fluorescence [74], and gas disengage-
ment technique [20,75]. The experimental techniques must be set accordingly to obtain the
bubble size in different regions of the vessel to have a better representation of the wide
bubble size distribution.

Table 4 presents empirical correlations available in the literature to estimate the mean
bubble size in non-Newtonian fluids. Khalili et al. [20] studied the gas dispersion in
pseudoplastic fluids with yield stress and employed an empirical correlation originally
proposed by Calderbank [76], which assumes a balance between turbulent stresses and
surface tension. Khalili et al. [20] used the dynamic gas disengagement technique combined
with electrical resistance tomography to obtain the number of bubble classes and to get
experimental data to calculate the bubble mean diameter. This technique is based on the
dynamic measurement of the gas holdup after the aeration suppression, knowing that
bubbles with different diameters disengage with different velocities [75]. However, it is
important to mention that this method does not give entirely accurate results for high shear-
thinning fluids, as small bubbles stay trapped in the liquid phase even after aeration stops.
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In addition, Garcia-Ochoa et al. [14] estimated the bubble mean diameter in a rheologically
evolving system, using a correlation that was originally proposed by Bhavaraju et al. [77]
for Newtonian fluids. Momiroski et al. [65] obtained different proportionality constants
for coalescing and non-coalescing systems with a pseudoplastic fluid for three impeller
types. Bach et al. [34], in turn, correlated the bubble size to the superficial gas velocity and
specific gassed power uptake, applying a constant of proportionality that depends on the
aeration rate. Due to the challenges of measuring the bubble size in rheologically complex
fluids, a high degree of uncertainty is expected when using these empirical correlations.
Therefore, the measurement of the volumetric mass transfer coefficient is often preferred to
draw conclusions about the mass transfer performance of the mixing system.

Table 4. Empirical correlations for mean bubble size in gassed non-Newtonian fluids.

Correlation Fluid Type Impeller Type Reference

d32 = 0.7 σ0.6

( P
V )

0.4
ρ0.2

L

(
µL
µg

)0.1 Xanthomonas
campestris culture Double disk turbine [14]

d32 = 4.15 σ0.6( Pg
V

)0.4
ρ0.2

L

εg
0.2
(

µg
µ

)0.25
+ 9 × 10−4

Xanthan gum
solutions

Rushton disk turbine,
ASI, and PBT [20]

d32 = c1
(
vg
)( Pg

V

)−2.95
Trichoderma reesei

fermentation using Xanthan gum
solutions as model fluids

Hayward Tyler B2
impeller [34]

d32 = c1

 σ
3
5
(

µL
µG

) 1
10

ρ
1
5
L

( Pg
V

) 2
5

 CMC solutions
Rushton turbine,

Hollow blade turbine, and PBT [65]

2.5. Flow Regimes

The flow regimes describe the degree of the bubbles’ dispersion and its flow patterns
in the agitated vessel [7]. The mixing efficiency and mass transfer are directly affected by
the flow regime especially when the gas-liquid mass transfer is the limiting step [78,79].
The bubbles are dispersed in the mixing vessel via two mechanisms: agitation and aeration.
The agitation promoted by the impeller’s rotation defines circulation patterns inside the
vessel. Depending on the aeration rate, the bubbles may follow the circulation pattern
defined by the impellers rotation or may have a stronger ascending movement. The suitable
bubble dispersion is achieved when the agitation mechanism is dominant. In this case,
the gas phase enters the system through the sparger located below the impeller and flows
according to the liquid flow pattern defined by the impeller type.

Three main flow regimes can be defined in terms of the pumping capacity and the rela-
tive buoyancy forces: flooding, loading, and complete dispersion [80]. The gas distribution
in each flow regime is illustrated in Figure 2.
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The flooding regime occurs when the gas phase accumulates near the impeller region,
resulting in poor bubbles dispersion and formation of oxygen-deficient regions. The loading
regime is featured by gas dispersion above the impeller blades when the pumped liquid
reaches enough radial velocity to disperse the gas away from the impeller vicinity. A
completely dispersed regime, in turn, is highly desired. It refers to well-distributed gas
bubbles throughout the entire vessel and significant gas recirculation to the impeller [6].

The prediction of regime transitions is essential from an industrial point of view [79]. It
enables to define operating conditions that maximize mass transfer performance avoiding
undesired flooding conditions. Some of the experimental methods available to identify
the regime transitions are the visual observation method [81], optical probe method [7,78],
and tomography methods [48,82]. Also, the flow regime transition can be identified based
on global measurements of power consumption, volumetric mass transfer coefficient, or
gas holdup curves [80,83,84]. However, previous knowledge about the behavior of global
measurements upon varying flow regimes is expected.

Furthermore, the flow regimes are closely related to the cavitation phenomenon in
stirred vessels because the cavity structures control the gassed power consumption, which
affects the pumping capacity and further gas distribution [85]. Nienow [86] reported that
stable cavities are formed in high viscous fluids. Therefore, a higher impeller speed and
a lower sparging rate are required to avoid large cavities in these systems in order to
achieve a higher degree of bubble dispersion, such as in loading or complete dispersion
regimes [87,88]. For non-Newtonian fluids, the studies in the literature mainly address
complete dispersed regimes by setting a suitable aeration rate and impeller speed [20–22].
Hassan et al. [89] and Jegatheeswaran et al. [30] studied aerated non-Newtonian systems in
stirred vessels under loading and complete dispersed regime. Similarly, Khalili et al. [19]
and Jamshidzadeh et al. [9] studied the transition between loading and complete dispersed
regimes by determining the critical impeller speed for different impeller types used for
gas dispersion in yield stress fluids and power-law fluids, respectively. Jegatheeswaran
and Ein-Mozaffari [33] investigated the gas dispersion in power-law fluids using coaxial
mixers and observed that the likelihood of a flooding regime surprisingly increases when
increasing the anchor impeller speed to 50 rpm. This disruptive effect for high anchor
speed was corroborated by Jamshidzadeh et al. [29], whose observations demonstrated
that the flooding regime was achieved when the anchor speed increased up to 30 rpm.
Jamshidzadeh et al. [32] focused their study on the complete dispersed regime but included
some results for gas dispersion in power-law fluids under a flooding and loading regime
(Re < 800). Despite the importance of investigating the flow regimes in non-Newtonian
systems, scant studies are available in the literature aiming at investigating the flow regime
transition or providing a detailed analysis of the mixing parameters considering all possible
flow regimes.

2.6. Cavern Size

For non-Newtonian mixing systems, the determination of the cavern size is significant
in verifying the performance of the agitator. In fact, cavern formation is observed in the
presence of pseudoplastic fluids with yield stress [90,91]. The cavern is a well-mixed region
that is formed due to the high shear rate induced by the impeller rotation [92]. An undesired
stagnant region surrounds the cavern; therefore, increasing the cavern size is highly desired
in the gas-liquid mixing system, which can be done by varying the impeller type and
speed [92]. Most of the studies available in the literature to evaluate the cavern formation
were conducted with single-phase mixing vessels [27,93,94]. Fewer works investigated
the caverns in gas-liquid mixing systems. For instance, Yagi and Yoshida [95] visually
observed a donut-shaped cavern region around the impeller in an aerated system. Solomon
et al. [96] investigated the cavern formation using photographs and reported that smaller
cavern sizes were obtained for aerated systems compared to unaerated vessels at the same
impeller speed. Solomon et al. [96] also obtained a theoretical model to predict the cavern
size for single and double impellers, as expressed in Equations (4) and (5), respectively. The
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proposed model applies for both aerated and unaerated mixing vessels by considering the
power number obtained for the operating conditions in the system.

log
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)
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log
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ρD2

4π3τy

)
(5)

where r is the cavern radius, D is the impeller diameter, Po is the power number, ρ is the
fluid density, and τy is the yield stress.

In addition, Moilanen et al. [97] investigated the gas dispersion in a yield-stress fluid
using computational fluid dynamics (CFD), which enabled the prediction of the cavern
formation within the vessel.

In industrial processes, the design parameters and operating conditions must be set to
increase the size of the cavern. The cavern must reach the vessel wall and fluid surface in
pseudoplastic fluids with yield stress to get a more homogeneous mixing in the vessel. The
most straightforward way of addressing this issue is to employ an impeller configuration
in which the minimum shear stress throughout the tank is higher than the fluid’s yield
stress. Also, although the upward gas movement is an additional source of shear stress, the
aeration reduces the pumping capacity of the impeller, which decreases the power uptake
and consequently reduces the shear rate. As a result, the detailed study of the two-phase
flow hydrodynamics in the mixing vessel is even more crucial for non-Newtonian fluids
under gassing condition.

3. Agitation Effect

The impeller plays the most important role in providing adequate gas dispersion in
stirred vessels [98,99]. Overall, the impellers can pump the bulk flow axially, radially, or
with a combination of both directions. Figure 3 illustrates the shape of typical impellers
employed in mechanically agitated vessels. Table 5 summarizes the main research works
that compared different impeller types and configurations. A more detailed analysis of the
outcomes is demonstrated in the following sections, which also discuss the effect of the
rotational speed on the performance of different mixing configurations.
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Table 5. Remarks on different impeller types and configurations utilized for gas dispersion in
non-Newtonian fluids.

Reference System
Studied

Impeller
Configuration Impeller Types Pumping

Direction Remarks

[15]
Air-Activated

Sludge
(Power-law)

Single
ARI
ASI
RT

Axial/Radial
Axial/Radial

Radial

ASI showed a better gas-liquid
mixing performance.

[18] Air-Xanthan Gum
(Power-law) Coaxial

GT Paddle-Rushton
GT Paddle-BDT6
GT Paddle-PBTD

Radial
Radial

Down Axial

The central impeller BDT-6
pro-moted the highest global

volume fraction and RPD
whereas PBTD promoted the
highest kLa at a fixed power

drawn.

[19] Air-Xanthan Gum
(Herschel-Bulkley) Single

PBT
DRT
ASI

Down axial
Radial

Axial/Radial

ASI gave the most stable flow,
promoted higher RPD upon
gassing and more uniform

shear rate distribution.

[29] Air-CMC
(Power-law) Coaxial

Anchor-Double
Scaba

Anchor-Double
PBTD

Anchor-Double
PBTU

Radial
Down axial

Up axial

Anchor-PBTU in the co-rotation
mode led to better circulation of

the gas phase.

[30] Air-CMC
(Power-law) Coaxial

Anchor-A200
Anchor-A315
Anchor-A320

Down axial
Down axial
Down axial

Gas dispersion was intensified
by increasing the solidity ratio

of the central impeller.

[42] Air-Xanthan Gum
(Power-law) Triple

RT
HBT

WHD
WHU
MIG

Radial
Radial

Down Axial
Up Axial

Axial

Triple RT exhibited the highest
volumetric mass transfer

coefficient

[100] Air-Xanthan Gum
(Power-law) Double

RT
EED
EEU

Radial
Down Axial

Up Axial

The configuration EED-EEU
provided adequate mass
transfer coefficient, lower

power consumption, and lower
shear rate (desired for
shear-sensitive cells).

[101] Air-CMC
(Power-law) Coaxial

Anchor-Scaba
Anchor-PBTU
Anchor-PBTD

Anchor-
PBT/Rushton

Anchor-PBT Updown
Anchor-ASI

Anchor- ASI Slanted
Anchor-SJFEM

Radial
Up axial

Down axial
Radial/Axial

Up/Down axial
Radial/Axial

Up/Down axial
Down axial

Helicity instabilities indicated
poor aeration efficiency.

Energy-efficient gas dispersion
was achieved by the ASI

impeller with negative helicity.

3.1. Single Impellers

The main challenge of gas-liquid mixing with non-Newtonian media is to promote ho-
mogeneous mixing for adequate mass transfer. This is because the mixing of shear-thinning
fluids results in a well-mixed region close to the impeller blades and a poor-mixed region
far from the impeller [90]. In this regard, close clearance impellers such as the helical ribbon
have been investigated as an alternative to enhance the mixing performance and to avoid
the formation of stagnant zones [102,103]. This impeller type provides a macromixing in
the vessel, which contrasts with the local mixing promoted by high-speed central impellers.
Wide-viscosity-range impeller type is an additional alternative to promote macromixing in
fluids exhibiting complex rheology. This impeller configuration was investigated by Liu
et al. [21], who employed a large-double-blade (LDB) impeller, a Fullzone (FZ) impeller,
and a Maxblend (MB) impeller. They observed that the performance of each impeller type
on the gas dispersion is highly affected by the rheological behavior of the fluid; FZ impeller
promoted the best gas dispersion and mass transfer at low apparent viscosity, whereas MB
impeller demonstrated better performance at higher apparent viscosity.
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Nonetheless, Malik and Pakzad [15] mentioned that radial impellers have been tradi-
tionally employed due to adequate gas dispersion, representing over 80% of the gas-liquid
mixing operations in industrial applications. In this regard, the correct assessment of the
particularities of each mixing system with fluids that possess complex rheology is of main
importance in order to choose a suitable impeller system [21]. For example, in mixing
systems, including shear-sensitive cells, impeller types that induce a lower shear rate are
often preferred, and the effect on the suspended cultures must be considered [104,105].

Khalili et al. [19] investigated the mixing time and relative power demand in a gas-
liquid stirred vessel containing a yield stress fluid. They evaluated radial (Rushton turbine),
axial (pitched blade turbine), and radial-axial (ASI) impellers. Even though the reduction
in power uptake upon gassing when using ASI was not the smallest, this impeller type
promoted the lowest mixing time. The radial impeller, in turn, promoted the highest power
reduction but resulted in a lower mixing time compared to the axial impeller. Similarly,
Malik and Pakzad [15] investigated the mixing time resulting from the gas dispersion in
activated sludge (power-law fluid) using Rushton turbine, ASI (A200-Scaba), and ARI
(A200-Rushton) impellers. Their results showed that the mixing time significantly depends
on the impeller speed as well as on the interaction between impeller speed and gas flow
number. Also, they reported that the lowest mixing time was obtained using the ASI
impeller, similar to the outcomes reported by Khalili et al. [19].

For mixing performance in terms of the overall gas holdup in single impellers, Khalili
et al. [20] showed that the Rushton impeller was slightly better than the ASI. Khare and
Niranjan [106] investigated different radial impellers (bladed disk turbine, concave bladed
disk turbine, and Scaba 6SRGT) for gas dispersion in highly viscous non-Newtonian fluids.
They observed that, differently from Newtonian flows [107], the disk turbine demonstrated
comparable or superior gas holdup than the other radial impellers. Also, Khare and
Niranjan [106] reported that the agitation effect on the gas holdup depends on the fluid
being evaluated and the aeration rate. For a CMC solution, the global gas holdup increased
when increasing the impeller speed for all aeration rates. Differently, a non-monotonic
effect of the impeller speed was observed for the gas holdup in polypropylene glycol
containing CMC solution at low aeration rates, whereas the gas holdup monotonically
decreases when increasing the impeller speed at a high aeration rate. For a xanthan gum
solution, Liu et al. [21] reported that an increase in the impeller speed increased the gas
holdup; however, this growth was reduced when increasing the xanthan gum concentration.
This behavior indicates that a detailed investigation of the agitation effect is required for
different fluid types in order to define optimum operating conditions to avoid unnecessary
power consumption.

Khalili et al. [20] studied the agitation effect on the bubble diameter and observed that
even though the impeller rotation affected the Sauter mean bubble diameter, it did not
change the number of bubble classes in the mixing system. The bubble size distribution, in
turn, depends on the cavity structure for a given impeller type, gas flow rate, and impeller
speed, as presented by Momiroski et al. [65]. Their results also indicated that hollow blade
turbines (HBT) generated smaller mean bubble sizes compared to Rushton turbines (RT).
Furthermore, Cappello et al. [35] studied the agitation effect of a Rushton turbine on the
bubble size and verified that an increase in power consumption due to the impeller rotation
decreases the bubble mean diameter.

The effect of different single impeller types on the mass transfer coefficient was taken
into consideration by Garcia-Ochoa and Gomez [108]. They compared the volumetric mass
transfer coefficient in a stirred tank using different paddles and disk turbine impellers. The
kLa increased when increasing the number of blades for both impeller types, and a better
mass transfer effectiveness was observed for the disk turbine. Furthermore, several authors
have verified that the volumetric mass transfer coefficient increases when increasing the
agitation speed [40,95,109]. In fact, the mass transfer rate relies on the turbulent recirculation
patterns, in which the small turbulent eddies break the bubbles and lead to a higher
interfacial area between the phases [110]. However, Ogut and Hatch [111] observed that the
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kLa is a weak function of the specific power consumption in the agitation of non-Newtonian
fluids using a paddle-type impeller. Similarly, Tecante and Choplin [102] reported that the
volumetric mass transfer coefficient increased more with increasing the aeration rate than
increasing the impeller rotation speed, which implies that the mass transfer mechanism
is mostly controlled by the aeration. It is worth noting that these results were closely
related to the type of the impeller configuration employed in each study. The paddle-type
impeller employed by Ogut and Hatch [111] was not suitable to increase the cavern size
around the impeller, which directly affects the pumping capacity. In addition, Tecante and
Choplin [102] employed a helical ribbon screw, which is a close-clearance impeller that
applies low shear stress into the mixing systems. Therefore, it explains the more significant
effect of the aeration on the kLa compared to the impeller rotational speed.

3.2. Multiple Impellers

Multiple impeller configurations are often employed to promote a more uniform bub-
ble distribution compared to a single impeller configuration, especially when aspect ratios
are larger than one [49,112]. Besides the superior performance for mass transfer, double
impellers on the same shaft require less power compared to two single impellers separately,
which suggests significant savings on an industrial scale gas purged mixing system [113].
When a low shear rate is required, a configuration of multiple close clearance impellers
is suitable. This mixing configuration is also suitable for a better mixing performance
of shear-thinning fluids [114]. However, it is important to note that some particularities
for these impellers may appear. For example, Amiraftabi et al. [115] studied a gas-liquid
dispersion system using a dual helical ribbon impeller and reported that an increase in
impeller speed does not always reduce the mixing time. This indicates that an optimum
rotational speed needs to be found.

Other multiple impeller configurations have been evaluated as reported in the litera-
ture. For instance, Cabaret et al. [88] studied double impellers in centered and off-centered
positions, and the latter configuration had a negative effect on the mass transfer perfor-
mance for shear-thinning fluids described by the power-law model. Valverde et al. [23]
used computational simulation to evaluate the performance of centered double Rushton
impellers for gas dispersion and mass transfer in a xanthan gum solution. They observed
that both gas holdup and mass transfer coefficient increased when increasing the impeller
speed and aeration rate. However, the gas holdup was more sensitive to the variation in
the rotation speed.

Suhaili et al. [116] investigated the mass transfer performance in a gas-liquid mixing
system with non-Newtonian media using different radial impellers in a dual impeller
configuration. They observed that double concave-bladed disc turbines demonstrated
better performance when compared to the double Rushton turbine configuration due to
an enhanced gas handling. Gabelle et al. [22], on the other hand, evaluated different
impeller types (Rushton turbine, PBT, and Mixel TT) in a dual impeller configuration
and observed that the mass transfer was not affected by the stirrer design at a fixed
power consumption. Instead, the tank size significantly influenced the mass transfer in
most of the viscous fluids. Other six different stirrers in a triple impeller configuration
were investigated by Xie et al. [42] for gas dispersion in xanthan gum solutions: 3RT,
HBT+2WHD, HBT+2WHU, HBT+2MIG, EG, and HBT+DHR. They reported that a triple
Rushton turbine (3RT) provided the highest average volumetric mass transfer coefficient,
and a combination of a hollow blade turbine and a double helical ribbon (HBT+DHR)
provided the lowest kLa. However, a high variation in mass transfer rate throughout
the vessel can be observed when combining small-diameter impellers, whereas a more
homogeneous distribution is observed for large-diameter impellers. In this regard, coaxial
mixer is an alternative for enhancing the mixing performance because it combines the
advantages of both impeller types (small-diameter and large-diameter impellers).
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Coaxial Mixers

Although single shaft impellers are commonly employed in industrial processes due
to their easy operation and well-known design methods, they are usually designed to meet
the requirements of specific applications [117]. These systems, however, are prone to failure
in rheologically evolving processes, and alternative configurations such as coaxial mixers
should be employed to overcome such challenges.

Coaxial mixers employ two concentric, motor-driven shafts, in which high-speed
impellers are combined with low-speed close-clearance impellers [118]. The close-clearance
impeller enhances the homogenization by moving the fluid near the wall to the center
of the vessel. The synergistic hydrodynamic effect of impellers rotating independently
promotes an advantageous mixing performance for rheologically complex systems [119].
Regardless of the costs associated with the construction and maintenance of coaxial mixers,
they promote good mixing characteristics in high viscous fluids and a more uniform spatial
distribution of the shear rate [88,120].

A few studies have evaluated coaxial mixers for gas-liquid dispersion applications,
and scant data is available for gas dispersion in non-Newtonian fluids. Espinosa-Solares
et al. [121] studied a helical ribbon-Smith turbine coaxial mixer and reported a good gas
dispersion in both Newtonian and non-Newtonian fluids based on visual observation. Also,
shorter mixing times were reported compared to single impellers [122]. Jegatheeswaran
et al. [30] analyzed coaxial mixers comprised of an anchor impeller and different axial inner
impeller types (A200, A315, and A320) and reported a non-monotonic effect of the speed
ratio on the local and global gas holdup. Later, Jegatheeswaran and Ein-Mozaffari [33] ob-
served that high impeller speed did not contribute to enhancing the gas holdup throughout
the vessel when using a Scaba-Anchor coaxial impeller. These results suggest that the hy-
drodynamics promoted by the central impellers significantly influences the gas dispersion.

The hydrodynamic effect of the central impeller was also investigated by Jamshidzadeh
et al. [37]. They observed that using a double down-pumping pitched blade turbine gener-
ated a higher volumetric mass transfer coefficient than using a double up-pumping pitched
blade turbine or double Scaba impellers. Similarly, Liu et al. [18] studied different single
central impeller types and observed that even though PBT exhibited the highest mass trans-
fer coefficient, the BDT-6 impeller exhibited a better gas pumping capacity. Jegatheeswaran
and Ein-Mozaffari [101], in turn, reported that a radial-axial impeller named ASI was the
most energy-efficient impeller in dispersing the gas compared to Scaba, PBT, ASI Slanted,
PBT Updown, and PBT-Rushton impellers. With respect to the rotation mode, Liu et al. [123]
utilized computational simulations and reported that counter-rotation mode promoted
superior gas distribution, which was later considered by Liu et al. [18]. On the other hand,
other authors reported superior mixing performance of co-rotation mode [29,49].

4. Aeration Effect

Several studies have addressed the aeration effect on different mixing and mass
transfer variables. For example, Ogut and Hatch [111] showed that the gas flow rate
significantly affects the volumetric mass transfer coefficient. From their results, the aeration
had a direct effect on the volumetric mass transfer coefficient, which was also reported by
other authors [18,21,37,108]. In this regard, the aeration increases the number of bubbles
inside the vessel that leads to an increase in the mass transfer rate [40]. In fact, the aeration
effect on kLa can be even more significant than the agitation effect in certain impellers, such
as the helical ribbon screw [102]. However, the combination between aeration and agitation
phenomena determines which variable controls the mass transfer. For instance, the stirrer
agitation has a more significant influence at low aeration rate, whereas the mass transfer is
controlled by the aeration at high gas flow rate [37].

Cascaval et al. [124] showed that in bioreactors systems that require gas dispersion
in broths, the aeration increased the mass transfer rate due to an increase in the oxygen
concentration gradient between the phases. This effect was observed for model fluids,
bacterial, and yeast broths. However, an increase in the aeration rate promoted a non-
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monotonic behavior on the mass transfer coefficient for fungal broths, in which the kLa
reached a minimum value when increasing the gas flow rate.

Similar to the volumetric mass transfer coefficient, the gas holdup is directly influenced
by the aeration rate [20,21,110]. However, the rate of increase in gas holdup is reduced as
the gas flow rate increases, which means that there exists an upper limit for aeration, such
that an undesired flooding condition occurs above this aeration limit. A comprehensive
knowledge of the system is required to enable increasing the aeration while keeping the
flow regime under full dispersion or loading regime. It is worth noting that due to the
complex phenomena that encompass the gas-liquid mixing, especially with non-Newtonian
fluids, different gas holdup patterns may be observed when varying impeller speed at
different air flow rates, as observed by Jamshidzadeh et al. [49] for coaxial mixers.

It is well-known that the power consumption in mixing vessels decreases upon aer-
ation due to the formation of cavities behind the blades that can reduce the rotational
resistance of the stirrer [19,22,125]. The reduction rate in power consumption, however,
becomes smaller as the gas flow rate increases [18]. In non-Newtonian fluids, these cavities
tend to be more stable, which promotes a higher decrease in power uptake [18]. Neverthe-
less, the mixing power is not significantly affected by the aeration rate at low Reynolds
numbers, since its effect is also dependent on the flow regime [125]. In addition to that, an
increase in the aeration rate increases the minimum impeller speed required for complete
dispersion [19].

Moreover, Khalili et al. [20] showed that the variation in gas flow rate did not vary
the number of bubble classes observed in a mixing system, even though the Sauter mean
diameter increased when increasing the aeration rate. An increase in the bubble mean size
upon gassing was also observed by Cappello et al. [35]. Higher aeration favors the bubble
coalescence and reduces the energy transferred by the stirrer, which are the main reasons
for bigger Sauter mean diameters [35,110]. As the bubble diameter increases, the residence
time of these larger bubbles decreases, which explains the reduction in the rate of increase
in gas holdup when increasing the aeration rate [18].

The mixing time is also influenced by the gas flow rate. In general, the aeration
enhances the axial mixing, which decreases the mixing time [15,115]. This is corroborated
by an increase in the fraction of well-mixed zone when increasing the gas superficial
velocity, which was observed by Triveni et al. [31]. However, the aeration effect on the
mixing time also depends on the flow regime in the vessel [120,122]. For example, the
mixing time increases during the onset of dispersion. In this regard, attention is necessary
when increasing the gas flow rate aiming at achieving minimum mixing time because it can
lead to the flooding regime, which is not desired [122]. It is also worth noting that although
the upward gas flow can enhance the axial bulk mixing, it has only a small effect on the
average shear rate, as shown by Campesi et al. [126].

Regarding the sparger type, several studies have evaluated this effect on the mixing
and mass transfer characteristics. Garcia-Ochoa and Gomes [108] reported that the type
of gas supply did not significantly affect the mass transfer rate. On the other hand, Liu
et al. [127] demonstrated that a micro-orifice gas distributor enhanced the gas-liquid mixing
performance in a xanthan gum solution compared to a traditional ring sparger. The micro-
orifice sparger reduced the bubble size injected into the vessel and led to a higher residence
time, augmented gas holdup, and enhanced interfacial area, which increased the mass
transfer rate.

5. Rheological Effect

The rheological effect on gas-liquid mixing systems has been mainly studied by
considering the apparent viscosity value. The apparent viscosity is defined as the ratio
between shear stress and the shear rate. At first, it is important to notice that it is not
straightforward to obtain the viscosity experimentally, since it changes with the shear rate
for non-Newtonian fluids. In fact, the measurement of local shear rate is not simple [128].
Hence, some empirical correlations are available in the literature to obtain the average
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shear rate, as presented in Table 6. The correlation proposed by Metzner and Otto [129],
however, is well-established and is widely applied in many works [21,35,40,88]. Although
this correlation originally assumes a laminar flow regime, it can also be applied in turbulent
regime [130].

Table 6. Empirical correlations to predict average shear rate.

Correlation Mixing System Reference
.
γav = Ki N3/(1+n)

Shear-thinning fluids in
turbulent regime

[126]
.
γav =

( a
d
) 1

c(1−n) k
c− f

c(1−n) N
b−e

c(1−n) [128]
.
γav = Ks N Shear-thinning fluids in

laminar regime

[129]
.
γav = Ks

(
4n

3n+1

) n
n−1 N [131]

Several authors have observed that the volumetric mass transfer coefficient is inversely
affected by the apparent viscosity of non-Newtonian fluids [13,18,40,108,110,111]. Overall,
a decrease in volumetric mass transfer coefficient upon increasing the apparent viscosity
of the fluid is a result of the decrease in the size of the well-mixed region [31]. Ranade
and Ulbrecht [110] observed that a steeper decrease in the mass transfer coefficient can be
obtained for pseudoplastic fluids with viscoelasticity, compared to a pseudoplastic fluid
without viscoelasticity. This is explained by the increase of the elongation viscosity, which
allows the bubbles to deform instead of breaking up. Park et al. [132] further evaluated
the effect of the elastic properties of the fluids and included the dimensionless Deborah
number in the kLa empirical correlation. Their results corroborated that the elastic effects
reduce the volumetric mass transfer coefficient. Gomez-Diaz and Navaza [40] emphasized
the importance of considering the rheological effects on the mass transfer characteristics
in mixing systems. They observed that the kLa was highly affected by the composition of
two polymers in a liquid solution: carboxymethyl cellulose (CMC) and alginate (ALG). The
variation in the composition varied the rheological parameters, which affected the mass
transfer coefficient in different ways, depending on the combination of process conditions.

It is known that an increase in the apparent viscosity, as a result of an increase in the
polymer concentration, decreases the dispersion capability [109]. This effect can lead to
reducing the global gas holdup as demonstrated by Machon et al. [51] for pseudoplastic flu-
ids. They observed that the overall gas holdup decreases when the polymer concentrations
are high enough to promote the formation of large bubbles, which decreases the residence
time due to higher bubble rise velocity. However, the effect of the physical properties on the
gas distribution is complex. Vlaev et al. [133] studied the effects of the apparent viscosity
on the local gas holdup and their results showed that an increase in polymer concentration
increased the resistance to the rise of small bubbles near the vessel wall, whereas a better
gas circulation can be observed in the region close to the impeller due to higher shear rate.
Liu et al. [18] and Ali and Solsvik [110] reported that the gas holdup increased for higher
polymer concentration (i.e., higher apparent viscosity), which was a result of the resistance
to bubble rise in their case.

Nienow et al. [90] studied the power consumption for gas dispersion in rheologically
complex fluids that included viscoelastic effects and yield stress. For yield stress fluids, they
observed the formation of cavities upon aeration, which remained present in the vessel even
when the gas was switched off. This phenomenon is known to reduce the relative power
demand since the cavities reduce the dispersion capability. Similarly, Liu et al. [18] showed
that the relative power demand decreases when increasing the xanthan gum concentration.

Even though several studies have shown that fluid rheology significantly affects
mixing and mass transfer characteristics, an understanding of these phenomena is still
not completely recognized. Further studies are required to enlighten how individual
parameters, such as apparent viscosity, consistency, degree of pseudoplasticity, and yield
stress, affect the gas-liquid mixing behavior. In fact, the investigation of the hydrodynamics
of these mixing systems allows addressing the aeration and agitation phenomena for
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various rheologically complex fluids. The overall performance of mechanically agitated
vessels to disperse gas in non-Newtonian fluids is summarized in the diagram presented in
Figure 4.
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6. Computational Fluid Dynamics

Computational Fluid Dynamics (CFD) has been widely employed for mechanically
agitated vessels’ simulations to obtain a detailed description of the fluid flow behavior.
This analysis enables to accurately verify local variables throughout the vessel, such as
gas holdup, volumetric mass transfer coefficient, and velocity of each phase [134]. Also, it
provides information about variables that cannot be measured experimentally, such as the
local shear rate and local viscosity values of non-Newtonian liquids throughout the vessel.
A wider understanding of the flow pattern for these mixing vessels with complex fluid is
essential to enlighten the effect of operating and design parameters on the mixing and mass
transfer characteristics, especially in those cases where the fluid is opaque. In addition
to this, experiments are more costly compared to numerical analyses; thus, numerical
simulations are often considered a convenient and helpful tool in evaluating such complex
gas-liquid hydrodynamics [135–137].

It is worth mentioning that the CFD simulations need to be validated using experi-
mental data because of the assumptions and closure models [7]. The accuracy of the model
for lab-scale gas-liquid mixing systems is often evaluated in terms of the measured gas
holdup and power consumption [16,29,33]. Once it is validated using the experimental
data, other process conditions and design parameters can be simulated. For instance, the
validated CFD model can be utilized for the scale-up because the models are based on
fundamental physics and are scale-independent. In fact, the CFD models of the pilot-scale
and industrial-scale can be developed and simulated just as easily as the lab-scale model.
Table 7 shows different configurations of agitated vessels that have been investigated using
CFD and highlights some numerical approaches taken into consideration in each study.
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Table 7. CFD simulations of agitated vessels for gas dispersion in non-Newtonian fluids.

Reference Fluids Impeller
Configuration

Tank Size
(m3)

Flow
Regime Drag Model Bubble Size Rotation

Approach Software

[16]

Air-XG
solution

(Power law
model)

Six-blade
Rushton
Turbine

0.02, 22,
and 100

Turbulent
(k − ε model)

Scargiali
et al. [138]

Constant
(experimentally

measured
between 3.4
and 6 mm)

SM and MRF Fluent
2019 R2

[19]

Air-XG
solution

(Herschel-
Bulkley
model)

PBT; ASI;
Rushton disk

turbine
0.05 Laminar

Schiller-
Naumann

model

Constant
(2.5 mm) SM Fluent 16.1

[23]

Air-XG
solution

(Power law
model)

Dual Rushton
turbine 0.004

Turbulent
(SST and k − ε

model)

Schiller-
Naumann

model

Constant
(2, 3, and

4 mm)
MRF Fluent 14.5

[29,32,49]

Air-CMC
solution

(power law
model)

Double
Scaba-Anchor;

Double
PBT-Anchor

0.0628 Laminar
Schiller-

Naumann
model

Size
Distribution
(3–10 mm)

SM Fluent 19

[30]

Air-CMC
solution

(Power law
model)

A200-Anchor;
A315-Anchor;
A320-Anchor

0.05 Laminar
Schiller-

Naumann
model

Constant
(2.5 mm) SM Fluent 16.2

[33]

Air-CMC
solution

(Power law
model)

Scaba-Anchor 0.05 Laminar
Schiller-

Naumann
model

Size
Distribution
(2.5–10 mm)

SM Fluent 16.2

[38]
Air-XG
solution

(Carreau model)

Dual Rushton
turbine 0.2 and 70

Turbulent
(SST and k − ε

model)

Tzounakos
et al. [139]

Constant
(4 and 5 mm) MRF CFX 5.7

[140]
Air-NaCMC
(Power law

model)

Dual helical
ribbon 0.01 Turbulent

(k − ε model)

Schiller-
Naumann

model

Population
balance model

(0.1–7 mm)
MRF Fluent

R19.1

Setting accurate bubble size characteristics is crucial to obtain numerical results close
to experimental data. This is directly related to the drag model, and consequently, entirely
affects the hydrodynamics of the gas-liquid mixing. Also, the flow regime needs to be set
by taking into consideration the previous knowledge of the system, such as the physical
properties of the fluids. For example, a system containing a yield-stress fluid modeled by
the Herschel-Bulkley model is normally simulated using a laminar flow regime. Regarding
the modeling of the impeller rotation, the CPU time is an important factor to determine
if the multiple reference frame (MRF) should be employed instead of the sliding mesh
(SM) technique. Sliding mesh is a transient approach and usually predicts the fluid flow
with the best agreement against experimental data, requiring a higher computational effort.
Nevertheless, the prediction of global hydrodynamics variables is not significantly sensitive
to the approach employed for the modeling of the impeller rotation, so that MRF is more
computationally efficient as reported by Cappello et al. [16].

7. Gas Dispersion in Yield-Stress Fluids with Coaxial Mixers

From the literature review discussed in previous sections, a knowledge gap was
identified for gas dispersion in pseudoplastic fluids with yield stress. These fluids are
commonly employed in pharmaceutical, food, and chemical processes [11]. Therefore, the
investigation of energy-efficient mixing configurations is highly desirable for these applica-
tions. Coaxial mixers, in turn, have demonstrated advantageous features for dispersing
gas in pseudoplastic fluids and for the mixing of single-phase yield stress fluids [28,29,33].
However, their applicability to gas dispersion in yield stress fluid is still uncertain. In
view of that, this work compared the mixing performance of a coaxial mixer (Anchor-PBU)
against a single impeller configuration (fixed anchor, NA= 0 rpm) for gas dispersion in the
xanthan gum solution (1 wt%) with a constant gas flow rate of 10 L/min. Four central
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impeller speeds were tested (190, 310, 430, and 550 rpm), and the anchor impeller speed
was set at 10 rpm in the co-rotation mode for the coaxial mixer configuration.

Electrical resistance tomography (ERT) was used to measure the gas holdup, and
computational fluid dynamics (CFD) modeling was used to predict the flow pattern within
the vessel. The rheological behavior of the xanthan gum was obtained experimentally via
the Bohlin CVOR Rheometer 150 (Malvern Instruments, USA), and the parameters for the
Herschel-Bulkley model were estimated as shown in Equation (6):

τ = 3.852 + 1.637
.
γ

0.370 (6)

The stirred vessel, with a diameter of 40 cm, had a fluid volume of 0.05 m3. The
dimensions of the tank and anchor were the same as previously studied by Jegatheeswaran
and Ein-Mozaffari [28]. However, a pumping-upward pitched blade turbine (PBT) was em-
ployed instead of the Scaba impeller. Detailed information about the impellers dimensions
is given in Table 8. Moreover, the schematic diagram in Figure 5 illustrates the ERT method
used to measure the gas holdup based on the conductivity of the fluid inside the vessel.
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Table 8. Dimensions of the impellers utilized in the coaxial mixer.

Dimensions
Value (mm)

Anchor PBT

Diameter 360 180
Height 360 38
Width 36 70

Thickness 10 4
Clearance 20 180

Impeller hub diameter 50 40
Impeller shaft diameter 20 25

The experimental results for the global gas holdup are shown in Figure 6. The use
of single impeller configuration (NA = 0 rpm) resulted in less efficient mixing, which is
even more apparent for lower central impeller speeds. At 550 rpm, however, the mixing
performance of the two configurations was approximately the same. It indicates that the
single impeller requires a higher impeller rotation to result in a global gas holdup close to
the coaxial mixer. In fact, this demonstrates the superior performance of the coaxial mixer
compared to that of a single impeller because it reaches a higher gas holdup at lower central
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impeller speeds, which is particularly advantageous for systems with non-Newtonian
fluids.
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Figure 6. Gas holdup at different central impeller speeds for a single impeller and a coaxial mixer.

Fluent 2020 R1 was utilized to simulate the mixing system aiming at having a better
insight into the fluid flow throughout the vessel. The Eulerian-Eulerian multiphase ap-
proach was employed, such that both continuous (xanthan gum solution) and dispersed
(air bubbles) phases are considered fully interpenetrating. The dispersed phase was defined
with a constant diameter of 6 mm, and no mass transfer was considered. As reviewed in
Table 7, virtual mass and lift forces were neglected and only the interphase momentum
transfer due to the drag force was considered. The Schiller-Naumann model was employed
to calculate the drag coefficient. In addition, the laminar flow regime was considered, and
the sliding mesh approach was used to predict the impellers’ rotation.

For the interpolation scheme, a second-order upwind was set for the momentum
resolution and QUICK for the volume fraction. The SIMPLE algorithm was employed for
pressure-velocity coupling, and a residual target of 1 × 10−7 was defined for the global
root mean square (RMS). Furthermore, the boundary conditions were defined as presented
in Table 9. It is worth noting that the model was validated against experimental gas holdup
so that the fluid flow can be evaluated in detail, knowing that it truly represents the actual
mixing phenomenon.

In terms of flow patterns, the main objective of mixing processes is to create well-
defined mixing zones. From Figure 7, it can be observed that the single impeller config-
uration did not create the proper circulation loops. On the other hand, the synergetic
agitation of the co-rotation configuration resulted in well-defined circulation loops close
to the impellers and minor circulation loops near the tip of the anchor impeller in the
coaxial mixer.
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Table 9. Boundary conditions for the CFD simulation.

Location Boundary Condition

Sparger holes Inlet: The mass flow rate of air was specified at this boundary

Impeller walls Moving wall: The rotation speed was specified as the same as
the adjacent rotating zone

Vessel wall Stationary wall: Non-slip condition
Liquid surface Outlet: No air backflow was allowed

These results corroborate the mixing performance in terms of gas holdup and indicate
an enhanced gas dispersion in yield stress fluid when using a coaxial mixer compared to a
single impeller. However, future investigation is still required to analyze the effect of each
impeller speed and gas flow rate on the bubbles dispersion.
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8. Scale-Up

The scale-up of mechanically agitated vessels aims to design large-scale systems with
equal mixing quality compared to that in the laboratory or pilot scale [6]. This is a complex
task and encompasses different scale-up strategies. The rule of thumb is the most common
approach, which is based on empirical estimations and experience; hence, it is limited
by the range of applicability of the empirical correlations [53]. Since it is impossible to
keep all mixing parameters constant when scaling-up the mixing system, it is necessary
to evaluate critical factors for specific applications and priorities have to be selected [6].
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Among the scale-up criteria used as a rule of thumb, the following may apply: geometric
similarity, equal specific power consumption, equal impeller tip speed, constant mixing
time, and equal volumetric mass transfer coefficient [141]. In addition, a combination of
design variables may also apply as a scale-up criterion. Nevertheless, the main concern
of scale-up using the rule of thumb is related to the applicability of empirical correlations
obtained from small-scale equipment [142]. The flow regime in small-scale devices is often
kept as homogeneous; however, industrial-size systems normally exhibit a heterogeneous
flow regime such that the available correlations may not be adequately applicable [143].

A wide industrial applicability of gas dispersion in non-Newtonian systems can be
observed in bioreactions, such as in antibiotics production, fungal fermentation, and cell
culture. Bioreactors generally require a good supply of oxygen to the media; therefore,
the mass transfer variables are normally the main scale-up factors [18,144]. One of the
challenges to maintain a certain mass transfer level during the scale-up of these processes
is the complex rheology of the non-Newtonian fluids [145]. The spatial heterogeneity
due to the viscosity variation is sensitive to the equipment size, which directly affects
the degree of contact between the phases [31,111]. Also, additional challenges are related
to geometric similarity. Normally, industrial-size bioreactors employ multiple impellers
whereas a bench-scale system uses a single impeller, meaning that the geometric similarity
is not maintained [145].

Some examples of the scale-up of bioreactors are detailed in the literature. For instance,
Qu et al. [144] investigated a fed-batch fermentation process of docosahexaenoic acid
(DHA) production by Schizochytrium sp. and studied a scale-up strategy that kept the
volumetric mass transfer coefficient constant. They achieved a successful performance for
a maximum volume scale-up factor of 1:150, obtaining similar kLa values for shake flasks,
bench-scale, and pilot-scale. Hardy et al. [145] evaluated three different scale-up criteria
for Trichoderma reesei batch culture: tip speed velocity, specific power drawn, and energy
dissipation/circulation function (EDCF). Their analysis indicated the EDCF criterion as the
best one to overcome the complexities in bioreactors containing non-Newtonian fluids.

Gabelle et al. [22] investigated different scale-up parameters for gas dispersion in shear-
thinning fluids that can be used as model fluids for biological suspensions. They proposed
empirical correlations to predict the relative power demand and mass transfer coefficient
for different scales (42 and 340 L vessels). The relative power demand was predicted with
an accuracy of approximately 10%, whereas the accuracy of the volumetric mass transfer
coefficient correlation was approximately 20%. Computational fluid dynamics simulations
can also be used to analyze the effect of the vessel size on the design variables [16]. In
fact, the comprehensive analysis of the hydrodynamic behavior throughout the vessel in
different scales is highly desired to have a better understanding of the fluid flow upon
scaling-up. However, there are some numerical limitations in simulating commercial-
scale equipment because it requires a high number of mesh elements that lead to a high
computational effort [146]. Normally, model simplifications are needed in these cases but
still a good prediction of the fluid behavior can be obtained from CFD analyses.

9. Final Considerations

This work presented a comprehensive review of the effect of agitation, aeration,
and rheological properties on the gas dispersion in non-Newtonian fluids. The mixing
performance variables, such as the gas holdup, power consumption, bubble size, and
volumetric mass transfer coefficient, were discussed by introducing the main existing
experimental techniques and empirical correlations. The empirical correlations suggested
by previous researchers are the most straightforward way for evaluating the effect of
operating and design parameters on the mixing performance variables. However, the
correlations are limited to specific ranges of fluid properties, impeller configuration, and
process conditions.

In addition, this review paper discussed the individual influence of impeller design,
configuration, rotation speed, gas flow rate, and rheological properties on the power
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consumption, gas holdup, and mass transfer coefficient, based on recent investigations
available in the literature. The studies show that the mixing and mass-transfer characteris-
tics in aerated vessels containing non-Newtonian fluids significantly vary with operating
conditions. It means that each specific process condition must be evaluated in detail to
avoid misleading conclusions about this complex fluid flow. In fact, a complete understand-
ing of the gas-liquid mixing processes containing non-Newtonian fluids is far to become
clear. This is due to the vast range of rheological properties that can be obtained, which sig-
nificantly affect the flow behavior and, therefore, the mixing and mass transfer phenomena.

Future studies providing additional experimental measurements of mixing and mass
transfer variables in aerated stirred vessels are highly desired. For instance, there is a
lack of experimental data for gas dispersion in yield stress fluids and viscoelastic fluids.
This paper also presented the preliminary results for the gas dispersion in the yield-
pseudoplastic fluids with coaxial mixers. These data revealed that the coaxial mixers are
more energy-efficient compared to a single impeller. The coaxial mixer (Anchor-PBU)
resulted in a higher gas holdup which was explained by the flow patterns predicted
by the CFD model. Moreover, different vessel scales, impeller designs, and impeller
configurations still need to be investigated for better comparative analyses. In these cases,
local mixing performance variables should be preferably measured in order to assess the
degree of homogeneity in the stirred vessel. In addition to the experimental data, numerical
investigation from computational fluid dynamics also provides valuable information for
the design of gas-liquid mixing vessels with non-Newtonian fluids, such as the shear
rate and viscosity variation throughout the vessel. In fact, these numerical simulations
are essential to comprehend the gas dispersion phenomenon in complex fluids since the
system performance essentially depends on the fluid flow behavior. Both experimental and
numerical approaches can also be applied to shed light on the scale-up of stirred vessels
utilized for gas dispersion in non-Newtonian fluids. These analyses allow us to propose an
adequate scale-up strategy aiming at maintaining a specific variable constant, such as the
volumetric mass transfer coefficient, and enable us to verify the trade-offs of the scale-up
approach for the industrial-scale mixing performance.
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Nomenclature

d32 Sauter mean bubble diameter m
db Bubble diameter m
D Impeller diameter m
Dc Central impeller diameter m
fPa Anchor power fraction −
fPc Central impellers power fraction −
Fl Gas flow number −
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Fr Froud number −
g Gravitational acceleration m s−2

k Consistency index Pa s
kLa Volumetric mass transfer coefficient s−1

Ks Metzner and Otto constant −
M Torque N m
MA Anchor torque N m
MC Central impeller torque N m
n Power-law index −
N Impeller speed s−1

NA Anchor impeller speed s−1

NC Central impeller speed s−1

Ncd Impeller speed for complete dispersion s−1

N f Impeller speed for flooding regime s−1

NR Speed ratio −
Pg Gassed power W
Po Power number −
Pu Ungassed power W
Q Gas flow rate m3 s−1

r Cavern radius m
Re Reynolds number −
RN Speed ratio −
T Vessel diameter m
V Liquid volume m3

vs Superficial gas velocity m s−1

vvm Volume of gas per volume of liquid per minute min−1

Xxg Mass concentration of xanthan gum wt%
Xcmc Mass concentration of CMC wt%
We Weber number −
Greek Letters
.
γav Average shear rate s−1

εg Gas holdup −
µc Critical viscosity Pa s
µL Liquid viscosity Pa s
µg Gas viscosity Pa s
µap Apparent viscosity Pa s
ρL Liquid density kg m−3

σ Surface tension N m−1

τy Yield stress N m−2

Acronyms
ARI A200/Rushton impeller
ASI A200/Scaba impeller
BDT-6 Six curved-blade disc turbine
CFD Computational fluid dynamics
CMC Carboxymethyl cellulose
DHR Double helical ribbon
EE Elephant ear impeller
EED Elephant ear impeller pumping downward
EEU Elephant ear impeller pumping upward
EG Ellipse gate impeller
HBT Hollow blade turbine
MRF Multiple reference frame
WHD Wide-blade hydrofoil impeller pumping downward
WHU Wide-blade hydrofoil impeller pumping upward
PBT Pitched blade turbine
PBTD Pitched blade turbine pumping downward
RT Rushton turbine
SM Sliding mesh
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