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Novel approach for low CO2 intensity hydrogen from
natural gas†

Julian Straus,∗a Vidar Torarin Skjervold,a Rahul Anantharaman,a and David Berstada

Hydrogen from natural gas with CO2 capture can be a key transition technology to a low carbon energy
system due to the abundance of natural gas and the possibility to increase the production capacity
quickly. However, it is necessary to achieve both a high energy efficiency and a high CO2 capture ratio
to be a viable option. The liquefaction of CO2 is one promising separation technology as it provides the
captured CO2 in a transportable format. This paper therefore proposes a hydrogen production process
with integrated CO2 liquefaction. Efficiencies of up to 84.7 % (Based on the higher heating value)
and CO2 capture ratios of up to 97.2 % can be achieved. One advantage of the utilization of CO2

liquefaction as separation technology is furthermore the possibility to incorporate a partial recycle of the
flue gas from the separation to the water–gas shift reaction, increasing both energy efficiency and carbon
capture ratio.

1 Introduction
Hydrogen as energy carrier based on low-carbon energy sources is
expected to play an important role in a carbon constrained energy
system of the future. Several industrial and energy sectors can be
partially or even fully converted to hydrogen, with the potential
to reduce global CO2 emissions substantially in the future. In the
2050 vision of the Hydrogen Council, 18 % of the global end-
use energy demand (80 EJ) is supplied from hydrogen, reducing
annual CO2 emissions by 6 Gt CO2eq1. Both renewables-based
and decarbonised fossil fuels can enable hydrogen production and
use with very low net CO2 emissions.

Hydrogen supply is a major global business, with an annual
demand of 70 Mt/a purified hydrogen and additionally 45 Mt/a
crude hydrogen2, primarily in the refining and ammonia indus-
try. Since fossil energy sources dominate the hydrogen production
industry, the resulting CO2 emissions caused by hydrogen produc-
tion are currently 830 Mt CO2eq/a2. There has thus been a focus
on identifying efficient, scalable technologies for hydrogen pro-
duction from fossil fuels with low emissions, where the hydrogen
production process is realised with CO2 capture and storage3.
Hydrogen from natural gas can reach parity with hydrogen from
renewable power provided that the overall decarbonisation ratio
is sufficiently high. In order to achieve this, an adequate combi-
nation of technologies for conversion, separation, and purification
must be developed.

A first differentiation can be achieved through the reactor type.
The main reforming reactors are steam methane reformer (SMR),
autothermal reformer (ATR), and gas heated reformer (GHR)4.
SMRs are used today and require an external heat source for
providing energy to the endothermic reaction. Heat can be also
provided from inside the reactor in an ATR, having the advan-
tage that all produced CO2 is present in a single stream. GHRs
are similar to SMRs but the required heat is provided through
a gas stream and not a combustion reaction. Hence, they are
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frequently coupled with ATRs. Novel reactor technologies like
protonic membrane reactors (PMR) are also developed5 combin-
ing both reforming and hydrogen separation, and can be coupled
with CO2 separation and purification6. An overview of the differ-
ent reactor technologies is provided by Voldsund et al. 7 .

The hydrogen separation technology plays an important role
in addition to the conversion reactor. Pressure swing adsorp-
tion (PSA) is the standard technology for hydrogen separation
from syngas. Hydrogen selective membranes offer an energy effi-
cient alternative to PSA particularly for hydrogen production with
CO2 capture. Hydrogen membranes and membrane reactors have
been an active area of research for low emission hydrogen pro-
duction from fossil fuels with CO2 capture8. Dense metal mem-
branes (mainly palladium alloys) and dense ceramic membranes
are currently the most suitable materials to produce high purity
hydrogen streams. Palladium alloy membranes, with their high
hydrogen permeability, mechanical durability and in some cases
resistance to impurities have shown their potential to be a cost-
efficient alternative9.

In addition to the palladium-based hydrogen separation, a CO2

separation or purification step is required to achieve CO2 at trans-
port purity and conditions. The CO2 partial pressure is high in
the retentate stream from the hydrogen membrane given the high
pressure of the retentate gas stream and the high CO2 concentra-
tion. A low–temperature liquefaction process is the best suited
separation process for these conditions that produces CO2 at high
purity and allows flexibility in attaining transport conditions suit-
able for either pipeline or ship transport of CO2

10. Additionally
the low–temperature liquefaction process recovers additional hy-
drogen from the retentate stream. This combination of processes
has been shown to be highly efficient for high purity hydrogen
production with CO2 capture from coal gasification11.

The low–temperature CO2 liquefaction process results in a tail
gas stream at a relatively high pressure (> 30 bar). This tail gas
stream is rich in CO thus reducing the CO2 capture ratio (CCR)
of the overall process and increasing the CO2 intensity hydro-
gen production process. This tail gas stream can potentially be
recycled to the water–gas shift reactor without requiring any ad-
ditional equipment. This results in an improved utilization of the
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natural gas feed as less hydrogen is burned for power generation.
Furthermore, recycling CO2 may result in a reduced CO2 intensity
of hydrogen if the capture ratio per pass is kept constant.

This paper will present a novel process for hydrogen produc-
tion from natural gas with very low CO2 intensity with palladium
alloy membranes and low–temperature CO2 liquefaction separa-
tion technologies. Furthermore, the CO2 separation process is
coupled with a conventional PSA unit. This work will investi-
gate the impact of tail gas recycling in combination with SINTEF
Energy Research’s own developed design for low-temperature liq-
uefaction of CO2 on the performance of natural gas reforming for
hydrogen production.

It is structured as follows. Section 2 describes the process con-
figuration for hydrogen production, with a focus on the CO2 se-
questration process through liquefaction. Section 3 shows the
detailed analysis of the impact of tail–gas recycle on both the eco-
nomic and environmental performance of the process, as well as
the improved performance of the CO2 sequestration process. Sec-
tion 4 discusses the implication of the utilization of low temper-
ature liquefaction as CO2 sequestration technology. The paper
concludes in Section 5.

2 Process description

2.1 General considerations

The H2 plant is designed for a production capacity of 450 t/d of
H2 at a pressure of 20 bar in the configuration using the palladium
membrane process and a pressure of 34 bar in the configuration
using pressure swing adsorption (the outlet pressure of the ad-
sorption unit). The pressure of 20 bar corresponds to the most
common feed conditions for H2 liquefaction. The sequestered
CO2 is delivered at a pressure of 110 bar and is required to have
a temperature below 30 ◦C. The process was modelled in Aspen
HYSYS. All reactors, except for the tail–gas furnace, were mod-
elled as equilibrium reactors. The latter was modelled as a Gibbs
reactor. The heat exchangers were modelled as simple end–point
heat exchangers. The following sections will describe the process
sections and list the main modelling assumptions. Table 1 pro-
vides an overview of the general process parameters used for all
unit operations in the paper.

2.2 Reforming section and steam cycle

The reforming section is the core section for the production of H2

and is an oxygen-blown autothermal (ATR) reforming process,
where O2 is supplied by a conventional cryogenic air separation

Table 1 General process parameters

Parameter Value Unit

Mechanical to electrical efficiency 0.98 –
Cooling water pump power demand 0.007 kWel

kWth

Cooling water inlet temperature 10 ◦C
Pump efficiency 80 %
Isentropic efficiency compressors 85 %
Isentropic efficiency expanders 85 %

Fig. 1 Reforming section, consisting of a prereformer and an autother-
mal reformer (ATR), with steam cycle. Red labelled heat exchangers
correspond to heaters, whereas blue labelled heat exchangers correspond
to coolers.

unit. The layout of the air separation unit has not been consid-
ered and for simplicity, it is assumed that the O2 is supplied at
atmospheric pressure and compressed to the reaction pressure in
a three-stage intercooled compression train. A process flow di-
agram of the reforming section can be found in Fig. 1. The re-
forming of the natural gas is performed in two steps. First, the
natural gas feed is preheated, mixed with superheated medium
pressure (MP) steam, and fed to a prereformer to convert higher
hydrocarbons to CH4, H2, CO, and CO2 according to the follow-
ing reactions:

CH4 +H2O −−⇀↽−− CO+3H2 (1)

C2H6 +2H2O −−⇀↽−− 2CO+5H2 (2)

C3H8 +3H2O −−⇀↽−− 3CO+7H2 (3)

C4H10 +4H2O −−⇀↽−− 4CO+9H2 (4)

CO+H2O −−⇀↽−− CO2 +H2 (5)

Reactions (1) to (4) correspond to reforming reactions. These
reactions are all endothermic. Reaction (5) corresponds to the
exothermic water-gas shift reaction which is also the governing
reaction in the water-gas shift reactors. The reactor outlet is then
mixed with superheated MP steam and O2 from the air separa-
tion unit and fed to an autothermal reformer. The autothermal
reformer converts CH4 to H2, CO, and CO2 through reactions (1)
and (5) with the following, additional reaction equations:

CH4 +2O2 −−⇀↽−− CO2 +2H2O (6)

C2H6 +3.5O2 −−⇀↽−− 2CO2 +3H2O (7)

These two reactions correspond to combustion of the fuel to pro-
vide the energy for the endothermic reforming reactions. The
reactor outlet temperature is controlled using the O2 flowrate.
The reactor outlet is cooled in two heat exchangers, first for the

2 | 1–14



Fig. 2 Water–gas shift section consisting of a) a high temperature (HT)
and low temperature (LT) water–gas shift reactor and b) a medium tem-
perature (MT) water–gas shit reactor. Blue labelled heat exchangers
correspond to coolers.

evaporation of high pressure (HP) water, and subsequently for
the evaporation of MP water which is fed to both the prereformer
and the ATR. The resulting synthesis gas is then fed to the water–
gas shift section. The key process parameters for the reforming
section can be found in Table 2.

The steam cycle provides the process with MP steam and elec-
tricity and consists of three pressure levels as described in Table 2.

2.3 Water–gas shift section

The process flow diagram of the water–gas shift section is illus-
trated in Fig. 2. Two different configurations are investigated in
this study, a combination of a high temperature (HT) and a low
temperature (LT) reactor, as well as a single medium temperature
(MT) reactor. The latter results in an increased outlet tempera-
ture which reduces the size of the required palladium membrane
in separation.

In setup a), the synthesis gas from the ATR is first cooled down
and then fed to the HT WGS reactor. The reactor outlet is further
cooled down, mixed with tail gas from the low temperature CO2

liquefaction section, and fed to the LT WGS reactor. Setup b)
differs as the tail gas recycle is mixed directly with the synthesis
gas. Only reaction 5 takes place in the reactors. The key process
parameters of the water–gas shift section can be found in Table 3.

Table 2 Key process parameters for the reforming section and the steam
cycle

Parameter Value Unit

Steam/Carbon – prereformer 1.5 –
Feed temperature – prereformer 410 ◦C
Steam/Carbon – ATR 1.5 –
Feed temperature – ATR 454 ◦C
Outlet temperature – ATR 1050 ◦C
ASU power demand 200 kWhel

t O2

Low pressure steam/water (LP) 4.8 bar
Medium pressure steam/water (MP) 45 bar
High pressure steam/water (HP) 126 bar

2.4 H2 and CO2 separation

Two separation steps for H2 and CO2 separation are typically
required to ensure that the purity specification for H2 and CO2

streams are met7. All investigated cases first separate H2 selec-
tively and subsequently CO2. The technologies considered for
H2 separation are pressure-swing adsorption (PSA), a conven-
tional and proven technology, and palladium-alloy membranes,
an emerging technology currently not fully scaled-up and com-
mercialised. CO2 separation is achieved in all cases by condens-
ing the CO2 at low temperature. This is the most rational way to
separate CO2 for gas mixtures with relatively high CO2 concentra-
tions, particularly for the H2/CO2 (syngas) systems10. However,
the choice of H2 separation technology results in different pro-
cess flow diagrams for the liquefaction section. Fig. 3 illustrates
the process flow diagram for the separation section for a) pal-
ladium membrane separation and b) pressure swing adsorption
separation.

As discussed earlier, the novelty of process developed and eval-
uated in this work is that the tail gas from the separation is partly
recycled to the water–gas shift section to convert remaining CO
and increase the CO2 capture ratio while the remainder is bled
from the system and burned for energy recovery. This is thus
done for both the separation cases. Table 4 provides an overview
of the process parameters used in the separation section. The
following subsections will describe the two different processes.
Note, that with respect to the downstream processes, a key dif-
ference is in the pressure level of the product streams after sepa-
ration. While pressure swing adsorption results in a low pressure
CO2 rich stream and a high pressure H2 stream, palladium mem-
brane separation results in a high pressure CO2 stream and a low
pressure H2 stream, and therefore opposite H2 and tail/retentate
gas compression requirements. A modified version of the Peng-
Robinson equation of state was used to simulate the separation
processes as recommended by Fandiño et al. 12 . However, it has
to be noted, that it was not possible to implement the complete
reformulation of Fandiño et al. 12 as Aspen HYSYS does not allow
temperature dependent interaction parameters. Hence, a tem-
perature independent interaction parameter for CO2 and H2 was

Table 3 Key process parameters for the water–gas shift section

Parameter Value Unit

Feed temperature – HT WGS 350 ◦C
Feed temperature – LT WGS 200−300 ◦C
Feed temperature – MT WGS 200−300 ◦C

Table 4 Key process parameters for the separation section

Parameter Value Unit

Adsorptive dehydration power demand 3 MJel
kg H2O

Tail gas recycle ratio 60−95 %

H2 recovery – Pd membrane 90 %
H2 permeate pressure 3 bar

H2 recovery – PSA 87 %
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Fig. 3 H2 and CO2 separation using a) a palladium membrane for H2 separation and b) a pressure swing adsorption (PSA) unit. Blue labelled heat
exchangers correspond to coolers.
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implemented.

2.4.1 H2 separation using palladium membranes

The shifted synthesis gas is directly fed to a palladium membrane
where H2 permeates through the membrane. The membrane is
selective only to H2. The flux across the membrane is a function
of the partial pressure difference of H2 across the membrane. A
lower permeate pressure reduces the size of the membrane mod-
ule while a higher permeate pressure reduces the required H2

compression. The permeate pressure is therefore an important
design parameter that accounts for the aforementioned trade-off.
An in-house model for the Pd membrane module was developed
using Python programming language. The membrane model is
based on the development of Berstad et al. 13 . It has a tubular
geometry and the required membrane area is calculated based on
the number of equivalent pipes in a larger shell. No sweep is as-
sumed in the separation since this would dilute the H2 and there-
fore be counterproductive. Hence, the absolute pressure equals
the hydrogen partial pressure on the permeate side. The perme-
ate is subsequently compressed with interstage cooling to achieve
the final desired pressure. The retentate is first cooled down to
23 ◦C and the condensed water is separated. The remaining water
vapour is then removed using adsorptive dehydration. The CO2

rich retentate gas is compressed in a retentate compressor and
again cooled to 23 ◦C.

The pressurised and dried retentate gas is further cooled using
a multistream recuperative heat exchanger heat exchanger (HX1)
which uses the liquefied CO2 and the tail gas as cooling medium.
A part of the CO2 is condensed in this heat exchanger. Subse-
quently, it is further cooled using a propane refrigeration cycle
(labelled IT auxiliary refrigeration, see Section 2.4.3) and a sec-
ond multistream heat exchanger (HX2) using the tail gas, tail gas
reduced in pressure through a cryoexpander, and liquefied CO2

at two different purity levels. The cooled stream is further cooled
using an ethane refrigeration loop and separated to liquid CO2

at around 95 % purity and tail gas. The CO2-depleted gaseous
separation product is the tail gas from the low-temperature CO2

separation unit. This tail gas is sent to HX2 for internal heat recu-
peration and subsequently expanded using a cryoexpander. The
induced temperature reduction from the expansion allows it to
be used once more in a second cold-side channel in HX2. It is
thereafter used for thermal recuperation in HX1. The CO2-rich
liquid stream from the first separator is first used for heat inte-
gration in HX2 and subsequently purified in a sequence of three
flash separator tanks at different pressure levels.

The cold, purified liquid CO2 stream is compressed to super-
critical pressure by a low temperature pumping stage (LT CO2

pump) and thereafter heated in HX2 and HX1 and compressed
to its final pressure by a second pumping stage (HT CO2 pump).
As the flash gas streams from the three sequential flash separa-
tion units have high CO2 concentrations (60−94 mol%), they are
re-compressed and mixed with the main retentate feed stream
entering the low-temperature CO2 liquefaction section. This con-
tributes to increasing the CO2 capture rate as well as recovering a
considerable amount of valuable hydrogen and unconverted CO.

Fig. 4 a) refrigeration cycle for the liquefaction of CO2 and b) tail gas
furnace. Red labelled heat exchangers correspond to heaters, whereas
blue labelled heat exchangers correspond to coolers.

2.4.2 H2 separation using pressure swing adsorption

The shifted synthesis gas is first cooled down to 23 ◦C and the
condensed water separated. Subsequently, H2 is separated using
pressure swing adsorption. The pressure swing separation is not
modelled in detail. Instead, it is assumed that a H2 recovery of
87 % is achievable. As the tail gas for the pressure swing adsorp-
tion unit is at a pressure of 1.1 bar, it is necessary to compress the
tail gas in five compression steps with interstage cooling. After
the third stage, remaining water is removed using adsorptive de-
hydration. The coldbox structure is similar to the structure used
in Section 2.4.1. However, as the tail gas from the PSA unit has
to be compressed for liquefaction, it is not necessary to include
compressors for compressing the gas stream leaving the flash sep-
arators used for purification. Instead, the gas is mixed with the
feed gas at the second, third, and fourth pressure level, resulting
in a reduction in the required number of compressors.

2.4.3 Refrigeration cycle

The refrigeration cycle provides auxiliary cooling capacity for the
liquefaction of CO2. The structure of the refrigeration cycle is
independent of the the H2 separation technology. The pressure
levels may however vary in the different process configurations
due to different optimal temperature levels in the liquefaction
section. Fig. 4 illustrates the utilized configuration, which is a
cascade refrigeration cycle based on single-component propane
and ethane refrigerants. The intermediate temperature (IT) re-
frigeration cycle uses propane as refrigerant and operates at three
pressure levels. The medium pressure (MP) level is compressed
to the high pressure (HP) level, cooled by water, and flashed into
a liquid receiver. The gas leaving the receiver is fed again to the
medium–to–high pressure compressor. The liquid outlet of the
receiver is further flashed to the low pressure and used for both
the IT auxiliary refrigeration and the heat sink of the ethane cy-
cle. The evaporated propane is then compressed and fed to the
compressor.
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The low temperature (LT) refrigeration cycle utilizes ethane as
refrigerant. It has two pressure levels and utilizes the low pres-
sure liquid propane as heat sink.

2.5 Heat integration

Heat integration of the process is done using Pinch Analysis. A
global minimum temperature approach of 50 K is used in the
pinch analysis. The aim of the heat integration is to maximize
power generation in the steam cycle while maintaining zero hot
utility demand. To this end, the steam–cycle flowrate is varied.
The pinch analysis was conducted using a Python script which
receives all relevant parameters from the HYSYS simulation and
manipulates the steam–cycle flowrate directly.

2.6 Key performance indicators

Key performance indicators (KPI) are necessary for the compar-
ison of the different process options. They consist of both envi-
ronmental (e.g. carbon capture ratio) and efficiency (e.g. energy
efficiency) indicators. In the following, stream 1 corresponds to
the natural gas feed, stream 2 to the H2 product stream, stream
3 to the water stream, stream 4 to the liquefied CO2 stream, and
stream 5 to the exhaust stream.

The carbon capture ratio is defined as the ratio between the
molar flowrate of carbon in the captured CO2 stream and the
total carbon molar flowrate in the natural gas feed:

CCR =
ṁCO2,4

ṁC,1
(8)

A second important KPI related to the carbon capture ratio is the
specific CO2 emission, defined as:

σR =
ṁCO2,3 + ṁCO2,5 +σPPR

ṁH2,2
(9)

It corresponds to the relative CO2 emissions of the produced H2

and is influenced by both the required electricity and its CO2 in-
tensity σP (the used value is 18.9 g/kWh and corresponds to the
Norwegian electric grid in 2018) and the emitted CO2 of the pro-
cess in the water (stream 3) and furnace outlet (stream 5). Hence,
the CO2 emissions of natural gas production are not included.

The first law efficiency of the process configurations is evalu-
ated using the energy efficiency both for the higher heating value
(HHV) and the lower heating value (LHV) as:

η
HHV
R =

HHVH2 · ṁ2

HHVNG · ṁ1 +PR
(10)

η
LHV
R =

LHVH2 · ṁ2

LHVNG · ṁ1 +PR
(11)

PR corresponds to the power input of the process. Note, that PR is
always in the denominator, independently of whether electricity
is generated or consumed. If electricity is generated, it should
normally be positive in the nominator instead of being negative
in the denominator. This will result in a small underestimation of
the efficiency, if the generated electricity is large compared to the
energy of the H2 product stream. As this is not the case for a H2

production plant, this small error is negligible.
As the first law efficiency combines both thermal and electrical

energy without accounting for their different nature, it is further-
more important to calculate the specific equivalent power input:

νR =
LHVNG · ṁ1 ·ηNG +PR

ṁH2,2
(12)

Here, it is assumed that the natural gas is used in a combined cy-
cle gas turbine to generate electricity with a lower heating value-
based thermal efficiency of ηNG. Typical values for state of the art
combined cycle gas turbines are depending on the power output
of the turbine. They can reach values of up to ηNG = 58− 62 %.
The efficiency ηNG has a significant effect on both the absolute
value of the specific power input and the optimal value in the
analysis. Hence, a sensitivity analysis regarding the value will
be conducted. The specific equivalent power input will balance
increased power demand with reduced natural gas demand, and
hence, allows a comparison of technologies in which both change.

Another relevant KPI for comparing processes is the palladium
membrane area. The two cases using palladium membrane H2

separation will be furthermore compared using the total mem-
brane area to investigate the impact of an increased feed tem-
perature of the last water–gas shift reactor in comparison to a
reduced CO conversion in reaction (5).

Tail gas recycling may result in an increased volumetric
flowrate in the cycle consisting of the water–gas shift section
(Fig. 2) and the separation section (Fig. 3). As the volumetric
flowrate correlates to the required equipment sizes, and hence
costs, it is important to compare changes in the flowrates as well.
Key flowrates, which will be investigated, are the feed to the LT–
WGS reactor, the feed to the low-temperature CO2 liquefaction
section, and the natural gas feed. All flowrates are normalized
using the palladium membrane model with 60 % tail gas recycle
and a feed temperature to the low temperature water–gas shift
reactor of 200 ◦C.

3 Results
As outlined in Section 2, the three process configurations investi-
gated in this work are:

1. pressure swing adsorption for H2 separation as state–of–the–
art H2 separation technology with two water–gas shift reac-
tors;

2. palladium membrane separation as novel H2 separation
technology with two water–gas shift reactors;

3. palladium membrane separation for H2 separation with one
water–gas shift reactor.

Note that all these process configurations include a low tempera-
ture CO2 liquefaction process for CO2 separation and purification.

3.1 Impact of tail gas recycling and WGS temperature
Tail gas recycling is a novel concept presented in this work to
increase the CCR and H2 recovery. In a first step, we analyse the
impact of the tail gas recycling ratio and the feed temperature to
the last water–gas shift reactor (MT or LT) on the performance
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Fig. 5 CO2 capture ratio as a function of tail gas recycle ratio (TGR)
and LT–WGS inlet temperature. Process configurations 1, 2, and 3 are
represented by pink, blue, and green surfaces, respectively.

of the process. To this end, a sensitivity analysis is performed in
which both parameters are varied.

Fig. 5 shows that larger tail gas recycle rates result in a sub-
stantial increase in the carbon capture ratio. Lower feed temper-
atures to the LT–WGS are favourable, due to an increased shift of
the exothermic chemical reaction towards CO2 and H2. Carbon
capture rates of 97.4 % and 97.3 % can be achieved by process
configurations 1 and 2, where both an HT–WGS and LT–WGS re-
actor are present. Process configuration 3, with one MT–WGS,
achieves slightly lower CCR values over most of the domain but
gives a carbon capture ratio of over 97.0 % at a high recycle rate
and low WGS inlet temperature. It is not surprising that the CCR
increases with increasing tail gas recycle and reduced feed tem-
perature to the water–gas shift reactor. The impact of the WGS
feed temperature is however less pronounced at high tail gas re-
cycling ratios.

From Fig. 6 it can be seen that process configuration 2 has the
highest HHV efficiency, with a maximum value of 84.7 %. Increas-
ing the tail gas recycle rate reduces the consumption of natural
gas in the process as higher conversion is achieved by increasing
conversion of CO and recovery of H2. This leads to increased ef-
ficiency. The efficiency also increases with lower WGS feed tem-
peratures as lower WGS temperature corresponds to favourable
thermodynamic conditions for increased CO conversion.

Process configurations 1 and 3 exhibit similar trends for recy-
cle rates below 90 %. Above this value, the marginal efficiency
increase of the PSA process with two WGS reactors decreases
slightly, caused by the increased feed stream to the CO2 separa-
tion section. The disadvantage of the PSA process in this respect
can be explained by the increased number of compression steps
which are required due to the low pressure of the PSA tail gas as
shown in Fig. 3 b). Again, it is possible to identify similar trends
as in Fig. 5 where the impact of the feed temperature to the WGS
reactor is reduced at high recycle ratios.

Contrary to the previous figures, Fig. 7 indicates the presence
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Fig. 6 Higher heating value energy efficiency as a function of tail gas
recycle ratio and LT–WGS inlet temperature. Process configurations 1,
2, and 3 are represented by pink, blue, and green surfaces, respectively.

of an optimal value of the tail gas recycle rate with regard to
the equivalent power requirement of the process. As the tail gas
recycle rate is increased, the power generated from the process
decreases. However, this negative effect is counteracted by the
reduced consumption of natural gas caused by recycling. For pro-
cess configurations 1, 2, and 3, the minimum value of νR is found
at a recycle rate of 88, 91 and 92 %, respectively.

As noted in Section 2.6, the efficiency ηNG has an impact on the
position of the minimum of the equivalent power requirement νR.
Hence, it is necessary to investigate the impact for the decision on
best tail gas recycle ratio. Fig. 8 shows the tail gas recycle ratio
(TGR) and the feed temperature to the LT–WGS reactor at which
ηNG is minimal as a function of νR for process configuration 2.
The steps in the best tail gas recycle ratio and feed temperature is
caused by the numerical tolerance of the HYSYS simulations and
the changes in TGR of 1 percentage point. The figure indicates as
expected that a higher ηNG will correspond to a higher tail gas re-
cycle ratio for a minimum νR. Comparing process configurations
1 and 2, we can see that both prefer a feed temperature to the
LT-WGS reactor of 200 ◦C independent of the chosen ηNG. The
best tail gas recycle ratio increases however, from around 75 %
to around 90 % with increased νR. Process configuration 2 has
over the range a slightly higher best tail gas recycle ratio. Process
configuration 3 behaves differently; the higher the efficiency, the
higher the tail gas recycle ratio and the higher the feed temper-
ature to the LT-WGS reactor. The first statement is expectable,
although the increase is more pronounced compared to process
configurations 1 and 2. The increase in the feed temperature can
be explained by the increased power generation at a higher feed
temperature. This counteracts in process configuration 3 the re-
duction in natural gas consumption.

Large gas turbines of the G or H class in a combined cycle con-
figuration typically have an efficiency of around 60 %. Given the
large natural gas requirement for a 450 t/d hydrogen production
facility, ηNG = 60 % could be a reasonable value to use for the
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Fig. 7 Specific equivalent power input as a function of tail gas recycle
ratio and LT–WGS inlet temperature with ηNG = 60 %. Process config-
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Fig. 8 Tail gas recycle ratio (TGR) and feed temperature to the LT-
WGS reactor (LT −WGS) at the minimum in the specific equivalent power
input as a function of the turbine efficiency ηNG for the different process
configurations.

purposes of this work. It should however be noted that optimal
tail gas recycle ration discussion here does not include its impact
on the economics of the process. This will be discussed in Sec-
tion 4.1.

From Fig. 5 and Fig. 6, we can see that the process configu-
rations have the highest CCR and ηHHV

R at the lowest feed tem-
perature to the WGS reactor. This is not surprising as a lower
outlet temperature represents a higher conversion in the water–
gas shift reaction, and hence a higher CO2 and H2 concentration
in the outlet stream. νR behaves slightly different. Process con-
figurations 1 and 2 have a minimum at the minimal investigated
temperature for all tail gas ratios. Process configuration 3 has a
minimum at a feed temperature to the MT–WGS reactor of 290 ◦C.
Furthermore, process configuration 3 behaves slightly strange as
there are local minima for a varying feed temperature. These lo-
cal minima are caused by non-smooth changes in the power gen-
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Fig. 9 Palladium membrane area as a function of tail gas recycle ratio
and LT–WGS inlet temperature. Process configurations 2 and 3 are
represented by blue and green surfaces, respectively.

eration. However, both process configuration 2 and 3 are rather
flat with respect to changes in the feed temperature at high tail
gas recycle ratios

Fig. 9 shows the required palladium membrane area for pro-
cess configurations 2 and 3. As we can see, process configuration
3 has always a lower membrane area, independently of the tail
gas recycle ratio and the temperature to the last WGS reactor.
This is caused by the higher feed temperature to the palladium
membrane modules, counteracting the increased flowrates to the
module. Increasing the tail gas recycle ratio has only a negligi-
ble impact up to a recycle ratio of around 90 % from which point
onwards, we can see an exponential increase due to the exponen-
tial increase in the feed flowrate. It is interesting to note that the
impact of the WGS feed temperature is small in process configu-
ration 3 compared to process configuration 2. As process configu-
ration 3 does not include a HT-WGS reactor, we have an increased
conversion in the MT-WGS reactor compared to the conversion in
the LT-WGS reactor in process configuration 2. Correspondingly,
process configuration 3 has always a higher outlet temperature
of the WGS reactor, and hence, a higher feed temperature to the
palladium membrane. The flux through the palladium membrane
increases however only marginally above a certain temperature.
Hence, the increase in the outlet temperature of the MT-WGS re-
actor does not give a similar reduction in membrane area as it is
the case for process configuration 2.

3.2 Improved process parameters for CO2 separation
The sensitivity analysis in the previous sections were conducted
using fixed parameters in the CO2 liquefaction section. The main
separation was conducted at a pressure of 80 bar and a temper-
ature of −54 ◦C while the purification in the third flash unit was
conducted at a pressure of 6 bar and a temperature of −55 ◦C.

The liquid yield and CO2 cut achieved in the main separator
is highly dependent on the separation temperature and pressure
as well as feed CO2 concentration and overall composition. This
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Fig. 10 Specific equivalent power input as a function of the separation
temperature TSep and pressure pSep for process configuration 2.

is shown using the CO2 cut in the supplementary information†.
Furthermore, these parameters have a major influence on the op-
erating costs of the CO2 capture system. A lower pressure and a
higher temperature results in reduced operating costs but at the
expense of reduced separation efficiency. Due to the recycle of the
tail gas to the water–gas shift section, the impact of the reduced
pressure and temperature on the total CO2 capture ratio may be
reduced. However, there exists a minimum with respect to oper-
ating costs due to the increased flow in the recycle loop. Hence,
it is necessary to identify systematically the best operating con-
ditions. Further important process parameters are the heat duty
in the intermediate temperature auxiliary refrigeration loop and
the pressure of the high pressure propane loop. The latter has an
influence on the size of the heat sink heat exchanger in the re-
frigeration loop and the compressor size and energy requirement.
The following illustrations are related to process configuration 2.
Both process configurations 1 and 3 behave similar to process 2
with only changes in the absolute values and slight changes in
the position of the minima. Corresponding figures can be found
in the supplementary information†.

Fig. 10 visualizes the specific equivalent power requirement νR

for changes in the separation pressure and temperature. From
this plot, it is possible to see a minimum for a separation pres-
sure as a function of the separation temperature. A key point is
that neither a very low separation temperature at a low separa-
tion pressure nor a very high separation temperature at a high
separation pressure is desirable for the energy demand. Note that
although the difference of 0.09 kWh/kg H2 between the maxi-
mum and minimum value in the chosen range seems small and
corresponds to 0.37 %, it corresponds to a reduction in the energy
demand of the liquefaction of 20.66 %. This is caused by the large
demand for energy in the form of natural gas.

Fig. 11 shows the corresponding CO2 capture ratio. It is not
surprising that the CO2 capture ratio is increasing with both a
higher separation pressure and and lower temperature. The ac-
tual increase is however interesting to see, as the change is only
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Fig. 11 CO2 capture ratio as a function of the separation temperature
TSep and pressure pSep for process configuration 2.
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Fig. 12 CO2 capture ratio as a function of the specific equivalent power
input at constant temperatures TSep for process configuration 2. The
reader is referred to the web version for colour coding.

1.5 pp from the lowest to the highest capture ratio. Furthermore,
the CO2 capture ratio shows a constant reduction in the marginal
increase through higher separation pressure and lower temper-
ature. This increase essentially is negligible at low temperatures
and high pressures. Fig. 12 summarizes Fig. 10 and Fig. 11. Here,
the sensitivity data is utilized to plot the CO2 capture ratio as a
function of the specific equivalent power input at a constant tem-
perature. From this plot, it can be seen that the indicated opti-
mum with respect to pressure at each temperature is on a pareto
front. That implies that the optimal separation temperature and
pressure with respect to νR can be identified for a chosen CO2

capture ratio. The following analysis of process parameters will
therefore use a separation temperature of −47 ◦C and pressure
of 55.0 bar. These conditions correspond to an acceptable reduc-
tion in the CO2 capture ratio (CO2 capture ratio> 96 %) while
reducing the energy demand of the liquefaction.

A second important point for improving the performance of
the separation section is the distribution of the cooling duties
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Fig. 13 Specific energy demand of liquefaction section (left axis) and
the specific equivalent power requirement (right axis) as a function of the
outlet temperature of the IT refrigeration loop for process configuration
2. The reader is referred to the web version for colour coding.

in-between the two auxiliary refrigeration loops in Fig. 3. The
initial outlet temperature of the IT refrigeration loop is set to
−12 ◦C. This corresponds to a distribution of the cooling duty
of 28 % to the IT refrigeration loop and 14 % to the LT refrig-
eration loop while the remaining cooling of the CO2-rich feed
stream is achieved through heat integration in the multistream
heat exchangers. The refrigeration cycle in itself is responsible
for 44 % of the total energy demand in the liquefaction section.
Fig. 13 shows the energy demand of the liquefaction section and
the specific equivalent power requirement as a function of the
outlet temperature of the IT refrigeration loop. We can see, there
is a clear optimum with respect to the outlet temperature of the
IT refrigeration loop for each of the different process configura-
tions. This optimum is however different for the specific power
requirement of the liquefaction section and the specific equivalent
power consumption νR. The former has a minimum at −24 ◦C
while the latter has a minimum at −21 ◦C. Furthermore, the re-
duction in equivalent power consumption is reduced compared
to the reduction in the power requirement of the liquefaction sec-
tion. This is caused by a reduction in the flowrate to the furnace,
and hence, a reduction in the power generated in the steam tur-
bines. For the overall process, it is beneficial to use a temperature
of −21 ◦C. The new distribution in cooling duties is then given by
41 % to the IT refrigeration loop and 7.1 % to the LT refrigeration
loop. The contribution of the refrigeration loop is increased to
46 % of the energy demand of the liquefaction section. The total
cooling demand is however reduced and the higher cooling duty
in the IT refrigeration loop compared to the LT refrigeration loop
reduces the overall energy demand due to a higher coefficient of
performance in the IT refrigeration loop.

The power requirement of the liquefaction can be further re-
duced by changing the high pressure (HP) in the propane cycle
of the refrigeration cycle in Fig. 4. An increase in the pressure
will result in a reduction in the area of the following heat ex-
changer and an increase in the compression power requirement.
Hence, it can be expected that the overall capital costs are ex-

pected to remain rather flat with reducing high pressure. This
change will only affect the compressor and heat sink in the re-
frigeration loop. The the specific compressor duty as a function
of high pressure of the propane cycle. A lower limit of 9.5 bar is
close to the minimum pressure at which sufficient cooling can be
achieved with the Joule-Thompson effect in the subsequent valve.
The compressor duty is reduced almost linearly with a reduction
in pressure. Hence, it is beneficial to operate at the minimum
pressure of 9.5 bar.

3.3 Final process parameters

Table 5 summarizes the best process parameters and the corre-
sponding KPIs. Based on the analysis in the previous section,
process configurations 1 and 2 were adjusted to a carbon cap-
ture ratio of around 96 %. Process configuration 3 was adjusted
to a CO2 capture ratio of 94 % as higher capture ratios are dif-
ficult to obtain due to the relatively high concentration of CO.
This resulted in a lower feed temperature to the LT–WGS reac-
tor to increase CO conversion than the identified in Fig. 8. The
chosen carbon intensity of the electricity grid is 18.9 kg CO2

MWh which
corresponds to the emission intensity in the Norwegian electricity
grid. Due to the different configurations, ∆Qrel,LT−LCO2 for pro-
cess configuration 1 is relative to a tail gas recycle of 60 % and a
feed temperature of 200 ◦C in process configuration 1.

As we can see from Table 5, process configuration 2 has the
highest energy efficiency and lowest νR. Process configuration 1
has a slightly higher CO2 capture ratio than process configuration
2, and hence, a smaller σr. Furthermore, process configuration 1
is different as there exists an unconstrained minimum νR for vari-
ations in the separation pressure and temperature, contrary to
the other two process configurations. The lower tail gas recycle
ratio in process configuration 1 can be explained by the higher
impact of the tail gas recycling on the energy demand as more
compression steps are required. Process configuration 3 is differ-
ent due to the single water–gas shift reactor. Especially the CO2

capture ratio is comparably low due to unreacted CO. However,
the energy efficiency is higher than for process configuration 1.
The key aspect is however the 27.5 % reduction in size of the pal-
ladium membrane compared to process configuration 2, implying
a significant cost reduction. Fig. 9 shows that an increase in the
temperature to the low temperature water–gas shift reactor re-
duces the required size of the palladium membrane as it increases
the outlet temperature. However, even at a feed temperature of
300 ◦C and a tail gas recycle ratio of 89 %, the required area is still
16646 m2 for process configuration 2, slightly higher than process
configuration 3, and at the cost of a reduced CO2 capture ratio of
94.4 %. The corresponding first law energy efficiency ηHHV

R is
then given by 84.37 %. Hence, it may be still a valid option.

4 Discussion
Section 3 showed that tail gas recycling to the water–gas–shift
reactor has an important impact on both the environmental foot-
print and the economics of natural gas reforming. In fact, both
the energy efficiency and carbon capture ratio increase up to a
very high recycle ratio.

10 | 1–14



Table 5 Final process parameters chosen for the different process con-
figurations

Parameter Unit Process 1 Process 2 Process 3

TGR % 88 91 92
TFeed

◦C 200 200 225
Tsep

◦C −51 −47 −46
psep bar 67.5 55 60
TIT aux.

◦C −19 −21 −21
pHP bar 9.5 9.5 9.5

CCR % 96.38 96.08 94.07
σR

kg CO2
kg H2

0.30 0.32 0.50
ηHHV

R % 83.61 84.74 84.08
ηLHV

R % 78.18 79.28 78.64
νR

kWh
kg H2

25.86 25.41 25.67
APd m2 – 22129 16054

∆Qrel,NG % −3.02 −3.84 −3.33
∆Qrel,LT−WGS % 4.77 4.19 10.21
∆Qrel,LT−LCO2 % 7.371 17.77 40.86
1 Relative to process 1 with a TGR of 60 % and a feed temper-

ature of 200 ◦C.

However, the improved performance of the reforming process
comes at the price of 1. increased equipment size for the water–
gas shift reactor and the separation section, and 2. reduced power
generation in the steam turbine.

4.1 Increased equipment size

As shown in Fig. 14 for process configuration 2 and in Table 5 for
the chosen process parameters, tail gas recycling affects the vol-
umetric flows, and hence, costs and size of required equipment.
Due to the process layout, the impact of the tail gas recycling is
different for the different sections of the process. The feed to the
last water–gas shift reactor (pink in Fig. 14) is only moderately
increased, especially when compared to the reduction in the nat-
ural gas feed for process configuration 2. The same holds true
for process configuration 1 (figure shown in the supplementary
information). Process configuration 3 (figure shown in the sup-
plementary information) however has a quite large increase in
the volumetric flow rates at moderate tail gas recycles resulting in
increased equipment costs compared to the other two configura-
tions. Similarly, the size of the hydrogen separation units changes
only moderately. On the other hand, there is a significant increase
in flow rate to the low temperature liquefaction section of up to
30 % (green in Fig. 14). Especially at high tail gas recycle ra-
tios, the impact of increased flow rate on the increase in the in-
vestment costs will depend on the cost scaling exponents of the
equipment.

However, tail gas recycling reduces the required natural gas
feed (dark blue in Fig. 14) for a fixed production volume which
is also represented by the increased energy efficiency shown in
Fig. 6. That implies that the size of all equipment located before
the last water–gas shift reactor is reduced. Hence, it cannot be
directly said if the investment costs are higher than in the case
without tail gas recycling. To this end, it is necessary to conduct a
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Fig. 14 Relative volumetric flows for process configuration 2 and a feed
temperature to the LT–WGS reactor of 200 ◦C. The grey line corresponds
to a constant value of 1.0. The reader is referred to the web version for
colour coding.

detailed techno–economic analysis of both alternatives to see the
real impact on the investment costs.

4.2 Reduced power generation

The overall process moves from net power generation to requir-
ing power from the electrical grid. This is mostly caused by a
reduction in tail gas sent to the furnace, and hence, in power
generation in the steam cycle. The burning of the remaining tail
gas serves therefore more like a purge stream, avoiding the build-
up of inerts like unreacted methane. However, the gross power
demand of the process is reduced up to a minimum between 70 %
and 85 % depending on the process configuration. Increasing the
tail gas recycling ratio further results in an initially small increase
which is substantial after a recycle ratio of around 90 %. Hence,
if the surplus heat is not used for power generation in a steam
cycle, it will be always beneficial to utilize an increased tail gas
recycle. Not utilizing the surplus heat comes however at the cost
of a reduced energy efficiency.

Depending on the source of the power and the resulting CO2

grid intensity, the increase in net power demand of the process
may increase the carbon intensity of the produced hydrogen coun-
teracting the reduction in carbon intensity of the reforming pro-
cess. Fig. 15 shows the CO2 intensity of the produced hydrogen
as a function of the CO2 grid intensity. As we can see, a very high
tail gas recycle of 95 % is beneficial up to a CO2 grid intensity of
around 270 g CO2/kWh, beyond which a reduced tail gas recy-
cle ratio is better. Furthermore, it is interesting to note that the
CO2 intensity of hydrogen is quite similar for all tail gas recycle
ratios at a CO2 grid intensity of 390 g CO2/kWh. Note that the
net power generating cases with a tail gas recycle ratio of up to
65 % have a reduced CO2 intensity with an increased CO2 grid
intensity. The reason behind this is that the CO2 emissions of the
hydrogen production process are assigned to the hydrogen. The
generated power counts with an emission factor of 0 g CO2/kWh,
and therefore, reduces the CO2 emissions of hydrogen with in-
creasing CO2 grid intensity as it feeds electricity to the grid.
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Fig. 15 CO2 intensity of hydrogen as a function of the CO2 grid inten-
sity for process configuration 2 and a feed temperature to the LT–WGS
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An additional means for reducing the demand for electric
power is to optimize the cryogenic air separation unit for the re-
quired delivery pressure. In the current configuration oxygen is
assumed to be supplied at atmospheric pressure and subsequently
compressed in three stages. A tailored unit could pressurise the
O2 by liquid pumping prior to heating in the front-end multi-
stream heat exchanger in the cryogenic unit, potentially reducing
the overall power demand for oxygen supply.

4.3 Applications of liquefaction for separation

The application of direct liquefaction of CO2 as separation tech-
nology only applies standard equipment already in use in cryo-
genic processes. Hence, there are no technical barriers to be over-
come or new equipment types to be developed for realizing low–
temperature CO2 liquefaction and separation. The component
design and materials need to be rated for this specific purpose,
but can be fully derived from existing technologies. Thus the
main innovation lies in the process design and integration of the
liquefaction process and its integration with the complementary
hydrogen purification technology and water–gas shift reactor.

As an example of component availability, far more advanced
cryoexpanders are in use in cryogenic disciplines that what is
needed in the low-temperature CO2 liquefaction unit. Radial
turboexpanders with dynamic gas bearing are in use in hydro-
gen liquefiers, with isentropic efficiencies above 85 % for specific
enthalpy drops above 90 kJ/kg14. The expanded tail gas in the
CO2 liquefaction process has considerably higher molecular mass,
lower specific enthalpy drop and substantially less demanding
temperature levels than in the hydrogen liquefaction application.

Regarding the practical applicability of the low-temperature
separation principle, Trædal et al. 15 verified simulation results
for low-temperature liquefaction and separation of CO2 from a bi-
nary CO2/N2 mixture. The experiments were executed in a scale
of approximately 6 t/d feed flowrate and with two separation ves-
sels in sequence, that is, a simplified configuration of the process
schemes presented in this paper. Results based on measurements

of flowrate, temperature, pressure and composition verified ex-
pectations for CO2 liquid yield as well as purity of the final CO2

product. In the experiments, average liquid retention time was
in the range 36− ˘80 s. The experimental pilot setup is currently
upgraded to handle gases like H2, CH4, and CO in order to run
corresponding experiments relevant to the feed conditions typi-
cal for the duties given in this work. Once the setup is upgraded,
it is possible to verify the results of the liquefaction process as
complementary CO2 separation and CO recovery technology in
low–emission hydrogen production.

In the low-temperature capture unit, CO2 is pressurized to
high-pressure pipeline conditions by liquid pumping with ex-
tremely low additional power requirement. The advantage of uti-
lizing CO2 liquefaction technology is especially pronounced when
it is desirable to transport CO2 in liquid form by ship, since the
CO2 can be made readily available in cold liquid form at the re-
quired pressure level for the given ship transport condition. Ship
transport of CO2 is likely to be important as it can lower the
threshold for realizing full-scale CCS chain. This is for exam-
ple the case in the Norwegian Northern Lights project, which will
rely on ship transport of liquid CO2

16. Since the low-temperature
processing unit is flexible with respect to final state of CO2, it can
be designed with the option of quick conversion from any early-
phase transport state, e.g. , liquid CO2 at 16 bar pressure, via
mid-phase state, e.g. , liquid CO2 at 6 bar pressure, eventually
to high-pressure CO2 after investments in pipeline transport have
been made.

4.4 Further increase in CO2 capture ratio

As shown in the Section 3, increasing the CO2 capture ratio fur-
ther comes at increased power costs and increased equipment
size. This increase is mostly caused by 1. a build-up of inert
species in the recycle loop for high tail gas recycle and 2. by
a decreased liquefaction temperature and increased liquefaction
pressure. However, there is a technical limit caused by the source
of the CO2 emissions, that is in which stream and in which form
it is emitted.

As we can see from Table 6, only 35 % of emitted CO2 is in
the form of CO2 in the tail gas to furnace stream, whereas the
remainder is in the form of CO and CH4. The amount of CO can
be reduced through a lower feed temperature to the low tem-
perature water–gas shift reactor or utilizing even more stages.
However, as the molar concentration of CO in the outlet of the
LT–WGS reactor in process configuration 2 with a tail gas recy-
cle of 91 % and a feed temperature of 200 ◦C is only 1.1 %, it
may be not necessarily feasible to reduce the CO concentration
further at reasonable costs. Similarly, problems arise with CH4.
CH4 as source can be reduced through a higher conversion in the
autothermal reformer, e.g. , through a higher reactor temperature
or different steam to carbon ratios. Both will however have an
impact on the overall process performance. The current conver-
sion of methane is 98.6 %, reducing the viability of a reduction.
The last emission source is dissolved CO2 in the water before or
after the separation of H2 as the separation of water is achieved at
ambient temperature and elevated pressure. This emission source
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Table 6 Source for and percentage of emitted CO2 in the case of process
configuration 2 at the conditions outlined in Table 5.

Stream Form Percentage

Water (Fig. 3) CO2 21

Tail gas to furnace (Fig. 2 b))
CO 14
CO2 35
CH4 30

can be reduced through flashing the water. To summarize, most
of the emitted CO2 is not in the form of CO2 in the tail gas to
the furnace. Instead, it is necessary to modify process parameters
in the low temperature water–gas shift and autothermal reactor,
respectively.

4.5 Comparison to reported data

IEAGHG 17 reports a lower heating value efficiency of 69 %, a car-
bon capture ratio of 90 %, and a carbon intensity of 1.0 kg CO2

kg H2
.

If we compare these numbers with Table 5, we can see that they
are worse in every aspect. The increase in the carbon capture
ratio from 90 % to 96 % reduces the associated CO2 emissions
drastically. It is more difficult to compare the difference in the
LHV efficiency as the conditions of hydrogen may vary in the as-
sumptions. However, specifying a hydrogen pressure of 83 bar, a
common inlet pressure for pipelines, results only in a reduction
of ηLHV

R to 77.38 % for process configuration 1 and 78.07 % for
process configuration 2, a penalty of 0.9− 1.2 %. The difference
in the penalties between the two processes is caused by the dif-
ferent outlet hydrogen pressure in the previous calculations. This
is still 9 pp higher than the reported number from IEA.

The main reason for this difference is the choice of reactor and
separation technology. IEA utilizes a steam methane reformer
with flue gas capture from the furnace of the reactor. This is dis-
advantageous as the partial pressure of CO2 is low in this stream
while the volumetric flow is generally large. Consequently, the
absorber has to be be large for a sufficient high capture ratio. In
addition, only a high temperature water–gas shift reactor is used.
This may be advantageous in the context of hydrogen production
without CO2 capture to utilize the CO for heating and to reduce
capital costs. However, when CO2 capture is used, it has the dis-
advantage that a significant fraction of potential hydrogen is lost
in the form of CO as shown by Antonini et al. 18 . This shows that
both the proper selection of reactor and corresponding separation
technology is important for achieving a high efficiency coupled
with a high CO2 capture ratio.

5 Conclusion
In this paper, we propose the utilization of a new CO2 capture
process in combination with hydrogen–selective syngas separa-
tion and tail gas recycle for hydrogen production from natural
gas with extremely low CO2 emissions. The direct utilization of
CO2 liquefaction allows a tighter integration of the CO2 capture
process into the hydrogen production compared to conventional
amine scrubbing or other solvent processes. This integration re-
sults in both an increased energy efficiency and an increased

global carbon capture ratio.

It is possible to obtain very high carbon capture ratios without
a drastic increase in the electricity consumption. The resulting
CO2 intensity is very low. The CO2 intensity of the production
and transport of natural gas in itself is already higher than the
CO2 intensity of the hydrogen production process.
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