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Abstract: A lab-scale packed-bed stripper containing Dixon rings was used to explore the effects of
the process variables on the hydrodynamics and mass-transfer in a stripper using a mixed solvent
loaded CO2. The variables are the liquid flow rate, reboiler temperature, and amine concentration,
and the hydrodynamic and mass-transfer data can be determined using different models. In the
case of hydrodynamics, the dimensionless pressure drop at the flooding point and the total pressure
drop were explored first. In the case of mass-transfer, the correlation of the mass-transfer coefficient
and the parameter importance were also observed. In addition, the number of plates per meter can
be compared with the Dixon rings manufacturer. Finally, the performances of a mixed solvent and
monoethanolamine (MEA) solvent were also discussed.

Keywords: stripper; hydrodynamic; mass transfer

1. Introduction

Descriptions of the hydrodynamics of a packed bed are generally dominated by a
channel model and particle model [1]. The former assumes that air flows upward through
several similar channels, while liquid flows downward along the channels against the
channel wall. As liquid flows against the channel wall, the section for air flowing upward
is reduced, thus, the pressure drop is increased. The particle model assumes that air flows
around the particles, during which, the effective dimensions of particles are increased as
liquid is attached to the particles, and the void ratio is reduced. Similarly, the particle
model can be applied to the CO2 stripping system, as shown in Figure 1a. As there is
particle absorption heat energy from the steam and released CO2 within the particle, steam
and CO2 gases flow up simultaneously, thus, this model can be described as a two-film
model, as shown in Figure 1b.

Stichlmair et al. [1] applied the particle model and the gas flow rate and void ratio
model in a fluidized bed developed by Richardson and Zaki [2], as well as a pressure drop
computation equation for forecasting the flow phenomena of a packed bed, including the
loading point, loading region, and flooding, and the forecasted values fit the experimental
values well. Thereafter, Rocha et al. [3] developed a flow pattern model of a distillation
column by applying structured packings for forecasting the liquid holdup within the bed,
the pressure drop, and the flooding capacity, and such a model has also been validated
through air/water and organic components distillation systems, with operating pressure
ranging from 0.02 to 4.14 bar. Afterwards, Hoffmann et al. [4] published a paper that
proposed the scaling-up of a reaction distillation column with a catalyst. For the purpose
of this physical system, knowledge of reaction kinetics, phase equilibrium, and packing
characteristics is required for determining the pressure drop, liquid holdup, and separation
efficiency. The rate-based model was introduced in the proposed new hydrodynamic
model to describe the gas–liquid contact flow pattern within the full load range, which also
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considered the impact of the specific surface area, void ratio, and catalytic agent volume
fraction on the bed diameter.

Figure 1. Steam and liquid drop contact within the packed-bed stripper. (a) Particle model, (b) two-film model.

Subsequently, Rocha et al. [5] developed a mass transfer model based on the previously
developed flow pattern model. This model covered the effective surface area and provided
an empirical equation for forecasting mass transfer efficiency under different types of
packings, different flow conditions, and the different physical properties of fluids, as
represented by the height equivalent to a theoretical plate (HETP), and the theoretical values
fit the forecasting values well. In the following year, Guolito et al. [6] developed a design
method for a distillation column of structured packings, which was mainly attributed to
the higher efficiency, lower pressure drop, and greater capacity of the distillation column of
the structured packings, and discussed changes in HETP with the pressure under different
pressure levels. They also considered further revising the model, in order to obtain more
accurate forecasting values. In view of the above, while there is still a difference between the
packed bed model applying structured packings and the actual conditions, relevant scholars
are making efforts to make advancements to improve the application value of the model;
for example, Ortiz-Del Castillo et al. [7] proposed a desorption column applying random
packing and structured packing to design a desorption column of organic components.

In this study, a packed-bed stripper with mixed solvent (monoethanolamine (MEA) +
2-amino-2-methyl-1-propanol (AMP)) loaded CO2 was used to desorb CO2 to explore the
effect of process parameters, such as the concentration of blended amine (CA), feed rate (QL),
and the temperature of the reboiler (Treb) on the hydrodynamics, such as pressure drop,
flooding point, and F-factor, as well as mass transfer, such as the mass-transfer coefficient
and height of transfer unit (HTU), and a base-line of MEA solvent was also adopted for
comparison. In order to determine hydrodynamic data and mass transfer data, the models
proposed in literature [7], including a hydrodynamic model and mass transfer model,
were applied, mainly because such models applied desorption of volatile organic solvents,
while this study applied CO2 for desorption. Both models applied vapor desorption with
similarities. In order to explore hydrodynamic and mass transfer in the desorption of
CO2, the thermodynamic data, such as viscosity [8,9], diffusivity [9,10], density [8,11],
surface tension [12,13], Henry’s law constant [14,15], and heat capacity [16], had to be
determined. Figure 2 illustrates the framework of the research project, where the steps
involve the process variables, materials, and energy balances, thermodynamic calculation,
hydrodynamic calculation, mass transfer calculation, and verification of the models.
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Figure 2. The framework proposed in this research.

2. Models

In the stripping process, rich solvents are heated in the stripper to allow the release of
CO2 gas from the scrubbed solutions. The stripping vapor, which involves water vapor,
CO2 gas, and small amounts of solvents, is regenerated in the reboiler, and then rises from
the reboiler through the column to the top of the stripper. The stripping vapor counter-
current contacts the rich-loading feed stream, which absorbs energy from the stripping
steam for CO2 gas desorption, while the remaining vapor is condensed at the top of the col-
umn in an overhead condenser. The design of the stripper must consider the hydrodynamic
and mass-transfer coefficient of the packed-bed column, as the hydrodynamic calculations
provide the diameter of the column, while the mass-transfer calculations provide the
effective height of the column. During the operation, the mass, heat, and momentum
transport occur simultaneously; therefore, both phenomena should be considered together
for modeling. During the gas–liquid contact, the liquid holdup (hdyn) is the parameter of
effective velocities for the linkage of mass-transfer and momentum balances. For random
packings, the gas and liquid effective velocities can be evaluated, as follows:

uGe =
uG

ε(1− hdyn)
(1)

uLe =
uL

εhdyn
(2)

The model parameters used in the above are listed in Equations (3)–(15) [7].

dp =
6(1− ε)

ap
(3)

uG =
QG
A

(4)

ReG =
uGρGdp

µG
(5)
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uL =
QL
A

(6)

ψ =
0.05
ReG

+
1

ReG
1/2 + 3 (7)

∆Pdry =
1
8

ψap
ρGuG

2

ε0.45 (8)

hdyn = 3.6

(
uLap

0.5

g0.5

)0.66(
µLap

1.5

ρLg0.5

)0.25(
σap

2

ρLg

)0.1

(9)

hdyn = hdyn0

[
1 +

(
6

∆ptot

ρLg

)2
]

(10)

dL = 0.4

√
6σ

∆ρg
(11)

aL =
6hdyn

dL
(12)

∆ptot

∆pdry
=

aL + ap

ap

(
ε

ε− hdyn

)4.65

(13)

∆Ptot, f lood

ρLg
=

√
249hdyn0(

√
X− 60ε− 558hdyn0 − 103dLap)

2988hdyn0
(14)

X = 3600ε2 + 186480hdyn0ε + 32280dLapε + 191844hdyn0
2 + 95028dLaphdyn0 + 10609dL

2ap
2 (15)

Using this model, the liquid holdup, pressure drop, and pressure drop at flooding can
be easily estimated using an Excel computer program. In addition, the mass-transfer model
was first proposed by Gualito et al. [6] and modified by Ortiz-Del Castillo et al. [7], as shown
in Equations (16)–(23) [7]. The differences of these models in their individual mass-transfer
coefficients are the effective velocity of the former and the relative effective velocity of the
latter. In a comparison mass-transfer coefficient, only one expressed the Schmidt number;
whereas Schmidt and Reynolds numbers were considered in Equations (16) and (17). In
addition, the coefficient and exponent are different.

kG =
0.1DG

dp

[
dp(uGe + uLe)ρG

µL

]0.2405[
µG

ρGDG

]1/3
(16)

kL =
0.3415DL

dp

[
dp(uGe + uLe)ρL

µL

]0.2337[
µL

ρLDL

]1/2
(17)

ae

ap
=

[(
uL

2ρLdP
σ

)(
uL

2

gdp

)]0.15
apdp

C[
uLρLdp

µL

]0.2
ε0.6(1− cos γ)

(18)

1
KLae

=
1

kLae
+

1
(kGae)m

(19)

HTU =
uL

KLa
(20)

NTU =
S

S− 1
ln
[(

S− 1
S

)
xin
xout

+
1
S

]
(21)

S =
mG

L
(22)
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m =
HCO2(

kpa·m3

kmol )C(Kmol
m3 )× 103(pa/kpa)

P(atm)× 1.0325× 105(pa/atm)
(23)

3. Experiment
3.1. Experimental Design

The experimental design has three factors: The concentration of mixed amine (MEA +
AMP), the feed rate, and the reboiler temperature. Originally, MEA and AMP (30 wt%
AMP in total amine) were mixed together; then, the mixed amines were poured into a
known amount of water to prepare the desired amine concentrations. The mixed amine
concentrations were 3 kmol/m3, 4 kmol/m3, and 5 kmol/m3; the feed rates were 0.2,
0.3, and 0.4 L/min; the reboiler temperatures were 100, 110, and 120 ◦C, and the CO2
loading was 0.4 kmol-CO2/kmol-amine, respectively. The MEA/AMP weight fraction
ratios obtained here were 0.1421/0.0690, 0.1908/0.0818, and 0.2388/0.1023 for 3 kmol/m3,
4 kmol/m3, and 5 kmol/m3, respectively. Table 1 shows the operating conditions in this
work from No. 1 to No. 12, while No. 13–No. 15 use an MEA solution as a baseline for
comparison. The rich loading for the feed solution was obtained by early experimental
preparation.

Table 1. Operating conditions conducted in this work.

No T (◦C) QL (L/min) CA (kmol/m3)

1 100 0.2 3
2 100 0.3 3
3 100 0.4 3
4 110 0.2 4
5 110 0.3 4
6 110 0.4 4
7 120 0.2 5
8 120 0.3 5
9 120 0.4 5
10 110 0.3 3
11 110 0.3 4
12 110 0.3 5
13 110 0.3 3
14 110 0.3 4
15 110 0.3 5

3.2. Experimental Device and Operating Procedure

The stripping system is illustrated in Figure 3, including a packed column, a reboiler,
a condenser, a heat exchanger, and a heating system; the diameter of the column and
length are 50 mm and 800 mm, respectively; the height of the condenser is 500 mm; the
packed column is filled with 8 × 8 mm Dixon packings (θ-ring); a 12 L reboiler was used
to generate steam heating by the silicone oil using heating tubes, and a pressure back
valve was adopted as a suitable value at the top and bottom of the column. To start the
system, the temperature indicators, cooling water circulator, and oil-bath power supply
were switched on and adjusted to a preset temperature. Second, the prepared rich loading
solution was poured into the reboiler until it flooded, and when the oil-bath temperature
reached the set point, the oil-bath pump’s power supply was turned on, and an oil-bath
valve was used to adjust the oil flow. Third, the inlet temperature of the cooling water was
set to the desired condition, the reboiler was regulated to the desired temperature, and the
experiment started when these temperatures reached the set points. The rich loading in the
storage tank flowed through a heat exchanger and into a packed bed, and came in contact
with the vapor rising from the bottom of the column. The lean loading was withdrawn
at the bottom of the reboiler and passed through the heat exchanger, which released the
heat to the rich loading as the input solvent, and the lean loading was withdrawn every
30 min for sample examination using the titration method. In addition, the flow meter was
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calibrated using a measuring cylinder; then, a micro adjustment was made to the desired
value. During the experiment, all temperature points indicated in Figure 3 were recorded,
including the bed temperature (T01–T05).

Figure 3. A stripping process with θ-ring packings conducted in this work [17]. T1: Inlet temperature
of rich loading; T2: Temperature at outlet of heat exchanger; T4: Out temperature at the top of
cooler; T5: Temperature of bed; T6: Liquid temperature at the inlet of heat exchanger; T7: Reboiler
temperature; T8: Inlet temperature of rich loading; T9: Oil temperature at the inlet of reboiler(Tin);
T10: Oil temperature at the outlet of reboiler(Tout); T11: Outlet temperature the reboiler; T12: Steam
temperature; Twi: Inlet temperature of cooling water; Two: Outlet temperature of cooling water; T′1:
Inlet temperature at top of the column; P1: Pressure valve at the top of tower; P2: Pressure valve at
the bottom of tower.

4. Results and Discussion
4.1. Dynamic and Steady State of the CO2 Stripper

Variations in temperature for No. 1 were observed and recorded during operation, as
shown in Figure S1. Several important points were recorded, such as T1, T′1, T2, T7, and
T12, as presented in this figure. Here, T1 and T2 are the inlet and outlet temperatures of
the liquids, respectively; T′1 is the input temperature at the top of the column; T7 and T12
are the reboiler temperature and steam temperature, respectively. It was found that the
temperatures were kept nearly constant when the operating time was greater than 100 min.
In addition, the temperature distribution in the packed bed was recorded, as shown in
Figure S2. The distributions approached a steady-state operation after 100 min, and the
distribution of the lean loading was found to remain constant after 100 min (see dotted
line), as shown in Figure S3, which is coincident with the data in Figures S1 and S2. Thus, it
could be said that the system changed from a dynamic state to a steady state after 100 min.
All data could be calculated when a steady state was reached, and the data are shown in
Tables S1–S4 and discussed later.

4.2. Hydrodynamic in a Packed Column

The flow velocity of a fluid, including the superficial velocity within the packed bed,
must be noted if the flow pattern within the packed bed is to be understood. Therefore,
relevant data on packing, including the void fraction (ε) and specific surface area (ap), are
required, and this was quite complicated due to gas–liquid contact within the bed. Further-
more, the relation between the flooding point of the fluid and the pressure drop was also
data required for operating conditions and design. This study also collected research data
on the hydrodynamics within the packed bed [1,4,7], including the effective diameter (dp),
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the Reynolds number (ReG), pressure drop (∆P), liquid holdup (hdyn), droplet diameter
(dL), liquid specific surface area (aL), and flooding pressure drop (∆Ptot,flood). Calculations
based on known data are shown in Equation (3) to Equation (15), and calculation data are
shown in Table S2. The effective diameter is 3.273× 10−4 m; the gas flow rate, as shown in
twelve sets of data, is 0.3572–1.1133 m/s; the liquid flow rate is 0.0017–0.0034 m/s; the dry-
bed pressure drop is 23.3–276.2 Pa/m; the liquid dynamic holdup is 0.048–0.080, the holdup
under the loading point is 0.050–0.083, the total pressure drop recorded is 78.8–528.9 Pa/m;
and the pressure drop at the flooding point recorded is 1360–1725 Pa/m. It can be seen that
the operating pressure drop in this study is less than the flooding pressure drop, indicating
that there is no risk of flooding in the operation. The ratios of the individual total pressure
drop to the flooding pressure drop range from 0.0487 to 0.346. All the data indicated in
Table 2 are discussed later.

Table 2. A comparison of mixed solvent with base-line solvent in hydrodynamic and mass-transfer. HTU: Height of
transfer unit.

Experimental
Number

.
mCO2 (g/min)

.
ms

(g/min)
∆Ptot

(pa/m)
∆Ptot,flood

(pa/m)
kLa
(1/s)

HTU
(m)

No.13–15
(MEA) 8.4–11.6 119.8–147.7 799.9–1150 1441–1492 0.01–0.0152 0.1678–0.2535

No.10–12
(MEA + AMP) 7.82–11.7 66.1–107.6 257.1–528.9 1514–1562 0.0244–0.0261 0.0976–0.1045

No.1–12
(MEA + AMP) 3.77–15.3 34.8–107.6 83.4–528.9 1360–1725 0.0187–0.0272 0.0823–0.1329

The plots of ∆P versus parameters under various conditions are shown in Figure 4a,b.
It was found that the pressure drops at the flooding point in Figure 4a were close together
and decreased with QL, while the ∆Ptot was different under different conditions and
increased with the increase in QL. In addition, in order to compare the difference between
the MEA and MEA + AMP solvents, the plot of ∆P versus CA is shown in Figure 4b. It was
found that the pressure drops at the flooding point were close together for both, while the
∆Ptot for MEA was higher than that for MEA + AMP, which was due to the vapor flow rate
(

.
ms) being higher than the mixed amine, as shown in Table S1 (No. 10–No.15). It can be

said that the mixed amine was more flexible in the pressure drop, as compared with the
MEA solvent. In addition, it was found that the pressure drop for MEA was close to the
pressure drop at the flooding point and increased with CA, becoming flooded when the
concentration was higher than 5 kmol/m3.

However, as stated in Ref. [1], most of the pressure drops at the flooding point fall
within, which sets as guidelines rules:

∆Ptot, f lood

ρLg
= 0.1− 0.3 (24)

while it has been noted from the data of this paper that the flooding point falls within
0.142–0.181, it is consistent with literature.

Further, there is a certain relation between ∆Ptot and the F-factor, which is defined
below [18]:

F = uGe
√

ρG (25)

and could be an indicator for flooding. Generally, its upper limit is 2.4 [19], and there may
be a risk of flooding if it exceeds the value. Figure 5 shows ∆Ptot based on the F factor. A
log-log graph is shown in Figure 5, and the following relationship can be noted:

∆Ptot = 397.2F2.03 (26)



Processes 2021, 9, 46 8 of 13

Figure 4. Effects of parameters on the pressure drops. (a) Effect of liquid flow rate on the pressure
drop, (b) effect of concentration on the pressure drop.

Figure 5. A plot of ∆Ptot versus F for both systems.

R2 is 0.9845, indicating the reliability of the hydrodynamic model used here.
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4.3. Evaluation Using Mass-Transfer Model

This study makes reference to VOC desorption within a packed bed, as proposed
in literature [7], which is compared here. As reported by Ortiz-Del Castillo et al. [7], the
specific surface area ranges from 141 to 492 m2/m3; the void fraction ranges from 0.90 to
0.98; the diameters range from 9× 10−4 − 1.7× 10−3 m; and the bed height and diameter
are 2.8 m and 0.245 m, respectively. The L/D ratio is 11.4 when the θ-ring is applied in
this study. Its specific surface area is 550 m2/m3; the void fraction is 0.97; the diameter is
3.273× 10−4 m; the bed height and diameter herein are 0.8 m and 0.05 m, respectively; and
the L/D ratio is 16. As both L/D ratios are above 10 and the specific surface area and void
ratio are close, this study applied this model for evaluation, including the mass transfer
coefficient, HTU, and other data.

4.3.1. Mass Transfer Data

First, the effective speeds, uGe and uLe, were calculated, as shown in Table S3. In-
dividual liquid-phase and gas-phase mass transfer coefficients could be obtained from
Equations (16)–(19). Then, equilibrium ratio m, the S value, the overall mass transfer
coefficient KLa, HTU, number of transfer unit (NTU), and other data could also be ob-
tained [20], and such data are shown in Tables S3 and S4. The results show that uGe, uLe,
kG, kL, ae/ap, and kLa, as listed in Table S2, are in the range of 0.5461–1.2264 m/s, 0.03388–
0.04493 m/s, 6.793 × 10−3–1.146 × 10−2 m/s, 2.052 × 10−4–2.553 × 10−4 m/s, 0.162–0.220,
and 0.0187– 0.0272 1/s, respectively. While values m, H, G, L, S, and HTU, as presented
in Table S4, are in the range of 1525–2752, 6211–9371 pa·m3/kmol, 1.826–4.799 mol/min,
7.12–17.45 mol/min, 381.6–1053, and 0.0823–0.1329 m, respectively.

4.3.2. Effect of Parameter on the Overall Mass-Transfer Coefficient

Figure 6a shows the plot of kLa versus QL under different operating conditions. While
it was found that kLa increased with the increase in QL, the effect of CA and T on kLa
cannot be separated in this figure, which requires further discussion. Alternatively, the
linear regression of kLa with QL, CA, and Treb was required. A total of twelve sets of data
(No.1–No.12) were used, as shown in the following equation:

kLa = 3.45× 10−3 exp(−210.97
Treb

)Q0.4693
L C−0.1096

A (27)

The root mean relative error was 1.447%. The equation shows that kLa increased
with the increase in temperature and QL, while kLa decreased with the increase in CA.
The parameter’s importance sequence shows that QL(1.384) > Treb(1.108) > CA(0.945). In
order to compare this finding with the data estimated from model (kLa)mea and evaluated
according to empirical equation (kLa)cal, the plot of (kLa)cal versus (kLa)mea is shown in
Figure 6b. It was found that most data were within a ±5% margin of error for kLa, which
demonstrates that the mass transfer model applied in this study is suitable to describe the
mass transfer in a packed-bed stripper. In addition, this study found that DL is proportional
to kL, as shown in Equation (17), while DL is inversely proportional to CA, as reported in the
literature [10]. Therefore, kL is inversely proportional to CA, and this result is reasonable, as
shown in Equation (27). Figure 7 shows the effect of the solvent and concentration on kLa;
it will be discussed later. This was because the viscosity of MEA was 0.8–1.0 mpa-s, while
the viscosity of the mixed amine was lower, 0.6–0.8 mpa-s. Therefore, the mass transfer
coefficients were higher for mixed amines.
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Figure 6. Effects of variables on mass transfer coefficient. (a) Effect of liquid flow rate on the kLa,
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Figure 7. Effects of solvent and concentration on kLa.
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4.3.3. NTU and HTU

NTU and HTU can be estimated as reported in literature [7,9,20] or estimated as
shown in in Equations (16)–(23). As 1

kLae
� 1

mkGa , it indicates that the mass transfer is
dominated by the liquid phase-side mass transfer, i.e., KLae ; kLae, which was in the range
of 0.0187–0.02721/s. Furthermore, as HTU (m) ranges from 0.0823 to 0.1329 m, it indicates
that the number of plates per meter range from 6 to 10; which is quite close to the number
of plates per meter ranging from 7 to 10, as reported in the technical data provided by the
Dixon ring manufacturer. This indicates that the mass transfer model applied herein is
applicable to this study.

4.4. Comparison with Base-Line

This study used MEA as a base-line for comparison with the mixed solvent. Table
2 shows the data extracted from Tables S1–S4, including the CO2 stripping rate (

.
mCO2),

steam flow rate (
.

ms), pressure drop, mass-transfer coefficient, and HTU. Under the same
conditions for (Nos.10–12 and Nos.13–15), with the exception of

.
mCO2 , the other items are

all significantly different;
.

ms and ∆Ptot for MEA were much higher than the mixed solvent,
which shows that AMP affected the solvent evaporation rate, and the pressure dropped.
The range between ∆Ptot and ∆Ptot , f lood shows that the operating range for a mixed solvent
is higher than that for an MEA solvent. In addition, the kLa for a mixed solvent was twice
as high as MEA, indicating that the size of the bed required for a mixed solvent is smaller
than the MEA. It was also found that the HTU for MEA was two times higher than the
mixed solvent, thus showing lower efficiency for the MEA solvent. From hydrodynamic
and mass-transfer viewpoints, a mixed solvent is better than a MEA solvent.

5. Conclusions

This study successfully adopted both the hydrodynamic and mass-transfer models
in a packed-bed stripper for estimation. Using transport balances in conjunction with the
thermodynamic data, the outcome data can be determined at a steady-state condition.
The effects of the process variables on pressure drop and mass-transfer coefficient are as
follows. The total pressure drop increased with temperature and liquid flow rate, while
the pressure drop decreased with solvent concentration. The dimensionless pressure drop
at the flooding point was in the range of 0.142–0.181, which is in good agreement with
practical experience. The flooding point can be effectively estimated using total pressure
drop and the F-factor correlation equation. In addition, the effect of the process variables on
the mass-transfer coefficient can be expressed in the correlation equation, which infers that
the parameter’s significant sequence is QL > Treb > CA, indicating that the liquid flow rate
dominates in the mass-transfer. In addition, the number of plates per meter ranging from 6
to 10 was close to the reported values ranging from 7 to 10, as provided by the Dixon ring
manufacturer. All the evidence indicated that both models applied herein are applicable to
the desorption process of CO2 gas in a packed-bed stripper. Finally, in comparison with the
hydrodynamic and mass-transfer for both solvents, this study found that a mixed solvent
is better than an MEA baseline solvent.

Supplementary Materials: The following are available online at https://www.mdpi.com/2227-971
7/9/1/46/s1, Figure S1: Variation of temperature versus time, Figure S2: Temperature distribution
in the Packed-bed, Figure S3: Lean loading changes with time.title, Table S1: Operating conditions
and measured data obtained in this work, Table S2: Hydrodynamic data obtained in this work, Table
S3: Mass transfer data obtained in this work, Table S4: Henry’s law constant and HTU obtained in
this work.
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Nomenclature

aL specific surface area of liquid (m2 m−3)
ae effective specific surface area (m2 m−3)
ap specific surface area of packings (m2 m−3)
C total concentration (kmolm−3)
CPA heat capacity of mixed amine (kJ kg−1 K−1)
CA concentration of amine (kmol m−3)
dp diameter of packings (m)
dL diameter of liquid (m)
DG diffusivity of gas (m2 s−1)
DL diffusivity of liquid (m2 s−1)
F F-factor defined in Equation (24) (pa0.5)
G gas molar flow rate (kmols−1)
hdyn0 dynamic hold up below the loading point (-)
hdyn dynamic hold up (-)
HCO2 Henry’s law constant (kpa·m3 kmol−1)
kL liquid side mass-transfer coefficient (ms−1)
kG gas side mass-transfer coefficient (ms−1)
KLa overall mass-transfer coefficient (ms−1)
L liquid molar flow rate (kmol s−1)
m equilibrium ratio (mole fraction/mole fraction)
.

mCO2 stripping rate (kgs−1)
.

ms steam flow rate (kgs−1)
P total pressure (pa)
∆Pdry specific dry pressure drop (pa m−1)
∆Ptot specific pressure drop (pa m−1)
∆Ptot, f lood specific dry pressure drop at flooding (pa m−1)
QL volumetric flow rate of liquid (m3 s−1)
ReG Reynolds number for gas (-)
S stripping factor (-)
Treb temperature in the rebolier (K)
T’1 temperature at the column top (K)
uG gas linear flow rate (ms−1)
uL liquid linear flow rate (ms−1)
uGe effective gas velocity (ms−1)
uLe effective liquid velocity (ms−1)
xin mole fraction of liquid at inlet (-)
xout mole fraction of liquid at outlet (-)
X parameter in Equation (14)(-)
Greek symbols
α0 rich loading (mol-CO2 mol-amine−1)
α lean loading (mol-CO2 mol-amine−1)
γ contact angel between the liquid and solid(deg)
ε void fraction (-)
µG viscosity of gas (mpa·s)
µL viscosity of liquid (mpa·s)
ρG density of gas phase (kgm−3)
ρL density of liquid phase (kgm−3)
σ surface tension (Nm−1)
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Abbreviations

APM 2 amino-2-methyl-1-propanol
HETP height equivalent to a theoretical plate
HTU height of transfer unit
MEA monoethanolamine
NTU number of transfer unit
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