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Abstract: A two-dimensional (2D) Computational Fluid Dynamics (CFD) scale-up model of the Fischer
Tropsch reactor was developed to thermally compare the Microfibrous-Entrapped-Cobalt-Catalyst
(MFECC) and the conventional Packed Bed Reactor (PBR). The model implements an advanced
predictive detailed kinetic model to study the effect of a thermal runaway on C5+ hydrocarbon product
selectivity. Results demonstrate the superior capability of the MFECC bed in mitigating hotspot
formation due to its ultra-high thermal conductivity. Furthermore, a process intensification study for
radial scale-up of the reactor bed from 15 mm internal diameter (ID) to 102 mm ID demonstrated
that large tube diameters in PBR lead to temperature runaway >200 K corresponding to >90% CO
conversion at 100% methane selectivity, which is highly undesirable. While the MFECC bed hotspot
temperature corresponded to <10 K at >30% CO conversion, attributing to significantly high thermal
conductivity of the MFECC bed. Moreover, a noticeable improvement in C5+ hydrocarbon selectivity
>70% was observed in the MFECC bed in contrast to a significantly low number for the PBR (<5%).

Keywords: Fischer Tropsch; syngas; CFD; entrapped cobalt catalyst; thermal management

1. Introduction

Fischer Tropsch (FT) synthesis, central to many gas-to-liquid (GTL) processes, is a process in
which synthesis gas (or syngas, i.e., a mixture of H2 and CO) is converted to a variety of hydrocarbon
products including paraffin, olefins, and value-added chemicals [1–6]. FT synthesis is a highly
exothermic reaction (the total heat released per mole of CO consumed is from 140 kJ/mol to 160 kJ/mol),
and therefore, efficient heat removal is one of the main considerations while designing commercial-scale
FT reactors [7,8]. Uncontrollable temperature gradients lead to the formation of local hotspots, and in
some cases, unstable temperature runaways, which promote methane formation, lower the selectivity
of the desired hydrocarbon products and lead to fast catalyst deactivation [2,6,9–16].

Currently, there are two modes for FT synthesis operation; High-Temperature Fischer Tropsch
(HTFT) and Low-Temperature Fischer Tropsch (LTFT) [17,18]. The LTFT process is a three-phase process
(gas-liquid-solid) and typically operates at temperatures ranging from 473 K to 513 K and utilizes
cobalt-based catalysts to produce heavy hydrocarbons such as diesel and wax [4,19,20]. On the other
hand, the HTFT process mainly involves two phases (gas-solid) [21], which operates at temperatures
from 593 K to 623 K, and utilizes fused iron-based catalysts to produce lighter hydrocarbons such as
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olefins, oxygenates and gasoline [22]. HTFT operation is mainly conducted in fluidized bed reactors
(FBR), while LTFT is applied in multi-tubular fixed bed (or packed bed reactors (PBR)), and Slurry
Bubble Column reactors (SR). PBR has several advantages and is most often used in commercial
applications [21]. This is due to the simple operation, high catalyst holdup, easy scale-up from a single
tube to an industrial size multi-tubular reactor and shutdown robustness of the PBR compared to SBR
and FBR [23,24]. Moreover, the separation of the Catalyst from the liquid product is not required in
PBR. The liquid products in PBR trickle down through the reactor bed and are separated from the exit
gas using a knock out vessel [7]. This imposes significant reductions in the operational costs of the
process. On the other hand, due to the pressure drop limitations in PBR, particles relatively larger than
1 mm are utilized. These requirements lead to mass transfer limitations, as well as hotspot formations,
that can negatively affect the product selectivity [25]. Therefore, to achieve higher productivity within
the reactor bed, more active catalysts with higher thermal conductivity are needed, hence increasing
the amount of heat released during the reaction. This would result in high radial and axial temperature
gradients along the catalytic bed. This in return will lead to temperature runaways and loss of
selectivity due to the poor effective thermal conductivity of the PBR [26,27]. For this reason, such types
of reactors utilize several hundred to around ten thousand small diameter tubes (from about 20 mm to
50 mm) to facilitate heat removal [21]. The short distance between the catalyst particles and the tube
walls provides more efficient heat transfer from the catalytic bed to the cooling medium. Additionally,
the single-pass conversion in PBR is typically kept at 50% or lower to avoid temperature runaways
and hotspot formation [28]. Therefore, a key factor to optimal FT performance in PBR is the efficient
heat removal from the reactor bed to the cooling media.

To overcome the heat transfer limitations associated with PBR, a novel catalytic configuration
consisting of thin copper microfibrous structures that provide a holder for the catalyst particles has been
developed by Tatarchuk et al. [29,30]. Microfibers catalysts (MFEC) made of sintered micron-sized metal,
glass or polymer fibers with small catalyst particles entrapped inside have also been reported [29,31].
These catalysts have been utilized in several studies to mitigate bed channeling, improve electrical
conductivity in fuel cells and remove harmful airborne contaminants in air filtration systems [29,32–34].
The Microfibrous Entrapped Cobalt-based Catalytic Structure (MFECC) is produced by entrapping
small cobalt particles in a porous metal sheet (made of copper) of interlocking microfibers [9]. Due to
the micron-sized fibers of the microfibrous Catalyst, a large geometric surface area is offered, which
dramatically enhances the thermal conductivity of the reactor bed compared to conventional PBR [29].
The high thermal conductivity and low thermal resistance of this catalytic matrix provide a significant
improvement in temperature control compared to conventional PBR. Improved temperature control
leads to longer catalyst lifetime and activity. The improved heat characteristics provided using MFECC
structures allows the use of smaller catalyst particles with diameters ranging from 0.01 mm to 0.1 mm
to eliminate mass transport resistances [29]. This provides better utilization of the Catalyst, and thus,
higher productivity is achieved. Furthermore, MFECC provides a higher void fraction that results in a
reduction of pressure drops compared to conventional PBR [29]. An experimental study of thermal
conductivity of a conventional PBR catalyst and MFECC catalyst was conducted by Sheng et al. [29].
The study revealed that the effective radial thermal conductivity of MFECC was 56 times higher than
that of PBR diluted with fresh alumina, while the wall heat transfer coefficient was ten times higher
than that of the alumina PBR. Another study done by Kalluri et al. investigated the effect of bed
porosity on the transport resistances for MFEC structures and diluted PBR [32]. They found that
decreasing the bed void of the PBR only improved the flow disturbances and radial dispersion to a
small extent. In contrast, the high void of the microfibrous structures promoted radial dispersion,
which in turn led to more uniform radial concentration profiles and reduced flow disturbances.

To date, the implementation of this novel FT reactor technology has been limited to the laboratory
scale. Several aspects still need to be addressed before the commercialization of MFECC reactor beds.
The most important aspect is the scale-up to larger sized reactors to study the hydrodynamics and
reactor performance under conditions used in the industry, which cannot be achieved experimentally.
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The latter, however, can be done by applying Computational Fluid Dynamics (CFD) to represent the
fluid behavior inside the reactor bed accurately. In our previous work, a two-dimensional (2D) model
was developed to study the effect of using a non-conventional Supercritical Fluid (SCF) reaction media
on the heat management characteristics of the bed [3,5]. Moreover, Challiwala et al. developed a 2D
pseudo-homogenous model of an MFECC bed and conventional PBR using a simple kinetic model for
a cobalt-based catalyst [9]. They analyzed the performance of the MFECC bed and PBR in terms of
heat management and CO conversion at the various process and design parameters (inlet temperature,
inlet flowrate, tube diameter). This study aims to extend on their works [3,5,9] and develop a 2D
model of an FT fixed bed reactor (FB) in COMSOL® Multiphysics v5.3a utilizing a detailed kinetic
model for a cobalt-based catalyst for two systems; non-conventional MFECC bed and conventional
PBR, both operating under gas-phase conditions (GP-FT). The model is used to study the effect of
the thermal performance of both the reactor systems on conversion levels and hydrocarbon product
selectivity. Moreover, the potential of scaling-up the reactor tube diameter above typical industrial
diameter (more than 102 mm internal diameter (ID)) was studied as a starting point to improve the
performance of conventional FT technologies.

2. Materials and Methods

The fixed bed reactor was developed in 2D axisymmetric space via COMSOL® Multiphysics
v5.3a [Multiphysics, 1998 #508]. The model geometry comprises three zones of pre-packing, catalytic
bed and post-packing, respectively, as shown in Figure 1. For model validation purposes, the reactor
dimensions in the CFD model were specified based on the geometry of the reactor used to conduct
the FT experiments. Two-dimensional correlations were used in this modeling study for momentum,
heat and mass transfer to account for the variation of concentration and temperature in the radial and
axial directions. This is because, for larger tube diameters (scaling-up) [35], higher radial temperature
gradients are expected, which will have a direct effect on the overall performance of the reactor bed.
Since the main goal of this modeling work is to study the effect of heat generation on the reactor bed
performance, including conversion and hydrocarbon product selectivity at larger tube diameters (up to
102 mm), a 2D modeling approach was chosen [35].

The fixed bed reactor developed in this work was modeled as a pseudo-homogeneous model.
This assumption indicates that the interfacial mass and heat resistances occurring between the solid
phase and the fluid phase are neglected. This implies that the catalyst effectiveness factor (the ratio
of the overall reaction rate in the pellet to the surface reaction rate for a specific component) is equal
to 1. Sheng et al. [29,30] calculated the effectiveness factor for 0.162 mm particle size to study the
effect of intraparticle diffusion. Results showed that the effectiveness factor was relatively high (0.87);
therefore, in this modeling study the internal diffusion effects were neglected. The fluid flow was
assumed to be a single-phase flow; however, the presence of the liquid was considered by calculating
the liquid physical properties (heat capacity, thermal conductivity, viscosity, diffusivity, density) of the
hydrocarbon cuts which exist in the liquid and gas phase (GP).

Modeling and simulation of the FT reactor bed require a simultaneous solution of momentum,
mass and energy balance equations in the three zones specified earlier: pre-packing, catalytic bed
and post-packing. The entire operation is considered to be at steady state. The reactants CO and H2

enter the reactor to the pre-packing zone and exit the reactor from the post-packing region, which is
inert and non-catalytic. It is assumed that the reaction only takes place in the catalytic bed over 15%
Co/Al2O3 catalyst particles of identical sphericity (∅ = 1). Additional assumptions and more details are
stated in each part of the model development section.
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Figure 1. (a) Three-dimensional model and (b) 2D-axisymmetric cut section of the Fischer Tropsch (FT)
reactor bed model cylindrical geometry.

2.1. Momentum Transport Expressions

To model fluid flow in porous media, a built-in module in COMSOL® Multiphysics called
“Brinkman Equation,” was adopted Equation (1). The Brinkman physics module is used to compute
the fluid velocity and pressure field in single-phase flow in porous media in the laminar flow regime.
This mathematical model extends Darcy’s law to account for dissipation in kinetic energy due to
shear stress, similar to the Naiver stokes equation [36]. This physics module comprises two main
terms; the Forchheimer drag term and the convective term. The convective terms take into account the
effect of inertial and viscous forces on the fluid flow through the porous medium. The Forchheimer
drag term accounts for the inertial drag effects that occur in fast flows (Reynold number (Re) greater
than unity) [37]. Considering slow flow regimes where Re is less than unity, the Forchheimer drag
contributions are neglected. The 2D single-phase fluid flow through the PBR is described in terms of
the velocity (u) and pressure fields (p), which are computed via solving the momentum equation and
continuity equation (Equation (1) and Equation (2), respectively) simultaneously along with boundary
conditions (Equation (3)) pertaining to (i) radial symmetry, (ii) no-slip condition at the wall, (iii) inlet
mass flow, (iv) outlet pressure. The changes in volumetric gas flow rates of the reacting species during
the FT reaction results in variations in the fluid density; therefore, a compressible flow formulation of
the continuity equation is used. When a compressible flow is modelled using the Brinkman equation,
the Mach number must be below 0.3. This condition is fulfilled in this case study.

1
εbed

ρf(u ·∇)u
1
εbed

= ∇·

[
− pI + ϕf

1
εbed

(
∇u + (∇u)T

)
−

2
3
ϕf

1
εbed

(∇·u)I
]
−

(
ϕf

κbed
+ βf|u|

)
u (1)

∇(ρfu) = 0 (2)
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u = 0 @ r = rbed, qm = qm,o @ z = z4, p = pe @z = z1 (3)

where, ϕf is the dynamic viscosity of the fluid, εbed is the porosity, ρ f is the density of the fluid,
κbed is the permeability of the porous media, β f is the Forchheimer drag coefficient, r is the radius of
the reactor bed, qm is the mass flow rate and z is the height of the reactor bed (cartesian coordinate).
A constant porosity of 0.626 was chosen for the MFECC bed, while 0.36 was chosen for the PBR per the
catalyst specifications reported by Sheng et al. [29,30].

The permeability of the porous medium was calculated using the modified Ergun equation [38]:

1
κbed

=
150(1− εbed)

2

d2
pεbed

2
+

1.75ρfu(1− εbed)

dpϕfεbed
3 (4)

where dp is the particle diameter.

2.2. Mass Transport Expressions

Mass conservation equations for the pseudo homogenous reaction (assuming catalyst effectiveness
as unity) is defined for each component of the reaction mixture of the following FT reactions:

n CO + (2n + 1) H2 → CnH(2n+2) + n H2O (Synthesis of paraffin) (5)

n CO + 2n H2 → CnH2n + n H2O (Synthesis of olefins) (6)

Components considered in the system are N2, CO, H2, H2O, CH4, CHo and CHp. N2 was set as
the mass constraint component since it is a non-reacting species. The hydrocarbon components CHo

and CHp are the summation of olefins and paraffin products, respectively. This was done for C1, C2,
C3, . . . , C15 components. The C15 to C22 hydrocarbons are lumped into one component represented by
a paraffinic compound C19H40, while the higher weight hydrocarbons C22+ are represented by the
paraffinic component C22H40. It is important to note that this study considers a cobalt-based catalyst
where the rate of water-gas shift reaction is assumed to be negligible. Therefore, selectivity calculations
of CO2 have not been considered in this modeling study.

The local mass balance for species i (N2, CO, H2, H2O, CH4, CHo, and CHp) was described by
Equation (7) using a built-in physics module “Transport of concentrated species.” This physics accounts
for mass transport through convection and diffusion in the axial and radial directions. The equation
provided in COMSOL® Multiphysics for transport mechanism is as follows:

∇ ji + ρf(u·∇)wi = ri (7)

where wi is the mass fraction of species i, ji is the mass flux relative to the mass averaged velocity of
species i and ri is the reaction rate representing production or consumption of species i.

The diffusion model selected in this case was the Maxwell Stefan diffusion model, where the
relative mass flux vector is calculated using Equation (8):

ji = − ρfwi

∑
Dikdk (8)

where Dik represents the binary diffusion coefficient and dk is the diffusional driving force acting on
species k defined as follows:

dk = ∇xk +
1
p
[(xk −wk)∇p] (9)

where xk is the mole fraction is species k.
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Equations (7)–(9) are solved using appropriate boundary conditions corresponding to (i) axial
symmetry, (ii) no-flux at the wall and (iii) inlet composition:

∂wi
∂r

= 0 @ r = rbed, wi = wi,o @ z = z4 (10)

The binary diffusivities Dik in the Maxwell-Stefan diffusion model are estimated using Fickian
diffusivities with an empirical correlation proposed by Fuller et al. [39]:

Dik =

√
1

Mi
+ 1

Mk

p
(
vc,i

1
3 + vc,k

1
3
)2 × 10−7 (11)

where Mn represents the mean molar mass and vc represents the molar volume for species i and k.
The molar volume of the representative paraffin and olefin components CHo and CHp are calculated
based on the ASF product distribution. A correlation based on the molar weight average sum using
the molar volumes of the individual hydrocarbon species is used. The molar volumes of H2O, CO, H2,
N2 and CH4 used in this model are: (12.7, 18.9, 7.07, 17.9 and 37.9) cm3

mol , respectively.

2.3. Heat Transport Expressions

Energy balance within the 2D reactor domain was considered to account for the transport of
heat through convection, conduction and thermal dispersion. Radiative heat transport was neglected
in this case. Balance equations were solved using the simplified “Heat transfer in porous media
physics” Equation (12):

ρfCpu .∇T −∇(keff∇T) = (−∆Hrxn)RCO (12)

where T is the temperature inside the reactor bed, Cp is the heat capacity of the fluid mixture, keff is the
effective thermal conductivity of the reactor bed, RCO is the rate of consumption of carbon monoxide
and ∆Hrxn is the heat of the reaction per mole of CO consumed.

The reaction enthalpy (− ∆Hrxn ) is an important parameter that determines the amount of heat
released during the FT reaction. Previous modeling studies reported values of (−∆Hrxn) ranging from
150 kJ/mol to 165 kJ/mol to represent the FT reaction enthalpy [9,21,30,40,41]. Its value mainly depends
on the hydrocarbon product selectivity. The −∆Hrxn . value used in this study was 152 kJ/mol.

The effective thermal conductivity of the bed was calculated using a volume-based average model
to account for both the solid matrix and the fluid properties:

keff = εbedks + (1− εbed)kf (13)

where ks is the thermal conductivity of the catalyst bed and kf is the thermal conductivity of the
fluid mixture.

Equation (12) was solved along with boundary conditions corresponding to (i) radial symmetry,
(ii) external cooling (heat transfer between the reactor and a constant temperature cooling medium),
(iii) inlet temperature and (iv) open outflow:

ker
∂T
∂r

= Uoverall(Tc − T)@ r = r bed, T = To@ z = z3,
∂T
∂z

= 0 @ z = 0 (14)

The overall heat transfer coefficient (Uoverall) represents the overall heat transmittance from the
reactor bed to the vicinity of the wall. The latter is defined using the following correlation suggested
by Mamonov et al. [42]:

Uoverall =

(
dt

8ker
+

1
hwall

+
dw

kw
+

1
hw,ext

)
(15)
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where dt is the inner tube diameter, ker is the effective radial heat coefficient of the catalyst bed, hw,int is
the radial heat transfer coefficient near the wall, dw is the wall thickness, kw is the thermal conductivity
of the wall and hw,ext is the heat transfer coefficient from the tube wall to the cooling liquid. Values for
kw and hw,ext were taken from Mamonov et al. [42].

(1) Radial Heat Transfer Coefficient at the Wall

The effective radial heat transfer coefficient at the wall hwall is one of the main parameters that
determine the rate of heat transfer in PBR. This parameter quantifies the increase in heat transfer
resistance near the wall of the reactor bed. Several correlations to properly estimate the hwall value
has been proposed in the literature [43–51]. Specchia and Baldi proposed a two-parameter correlation
that has shown to satisfactorily predict the hwall value in PBR with different particle geometries [21].
This was used in the present work:

hwall = hwall,o + hwall,g (16)

hwall,o =
kf

dp

2εbed +
1− εbed

kf
ks
× γw + ϕw

 (17)

hwall,g =
kf

dp
× 0.0835×Re0.91 (18)

where γw and ϕw are dimensionless parameters, Re represents the Reynold numbers and hwall,o

represents the stagnant/conductive contribution while hwall, g represents the convective contribution.
The dimensionless parameters γw and ϕw in Equation (17) are dependent on the geometry of the

contact surface between the particle and the wall. For spherical particles, the parameters are defined as

(γw = 1
3 , ϕw = 0.0024×

(
dt
dp

)1.58
) [47].

(2) Effective Radial Thermal Conductivity

The effective radial thermal conductivity is one of the main parameters that determine the rate
of heat transfer in PBR; the parameter effecting heat transfer in PBR is the radial effective thermal
conductivity krad. A two-parameter correlation that adequately predicts the effective radial heat
transfer coefficient in PBR was taken from Specchia and Baldi [46]:

krad = krad,o + krad,g (19)

krad,o =

εbed +
β(1− εbed)

ϕ + kf
ks
× γ

kf (20)

krad,g =
RepaPr

8.65
(
1 + 19.4 ×

dp
dt

2
)kf (21)

where Pr represents the Prandtl number, β, γ and ϕ represent the ratios between characteristic
lengths and the particle diameter (the particles are assumed to be spheres) and krad,o represents the
static/conduction contribution while krad,g represents the convective contribution.

Kunii and Smith reported that for spherical particles β = 1 for almost all packed beds, γ = 2
3 and

ϕ = 0.22(εbed)
2 based on fitting of experimental data for krad,o [52].
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2.4. Kinetics

The rate of CO disappearance is calculated using the Yates and Satterfield (YS) kinetic model,
which has been commonly used in previous modeling studies [21,25,53–57]:

− rCO
YS =

k pH2pCO

(1 + a pCO)
2 (22)

k = Ak exp
(
−

Ek

RT

)
(23)

a = Aa exp
(
−

Ea

RT

)
(24)

where pCO, and pH2 are the partial pressures of CO and H2, k and a are the kinetic rate constants, Ak and
Aa are the pre-exponential factors and Ek and Ea are the activation energies for CO consumption.

The product selectivity for CH4 and C2+ hydrocarbons is calculated using a kinetic model by
Ma et al. [58] and a detailed kinetic model of Todic et al. [59], respectively. The Ma kinetic model for CH4

formation was proven to provide a good prediction of CH4 selectivity [55], while the detailed kinetic
model developed based on the carbide mechanism showed a good prediction of the hydrocarbon
product distribution [59].

The rate of formation of CH4 by the following expression [58]:

rCH4
Ma =

kMpCO
aMpH2

bM

1 + mM
pH2O
pH2

(25)

kM = AM exp
(
−

EM

RT

)
(26)

where kM is the rate constant, mM is the water effect coefficient, aM is the reaction order of CO, bM is the
reaction order of H2, AM is the pre-exponential factor and EM is the activation energy for CH4 formation.

The rate of formation of the C2+ hydrocarbons from the detailed kinetic model by Todic et al. [59]
performance as follows:

rC2H4
Prod = k6E,0 e2c

√
K7pH2α1α2[S] (27)

rCnH2n + 2
Prod = k5K7

0.5pH2
1.5α1α2

n∏
i=3

αi[S] n ≥ 2 (28)

rCnH2n
Prod = k6,0 ecn

√
K7pH2α1α2

n∏
i=3

αi[S] n ≥ 3 (29)

where the ks represent the kinetic rate constants, Ks represent the equilibrium constants, αn are the
chain growth probabilities and [S] is the fraction of vacant sites.

The chain growth probabilities dependent on the carbon number are calculated using the
following expressions:

α1 =
k1pco

k5mpH2 + k1pco
(30)

α2 =
k1pco

k5pH2 + k6,0 e2c + k1pco
(31)

αn =
k1pco

k5pH2 + k6,0 ecn + k1pco
n > 2 (32)
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The fraction of vacant sites is calculated as follows:

[S] = 1/

1 +
√

K7pH2 +
√

K7pH2

(
1 +

1
K4

+
1

PH2 K3K4
+

1
K2K3K4

pH2O

pH2

)
(α1 + α1α2 + α1α2

∑n

i=3

i∏
j=3

α j

 (33)

The kinetic parameters in the detailed kinetic model, YS model, and the Ma kinetic model
were estimated by Todic et al. [59] and Stamenic et al. [55] using experimental data with 0.48%Re
25%Co/Al2O3 catalyst.

In this work, a hybrid kinetic model adopted by Stamenic et al. [55] and Bukur et al. [56] was
used. In their works, they coupled the YS model, the Ma model and a detailed kinetic model based on
the CO insertion mechanism. In this case study, the reaction rates for CO, H2, H2O, CHp (n-paraffin)
and CHo (1-olefins) was defined by coupling the YS kinetics for CO consumption, Ma et al. kinetics for
CH4 formation and the detailed kinetic model of Todic et al. for C2+ hydrocarbon formation based on
the carbide mechanism. A normalization procedure was followed to obtain atomic balances for C, O
and H. The procedure was done described below.

The rate of consumption of CO excluding methane from the detailed kinetic model (rate of C2+

formation from the model by Todic et al.) can be calculated based on the reaction stoichiometry as:

(− rCO)
Prod
C2+

=
n∑

n = 2

n
(
rCnH2n+2

Prod + rCnH2n
Prod

)
(34)

The rate of CO consumption excluding methane from the YS model (rate of C2+ formation from
YS model) is calculated as:

(− rCO)
YS
C2+

=
(
−rCO

YS
)
−

(
rCH4

Ma
)

(35)

The normalized rates of formation of C2+ hydrocarbons are obtained as follows:

rCnH2n+2 = rCnH2n+2
Prod
×

(− rCO)
Prod
C2+

(− rCO)
YS
C2+

n ≥ 2 (36)

rCnH2n = rCnH2n
Prod
×

(− rCO)
Prod
C2+

(− rCO)
YS
C2+

n ≥ 2 (37)

From the stoichiometry, the H2 formation rate is calculated using the individual product formation
rates of the hydrocarbon species as:

− rH2 = 3rCH4
Ma +

n∑
n = 2

[
(2n + 1)rCnH2n+2 + 2nrCnH2n

]
(38)

The rate of H2O formation is equal to the rate of CO consumption based on the reaction stoichiometry:

rH2O = − rCO
YS (39)

3. Results

3.1. Comparison of Model Predictions with Experimental Data

The developed model was validated with experimental data reported by Sheng et al. [29,30] to test
its robustness under different experimental conditions. Sheng et al. reported two experiments to
compare between the PBR and MFECC beds under GP conditions [30]. The experiment was conducted
in a stainless-steel tubular reactor with a wall thickness of 2 mm and 15 mm ID. The total height of the
reactor bed was 457.2 mm compromising of a 203.2 mm pre-packing zone, a 101.6 mm catalyst bed and
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152.4 mm post-packing zone. The MFECC bed consisted of ϕ = 37.4% (30% (15% Co/Al2O3) and 7.4%
copper fibers) and εbed = 62.6%. The PBR was diluted to the same catalyst density as the MFECC bed
with fresh alumina of different particle sizes. The overall bed space in the PBR comprised ϕ = 65%
(30% (15%Co/Al2O3) and 34% fresh alumina) and εbed = 36%. The average particle size of the Catalyst
in the reactor bed was 0.149 mm to 0.177 mm.

The experimental results were obtained by varying the inlet temperature over a range from
498.15 K to 528.15 K at 2 MPa pressure and syngas molar ratio (H2/CO) of 2:1 at a constant Gas Space
Velocity (GHSV) of 5000 h−1. In all simulation runs, the parameters (inlet temperature, pressure, GHSV
and H2/CO ratio) were kept identical to those used in the experimental study by Sheng et al. [29,30].
A particle diameter of 0.162 mm was used in the simulation to represent the average particle size of
0.149 mm to 0.177 mm used in the experiments, as reported by Sheng et al. [30].

Four sets of results were used to validate the model with the experimental study, including CO
conversion, maximum temperature deviation from the centerline to the reactor wall (Tmax − Twall),
CH4 selectivity and C5+ selectivity. The simulation results for the MFECC bed demonstrated a clear
agreement with the experimental predictions for CO conversion, (Tmax − Twall), CH4 selectivity and
C5+ selectivity, as shown in Table 1. For the PBR case, the CO conversions from the modeling results
consistently match with the experimentally-obtained PBR results under all conditions, as shown in
Table 2. Moreover, the (Tmax − Twall), CH4 selectivity and C5+ selectivity also closely match with
the experimental results from 498.15 to K 518.15 K. However, at 528.15 K, the deviation between the
modeling and the experimental predictions becomes higher. This deviation in model predictions from
experimental data could be attributed to the sensitivity of the kinetic parameters that are generated
using a ruthenium promoted Catalyst of different loading reported by Stamenic et al. [55] and
Todic et al. [55,59]. The lower CH4 selectivity predicted from the model at a high operating temperature
(528.15 K) can be due to the fact that at high-temperature methane formation could follow multiple
reaction routes on FT sites [60,61]; (1) termination of the chain growth, (2) through intermediates
participating in chain propagation and (3) due to hydrogenation of surface carbon. The latter methane
formation pathway does not follow the polymerization/chain growth route for FT synthesis. However,
the kinetic model used in this modeling study to predict the methane selectivity has not considered
the secondary pathway for methane formation, thus the methane selectivity shows greater deviation
from the predicted values relative to the experimental data. Additionally, the experiments were
conducted using a ruthenium catalyst which has lower methane selectivity compared to conventional
cobalt-based catalysts. This also results in a deviation in C5+ selectivity compared to the experimentally
predicted values. Further analysis of the validation results reveals that the deviation of the reactor wall
temperature from the centerline temperature for the PBR is higher and increases at a faster rate than
the MFECC bed under all temperature conditions (498.15 K to 528.15 K). However, it can be noted that
when the inlet temperature reaches 528.15 K, a drastic increase of the centerline temperature inside
the PBR occurs. This rapid ignition of the PBR temperature leads to the formation of a hotspot and a
rapid decrease in the catalyst activity. Such an effect is not observed in the MFECC bed due to the high
thermal conductivity of the copper fibers, which aids in eliminating the formation of hotspots even at a
high operating temperature (528.15 K).

A close comparison between the PBR and MFECC in terms of CO conversion indicates that the
MFECC bed provides lower conversions compared to the PBR case for the same reactor temperature.
However, the rapid increase in reactor temperature in the PBR, leading to hot spot formation, shifts the
product selectivity towards methane and light hydrocarbon products. This effect can be observed in
Tables 1 and 2, where the CH4 selectivity is higher while the C5+ selectivity is lower for the PBR compared
to the MFECC bed under all temperature conditions. Thus, the high conversion levels achieved in the
PBR reactors go mostly toward the formation of methane. The results discussed above demonstrate
that the developed model is valid and applicable to quantitatively compare the performance of the
PBR and MFECC bed in terms of thermal profiles and hydrocarbon product selectivity.
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Table 1. Tmax − Twall, CO conversion, CH4 selectivity, C5+ selectivity from the model, and experimental results for the Microfibrous-Entrapped-Cobalt-Catalyst
(MFECC) reactor concerning wall temperature at 2 MPa pressure for H2: CO ratio of 2:1 and 5000 h–1 Gas Space Velocity (GHSV).

Twall (K) Tmax − Twall (K)
Experimental

Tmax − Twall
(K) Model

CO Conversion
Experimental

CO Conversion
Model

CH4 Selectivity
Experimental

CH4 Selectivity
Model

C5+ Selectivity
Experimental

C5+ Selectivity
Model

498.15 0 1.65 17 24.85 13 10.64 82.1 83.23

508.15 2.5 2.59 38.25 38.13 17 13.64 80.1 80.42

518.15 4.8 4.05 51.67 54.24 19 17.49 73.8 76.81

528.15 9.5 6.16 78.75 72 21 22.48 70.2 72.1

Table 2. Tmax − Twall, CO conversion, CH4 selectivity, C5+ selectivity from the model, and experimental results for the Packed Bed Reactor (PBR) reactor concerning
the wall temperature at 2 MPa pressure for H2: CO ratio of 2:1 and 5000 h−1 GHSV.

Twall (K) Tmax − Twall (K)
Experimental

Tmax − Twall
(K) Model

CO Conversion
Experimental

CO Conversion
Model

CH4 Selectivity
Experimental

CH4 Selectivity
Model

C5+ Selectivity
Experimental

C5+ Selectivity
Model

498.15 5.6 6.35 35.71 49.33 15 11.66 79.7 82.28

508.15 9 11.75 53.13 69.08 19 16.3 73.4 75.3

518.15 14.1 21.85 86.81 89.74 30 25.2 50.6 69.55

528.15 69.8 48.4 99.32 92.27 83 43.2 12.4 52.68
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3.2. Comparison of Thermal Profiles

The validated 2D model for the PBR and MFECC bed was used to compare the thermal profiles of
the two reactor beds using different inlet conditions; inlet temperature and GHSV. First, a side by side
comparison of the thermal profiles of the PBR and MFECC bed was done to study the radial and axial
temperatures of both reactor beds at 528.15 K, 2 MPa pressure, H2/CO ratio of 2:1 and a constant GHSV
5000 h−1. Figure 2 shows the temperature profile predicted by the 2D reactor model for both PBR and
MFECC bed.
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As can be seen from Figure 2b, a hotspot is predicted in the PBR at the centerline of the reactor and
close to the reactor inlet. Giovanni et al. [40] reported a similar finding for a 2D pseudo homogenous
model of a milli-scale fixed FT bed reactor using a Co-based catalyst. The axial temperature deviation
for the PB reactor as predicted from the model is around 43 K, and the radial temperature gradient is
around 1.15 K. As discussed previously, the temperature deviation predicted from the model for the
PBR case at 528.15 K is underpredicted. Therefore, the axial temperature gradient from the experiments
conducted by Sheng et al. [30] was even higher—around 70 K. The occurrence of the maximum
temperature at the reactor inlet is due to the high partial pressure of the reactants at that location,
which results in higher reaction rates. Therefore, heat generation is significantly higher. Moreover,
under typical FT conditions, the inlet of the reactor is a region where the liquid is absent since PBR
typically operate under trickle bed behavior (the liquid produced during FT trickles down the bed).
The latter has negative implications on the heat transfer process inside the PBR reactor. It is worth
noting that the PB reactor shows a temperature increase at the pre-packing zone, indicating that the
ability of the external cooling on the reactor bed to remove excess heat is extremely insufficient, which
leads to a temperature rise at the pre-packing zone and close to the inlet due to thermal diffusion.
In the lower part of the reactor, the temperature decreases steadily due to the lower reaction rates in
that zone, reducing the amount of heat generated during the reaction. Moreover, the effect of liquid
formation at the lower part of the reactor is more prominent (trickle bed behavior), which positively
affects the rate of heat transfer within the reactor bed.

The MFECC bed provided better temperature control, and a uniform temperature profile was
maintained, as can be seen in Figure 2a. The maximum axial temperature rise in the MFECC bed was
only 10 K, and the radial temperature gradient was 0.013 K. This reduction in hot spot formation in the
MFECC bed is solely the result of the high thermal conductivity of the MFECC material. Sheng et al.
experimentally determined the thermal parameters of the MFECC bed and PBR (effective radial thermal
conductivity and wall heat transfer coefficient) [29]. The study reported that the radial effective thermal
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conductivity of MFECC was 56 times higher than that of alumina PBR in a stagnant gas, while the
inside wall heat transfer coefficient was 10 times higher.

As mentioned previously, the hydrocarbon product distribution in the FT reaction strongly
depends on the temperature inside the reactor bed. The hotspot formed in the PBR at 528.15 K resulted
in around 100% CO conversion as per experimental results, where most of the conversion goes toward
methane formation, as it is favorable at high-temperature conditions (shifting the product selectivity
toward lower weight hydrocarbons). Based on the modeling results shown in Table 2, the values of CH4

and C5+ selectivity in the PBR at 528.15 K were 43.2% and 52.68%, respectively. However, as mentioned
previously, these values were unpredicted by the model at 528.15 K, and a higher CH4 selectively,
and thus, lower C5+ selectivity are expected at such a temperature condition. The experimental values
of CH4 and C5+ selectivity in the PBR at 528.15 K were 83% and 12.44%, respectively. For the MFECC,
the uniform temperature distribution resulted in higher selectivity toward higher weight hydrocarbon
products and lowered CH4 selectivity. As can be seen from Table 1, the model predictions for CH4 and
C5+ selectivity in the MFECC bed at 528.15 K was 22.48% and 72.2%, respectively. The latter findings
imply that the MFECC bed provides safe operation under high operational temperatures to achieve
high conversions per tube pass in conventional Multi tubular fixed bed reactors/PBR without the risk
of selectivity loss.

3.3. Effect of Varying the GHSV

The impact of varying the inlet gas flow rate/GHSV on the heat generation and removal for the
MFECC bed and PBR was investigated. The simulations were carried out by varying the GHSV while
keeping the other process parameters constant (518.15 K, 2 MPa pressure, H2/CO 2:1). Figure 3 shows
the effect of varying the GHSV on the reactor thermal behavior in terms of maximum temperature
rise at the centerline of the reactor. For the PBR, increasing the GHSV from 5000 h−1 to 10,000 h−1

results in less efficient heat removal, leading the centerline temperature to increase from 566 K to
628 K. This resulted in hotspot formation and temperature runaways. This is due to the poor thermal
conductivity of the PBR reactor. For the MFECC bed, the maximum temperature at the centerline of
the reactor remains almost constant under all GHSV conditions (5000 h−1 to 10,000 h−1) at 534.5 K.
Therefore, operating at higher velocities induces very small changes in the thermal behavior of the
MFECC bed. The observations in the thermal behavior of both the PBR and MFECC discussed above
are also supported by a modeling study conducted by Sheng et al., who conducted a microscale heat
transfer comparison between a PBR and an MFECC bed in a stagnant gas and flowing nitrogen gas
conditions [62]. They reported that 97.2% of the total heat flux transferred within the MFECC bed was
found to be transported by the continuous metal fibers. This demonstrates that the continuous metal
fibers were the primary conduction path for the heat transfer inside the MFECC bed. Therefore, it is
expected that changing the GHSV would not have a significant effect on the thermal profile inside the
MFECC bed. Moreover, they reported the temperature distribution inside the PBR and MFECC bed
at two different gas velocities (200 m/s and 500 m/s), and they found the temperature of the flowing
nitrogen gas at higher gas velocity decreased significantly in PBR, while in the MFECC bed it did not
change much. This finding indicates that increasing the gas velocity inside the MFECC provides stable
temperature profiles and efficient heat transfer between the solid/fluid interfaces. On the other hand,
increasing the gas velocity in the PBR reactor provides inadequate heat transfer rates between the
solid and the fluid interface, which could be the main reason in the formation of local hotspots on
catalyst particles inside PBR reactors. This indicates that operating at high gas velocities would have a
detrimental effect on heat removal/management inside the PBR reactor.
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Similarly, Figure 4 shows the effect of varying the GHSV on CO conversion. It can be noted that
the CO conversion for the PBR case decreases from 93.45% to 83% as the GHSV increases from 5000 h−1

to 10,000 h−1. This finding was expected since lower residence times are associated with higher gas
velocities. Although the shortening of the residence time results in lower CO conversions, the total
amount of syngas converted into hydrocarbons is observed to be higher for higher gas velocities.
Therefore, more heat generation per mole of CO consumed is expected at higher GHSV values, which
also explains the ascending trend of the centerline temperature with increasing GHSV. A similar trend
is observed in the case of the MFECC bed, where the CO conversion decreases from 71.95% to 50.6%
as the GHSV increases from 5000 h−1 to 10,000 h−1. However, a steeper decrease in CO conversions
with increasing GHSV was noted for the MFECC bed. This is mainly due to the high-temperature
rise/deviation in the PBR reactor, which was much more prominent than in the MFECC as the GHSV
was increased. This effect contributes to higher CO conversions, thus resulting in a slower decreasing
rate of CO conversion in PBR. It should be noted that although increasing the GHSV might have
negative implications from heat management and CO conversion standpoint, the total hydrocarbons
productivity per catalyst mass is higher as the GHSV increases. The MFECC bed has shown to provide
near isothermal operation, leading to improved selectivity control even when the gas velocity is
increased. This raises the opportunity to achieve higher hydrocarbon productivity per catalyst mass,
thus increasing the catalyst utilization.Processes 2020, 8, x FOR PEER REVIEW 15 of 23 
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The performance of the PBR and MFECC bed at different GHSV values was evaluated in terms
of the hydrocarbon product selectivity. As mentioned previously, the CO conversions were higher
inside the PBR compared to the MFECC under all GHSV conditions. Thus, the total mass productivity
of the hydrocarbons (total amount of hydrocarbons produced) is expected to be higher inside the
PBR for the same inlet gas velocity, due to the higher CO conversions associated with it. However,
on the other hand, the selectivity toward C5+ hydrocarbons was significantly lower in PBR than the
MFECC as shown in Figure 5. Most importantly, Figure 6 indicates that the selectivity of the most
undesired product methane was significantly higher in the PBR reactor because of the relatively
high-temperature gradients inside the reactor bed. The CH4 and C5+ selectivity for the PBR was 42.2%
and 54.4%, respectively, at 5000 h−1 GHSV. However, the CH4 selectivity in the PBR reactor goes up
to 100% at 10,000 h−1 GHSV, resulting in 0% selectivity of the C5+ hydrocarbons. Therefore, the total
productivity of the desired hydrocarbons per catalyst mass is higher when using an MFECC bed.
As mentioned previously in the introduction section, the single-pass conversion in Multi tubular/PBR
is kept at 50% or lower to avoid temperature runaways. The results discussed above prove that the
potential of the MFECC bed in minimizing this drawback associated with PBR. The high thermal
conductivity of the MFECC bed provided efficient temperature control within the reactor bed, which
offers a better opportunity to minimize the selectivity of methane while maximizing the selectivity
toward C5+ products even at high CO conversions. This is one of the main requirements in industrial
applications of FT reactors.
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3.4. Effect of Reactor Tube Size (Scaling-Up)

As mentioned previously, FT is a highly exothermic reaction; thus, efficient heat removal is one
of the main considerations while designing commercial-scale FT reactors [7]. Therefore, the range of
tube diameters used in industrial-sized PBR reactors is 20 mm to 50 mm. Larger tube sizes provide
poor heat management and are more likely to suffer from the local hotspot formation, which results
in the formation of methane while lowering the selectivity of the desired C5+ hydrocarbon products.
For industrial applications, it is important to set up the FT process in a way that would provide high
production of higher weight hydrocarbons (C5+), with low methane selectivity and good temperature
control within the reactor bed. The results discussed in the previous sections indicate that the latter can
be achieved upon utilization of the novel MFECC structures of high thermal conductivity that allows
uniformity in temperature distribution across reactor bed at larger tube diameters. Several simulations
were performed to study the effect of scaling up the reactor tube diameter up to 102 mm on the thermal
behavior of both the PBR and MFECC bed. A comparison between the base case model (15 mm ID)
and the scaled-up model (102 mm ID) at 2 MPa pressure and H2/CO ratio of (2:1) was made at different
inlet temperatures 498.15 K to 528.15 K. Since changing the tube diameter affects the gas velocity/GHSV
(45-fold reduction in GHSV going from 15 mm up to 102 mm, which has a prominent effect on the mass
and heat transport properties), the inlet gas flow rate of the was adjusted to maintain a constant GHSV
value of 5000 h−1 to provide a fair comparison between the base case and the scaled-up case. Figure 7
shows the maximum temperature rise inside the PBR at various inlet temperatures. If all the process
parameters are kept constant, increasing the tube diameter from 15 mm to 102 mm while maintaining
constant GHSV (5000 h−1) results in extreme temperature runaway at all inlet temperature conditions,
where the hotspot was beyond 200 K. This drastic change in the maximum temperature rise is around
40% to 50% higher than the base case scenario at 15 mm. The extremely high-temperature gradients
are mainly due to high radial heat transport resistances at larger tube sizes. As a result of the high
temperatures inside the PBR, the CO conversion at 102 mm was beyond 90% at all inlet temperatures,
as shown in Figure 8. The reason behind this is that using larger tube diameters accompanied by the
use of higher inlet gas flow rates enables higher CO conversions, thus higher hydrocarbon productivity.
However, the selectivity toward methane associated with such high-temperature gradients goes up
to 100% at all temperature conditions, consequently leading to 0% selectivity toward the desired C5+

hydrocarbons, as demonstrated in Figure 9.
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On the other hand, the MFECC bed provided better temperature control relative to the PBR
under the same operating conditions when the tube diameter is scaled up to 102 mm. The maximum
temperature deviation from the base case (15 mm, 498.15 K to 528.15 K, GHSV 5000 h−1, H2/CO 2:1,
Ptot 2 MPa) was below 4 K at all inlet temperature conditions, as shown in Figure 10. This is due to the
high radial effective thermal conductivity of the MFECC bed, which was able to facilitate heat removal
even at higher radial resistances in larger tubes. Moreover, when the tube diameter is increased from
15 mm to 102 mm while keeping a constant GHSV, the CO conversion goes up by more than 9% for
all the simulated temperature conditions, as shown in Figure 11. The latter indicates a noticeable
increase in hydrocarbon productivity per tube is achieved for larger tube diameters. An interesting
observation is that for 102 mm diameter, the CH4 selectivity only increases by less than 1.4%, while the
C5+ decreases by less than 1.3% compared to the base case scenario, as shown in Figure 12. The higher
CO conversion, accompanied by selectivity control at 102 mm diameter achieved using the MFECC
bed, indicates that higher C5+ productivity is obtained relative to the base case.
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H2/CO 2:1, 2 MPa pressure.

It is worth noting that, as previously stated that at 528.15 K (only for the case of the PB
reactor), the deviation between the modeling and the experimental predictions becomes high.
The difference between the maximum temperature (centerline temperature) and the wall temperature
is underestimated, thus the model under-predicts the methane selectivity relative to the experimental
data. Consequently, the selectivity of C5+ products at 528.15 K is over-predicted by the model when
compared to experimental data. In the case of scaling up the tube diameter up to 102 mm, for the
MFECC case based on the aforementioned discussion, the maximum temperature deviation from the
base case (15 mm, 498.15 K to 528.15 K, GHSV 5000 h−1, H2/CO 2:1, ptot = 2 MPa) was below 4 K at
all inlet temperature conditions. Therefore, extremely large temperatures are not observed in this
case, hence confirming the reliability of the results for the MFECC bed. In the case of PBR, large
temperature deviations are indeed observed (as previously mentioned). However, the selectivity
toward methane associated with such high-temperature gradients goes up to 100% at all temperature
conditions, consequently leading to 0% selectivity toward the desired C5+ hydrocarbons. Although
the difference between the maximum temperature (centerline temperature) and the wall temperature
is underestimated is this case (methane selectivity should be higher than predicted by the model)
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achieving a selectivity beyond 100% is physically not possible. Similarly, for the C5+ selectivity,
the model over-predicts the C5+ selectivity (C5+ selectivity should be lower than predicted by the
model) and achieving a selectivity below 0% is also physically not possible. The point to be highlighted
here is that the hydrocarbon selectivity estimations are very reliable; however, higher temperature
gradients are expected when such conditions are practically employed (this will not affect the product
selectivity based on the above discussion).
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4. Conclusions

A 2D CFD model of an FT reactor was developed in COMSOL®Multiphysics v5.3a for two systems;
MFECC bed and conventional PBR under GP-FT conditions. The possibility of scaling-up the reactor
diameter tube >15 mm (up to 102 mm ID) was studied as an initial step towards the process
intensification of the FT technology. The model results for both the MFECC bed and PBR provided a
good match with the experimental predictions for CO conversion, maximum temperature deviation
from the wall temperature, CH4 selectivity, and C5+ selectivity. The influence of process parameters
(inlet temperature, GHSV, tube diameter) on the hydrocarbon product selectivity, CO conversion,
and hotspot formation was investigated. Results indicated that increasing the GHSV from 5000 h−1

to 10,000 h−1 in the PBR had a detrimental effect on the thermal performance of the reactor bed.
This resulted in shifting the product selectivity toward undesired methane (CH4 selectivity of
100%). Comparing with the MFECC bed simulated under equivalent conditions shows a very small
temperature deviation (<7 K) and constant hydrocarbon product selectivity (~22% CH4 selectivity and
~73% C5+ selectivity). Therefore, the near isothermal operation in the MFECC bed facilitates higher
C5+ hydrocarbon productivities per tube pass at higher space velocities without the risk of selectivity
loss. A comparison between the base case model (15 mm ID) and the scaled-up model (102 mm ID)
revealed that the high radial effective thermal conductivity of the MFECC bed was able to provide
efficient heat removal (temperature gradient < 10 K) even at higher radial distances in larger tubes.
In contrast, the PBR suffered from extreme temperature runaways (>200 K), leading to poor product
selectivity (100% CH4 selectivity and 0% C5+ selectivity). The ability of the MFECC bed to provide
near isothermal operation at 102 mm ID provides a 16-fold reduction in the total number of tubes
required to achieve a targeted capacity compared to a conventional 0.025 m ID reactor bed. This study
demonstrates the possibility of implementing the MFECC reactor bed in future commercial FT reactors
to achieve high production rates by utilizing larger reactor tube diameters.
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