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Abstract: In this study the Single-Pass-Tangential-Flow-Filtration (SPTFF) concept for continuous
ultrafiltration in bioprocessing is investigated. Based on a previously validated physico-chemical
model for a single ultrafiltration cassette, the transfer to a multistage SPTFF is predicted and validated
experimentally by concentration steps for bovine serum albumin (BSA) and the monoclonal antibody
immunoglobulin G (IgG) are compared. The model applied for the ultrafiltration membrane contains
the Stagnant Film Model (SFM) for concentration polarization, as well as the Osmotic Pressure
Model (OPM) and the Boundary Layer Model (BLM) for the mass transfer through the membrane.
In addition, pressure drop correlations as a function of the Reynolds number are included to describe
the development of the transmembrane pressure over the length of the module. The outcome of
this study shows the potential to improve this multi-parameter dependent unit operation by a
model-based optimization allowing significant reduction of experimental efforts and applying the
Quality by Design (QbD) approach consistently. Consequently, a versatile tool for conceptual process
design is presented and further application is discussed.

Keywords: ultrafiltration; Single-Pass-Tangential-Flow-Filtration (SPTFF), modelling; Continuous
Bioprocessing (CBP), Conceptual Process Design (CPD)

1. Introduction

For the biotechnological and pharmaceutical industry membrane-based unit operations are key
process steps in order to adjust the concentration of the target component and the buffer media
composition. This is mainly based on their mild temperature and process conditions and the low
operation costs [1–11]. A high concentration of target protein leads to improved operating conditions
for the following separation steps, e.g., chromatography, and lowers their operation costs.

Due to the high concentrations of the target molecules in the range of tens to hundreds of grams
per liter, the solution becomes highly viscous and reaches values up to of 80 mPa·s [12]. This leads to a
significant pressure drop, which may exceed the pressure limit of the ultrafiltration systems and results
in a higher operation cost expenditure (OPEX). By adjustment of the pH value or by adding excipients,
the fluid properties are modifiable [13,14], but a risk for precipitation remains [15]. Another way to
handle these highly concentrated solutions is by altering the geometries of the membrane channels.

The downstream processing (DSP) of biopharmaceuticals like monoclonal antibodies creates the
major share of manufacturing costs (50–80%) [16,17]. For this reason, DSP provides a great potential
to optimize the economics of manufacturing. Continuous bioprocessing (CBP) is one approach to
reduce production costs by increasing the production capacity [18]. Furthermore, it increases the
product quality as recent publications [19–22] have already mentioned. Due to negative experiences
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during clinical trials, the FDA demands innovations in the fields of Quality by Design (QbD) and
Process Analytical Technology (PAT) for pharmaceutical manufacturing [23–27]. Switching from batch
to continuous processes is a promising possibility to overcome critical operation problems (e.g., batch
failures, quality variations), but to create an attractive alternative to traditional batch or disposable
concepts, the continuous process must be optimized at first. One of the major contributions must come
from substantially lowering overall Cost of Goods (CoG) [28,29].

While for many separation steps continuous options are already established (e.g.,
chromatography [30] or liquid–liquid-extraction [31,32]), ultrafiltration and diafiltration just came to
market recently, although they are key units in every downstream process [2,3,33]. Figure 1 shows
exemplary concepts for continuous ultrafiltration based on literature [33,34].
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Figure 1. Concepts in literature for ultrafiltration (a) Feed and Bleed (b) Multistep Feed and Bleed (c)
Single Pass Tangential Flow (SPTFF) (d) Multistep SPTFF [33,34].

Some continuous concepts contain recycling loops like the “Feed and Bleed” concept
(see Figure 1a) [34]. These recycling loops increase the overall permeate stream, resulting
in high residence times and several pump-passes of the target molecule. Compared to this
Single-Pass-Tangential-Flow-Filtration (SPTFF) just has one pump pass and no recirculation, which
could reduce potential issues like aggregation or denaturation [22]. This makes SPTFF the reasonable
continuous filtration for biopharmaceuticals. Because of the low permeate volume, it is essential to
increase the membrane area for SPTFF to reach high concentration factors. In addition, the concentration
no longer depends on the time, like in several batch filtrations, but changes depending on the filtration
path length. To achieve this, multistage filtration units (see Figure 1d) are necessary to overcome this
limitation and it gets possible to reach concentration factors from 2× to 5× in a four-in-series module [35].
Additionally, the multistep setup offers the possibility to vary the properties of the membranes by
adjustment to the conditions of the protein solution. Diafiltration systems are also possible in this
multistep setup by adding in between the filtration stages [36]. Despite the more complex setup with
additional pumps, the SPTFF diafiltration provides many advantages like reduced buffer volume and
less shear stress due to pumping of the target molecule [37]. Commercially available ultrafiltration
modules were established recently [38] and still offer potential to be optimized. Vendor data provide
strategies and experimental data for using their modules [39,40], but in order to create an optimal
process, additional experiments are needed for the chosen system. These diagrams show the general
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behavior like in Figure 2a, where the flux is measured against the transmembrane pressure (TMP) or
strategies for optimization depicted in Figure 2b.
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While the investigation of process parameters like feed pressure, retentate pressure and feed flow
are mentioned in several studies [41–43] this work focusses on the modelling of SPTFF units in order
to reduce experimental efforts significantly and to find a robust operation optimum under QbD. This is
performed based on experimental work, literature data, and design of commercially available modules.
Developments of process variables like concentration, flux, or pressure, based on modelling are investigated
and by using a model for process optimization, the experimental effort can be drastically reduced, which is
especially relevant for multiparameter dependent unit operations. With a systematic approach, modelling
can substitute experiments and accelerate the process design [29,44,45]. For this study an experimentally
validated physico-chemical model [1] is enhanced and transferred. The model describes the mass transfer
through the channel with a mass balance assuming loss in volume stream resulting in lower velocity of the
retentate. Furthermore, mass transfer to the membrane is described by using the Stagnant Film Model
(SFM) and through the membrane by the Osmotic Pressure Model (OPM) or Boundary Layer Model (BLM).
This model-based approach provides the possibility to visualize critical process points for the ultrafiltration
step. With this visualization a process design of ultrafiltration modules becomes more reasonable and in a
subsequent step the SPTFF module can be designed a priori.

2. Theory

2.1. Model Development

The modelling approach presented is mainly based on previous validated models [2–4],
especially [1].

2.1.1. Concentration Polarization

One of the main effects for tangential flow filtration is the concentration polarization, which leads
to reduced permeate flux and low retentate concentrations. This effect is described by Michaels [46]
with the SFM.

Jv = kf· ln
(

cM

cB

)
(1)
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In this equation Jv is the volumetric flux through the membrane, kf is the mass transfer coefficient
describing the ratio of diffusion coefficient D and the boundary layer thickness δ, cM represents the
concentration of the target component at the membrane, and cB is the concentration in the bulk phase.
The concentration polarization and therefore the flux through the membrane are affected by surrounding
conditions changed due to the solution and the hydrodynamic influences. The concentration at the
membrane should not reach the gel concentration. If the target molecule reaches this critical process
point, a layer is formed resulting in a membrane layer on top of the membrane resulting in a minimized
flux. The gel concentration of the protein is described in literature or must be determined experimentally.

2.1.2. Osmotic Pressure Model

To describe the mass transport through the membrane the OPM is chosen. Because of the
significant influences of the surrounding buffer with the target molecule the osmotic pressure has
to be considered [1,5,11,46–48]. The osmotic pressure difference between the solutions lowers the
driving force affecting the mass transport through the membrane. The resulting flux is calculated
by incorporating the osmotic pressure into Darcy’s Law. With the additional assumption of 100%
retention for the target molecule the flux is finally described by Equation (2) [1]:

Jv =
TMP − POsm

ηp·RM
(2)

where TMP is the transmembrane pressure, POsm represents the osmotic pressure, ηp describes the
dynamic viscosity of the permeate, and RM represents the membrane resistance. Exemplary correlations
for osmotic pressure (Equations (3) and (4)) are based on experiments and have to be screened for
several conditions like pH, molarity of salt, and concentration of target protein [1,12,49].

POsm,BSA =
[
A1·c + A2·c2 + A3·c3

]
(3)

POsm,IgG = R·T·
[
A1·c + A2·c2 + A3·c3

]
(4)

In these correlations c stands for the local concentration, A are prefactors, R is the gas constant and T
the local temperature. Exemplary values for two different target molecules are presented in (Table 1).

Table 1. Exemplary virial coefficients for the Osmotic pressure of bovine serum albumin (BSA) and
immunoglobulin G (IgG).

Protein A1 A2 A3 Source

BSA 3.7 × 10−1
−2.98 × 10−3 1 × 10−5 [1]

IgG 7 × 10−3 2.6 × 10−4
−4 × 10−7 [49]

The different osmotic pressure curves are shown in Figure 3.

2.1.3. Boundary Layer Model

As described in literature, concentration polarization is strongly influenced by pressure and
flux. Both process parameters increase the concentration polarization effect [11]. Furthermore, high
viscosities lower the diffusion coefficient which also leads to an increased concentration polarization
effect [11]. The resistance of the boundary layer can have a significant influence on the filtration process
for high pressure and high viscosities and must be considered in this case. A way to describe this effect
is the Boundary Layer Resistance model (BLM) [47].

Jv =
TMP − POsm

ηp·(RM + RBL)
(5)
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For this, another resistance term is added to the equation which lowers the mass transport through
the membrane.

2.1.4. Mass Transfer Coefficient

In order to calculate the mass transfer coefficient for Equation (1) the Sherwood correlation is used.
This is needed because the conditions for the different cassettes strongly differ from each other in many
variants like velocity or pressure. This forbids the assumption that the mass transfer coefficient stays
nearly constant for each position point in the module. For these dependencies the well-established
Sherwood correlation gives the opportunity to calculate a dynamic kf.

Sh =
kf·lch

Dp
(6)

The Sherwood number Sh is also derived from the following calculation, consisting of the Schmidt
number Equation (6) and the Reynolds number.

Sh = s1 + s2· Scs3 · Res4 (7)

Sc =
ηSol

ρSol· DP
(8)

Re =
ueff·lch·ρSol

ηSol
(9)

The necessary correlation coefficients for Equation (7) are summarized in Table 2.

Table 2. Sherwood correlations for different Reynolds numbers.

s1 s2 s3 s4 Source

1.664 0.33 0.33 0.33 [1]

The dynamic viscosity of the solution changes during the filtration slightly with temperature and
more so with the increase of the target protein concentration. For this dependency on concentration,
different correlations are mentioned in literature. For bovine serum albumin (BSA) an empirical
equation is applicable [1].

ηSol = 1·10−6
·c3
− 3 ·10−4

·c2 + 4.11·10−2
·c (10)

In contradiction to the BSA correlation, for immunoglobulin G (IgG) the Mooney equation
variations are used [12].

ηSol

ηp
= exp

 b·c

1−
(

c
cMax

)  (11)

For b, the value 1.19 is chosen and for the maximal concentration, 800 g/L is used based on [13].
The resulting graphs are visualized in Figure 3b.

The molar diffusion coefficient depends on the molecular weight of the protein and is calculated
with Equation (12) [48]:

DP = 8.314·10−8

 cm·g
4
3

K·s2·mol
1
3

· T

η·M
1
3

(12)

The effective velocity is derived from Equation (13):

ueff =

·

V
A

=

·

V
dh·wch

(13)
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with
·

V as the volume flow and A as the cross-sectional area. The cross-sectional area is the product of
the hydraulic diameter and the width of the membrane channel. In case of an ultrafiltration cassette
this cross-sectional area is described by the hydraulic diameter and the width of the screen [50,51].
In this work it is assumed that the mass transport through the membrane leads to a reduced effective
velocity while the volume of the membrane channel stays constant.

ueff =

·

VF

A
− Jv (14)

2.1.5. Pressure Drop

The transmembrane pressure for each location in the membrane channel is strongly depending
on the pressure drop. The pressure loss is defined as the difference between incoming and outgoing
pressure for the considered section.

∆p = pin − pout (15)

This pressure loss is influenced by the geometry of the membrane. In this work the dependency
on geometry is described by using the dimensionless drag coefficient cd membrane [46–48,50,51], with
dh being the hydraulic diameter of the membrane.

∆p =
cd·ρSolution·ueff

2
· lch

2·dh
(16)

The drag coefficient cd is calculated from the plot over the Reynolds number Equation (17).

cd = Xc · ReYc (17)

with Xc and Yc as experimental parameters, which must be determined for each geometry [50].

2.2. Transferarbility of Molecules

Comparing different target components, a general transferability between systems is desired.
While the membrane geometries and setup are independent from protein solutions, properties of
viscosity and concentration are depicted for two target molecules in Figure 3.
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Figure 3. Dependency of process variables on protein concentration (a) osmotic pressure [1,49] and
(b) dynamic viscosity [1,12].

It is obvious that the effects, based on these correlations [1,12,49] for BSA and IgG, have negligible
impact in smaller concentration regions. For this, Figure 3b is divided into two zones. If a filtration
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experiment is executed in zone one, where the concentration does not exceed around 50 g/L, the filtration
behavior is nearly the same, under the assumption that both molecules are completely retained.

2.3. Membrane Modules

In this study, SPTFF modules based on plate-and-frame ultrafiltration cassettes are investigated.
The channels consist of frames in the beginning and in the end of the membranes. In addition,
screens are inserted in between the membrane layers acting as spacers and increase mixing of the
flow. These screens are either directly connected to the membrane or are suspended to achieve an
enhanced channel height. While frames of the channel only vary in their height, screens may vary in
thread diameter (warp and weft), thread distance, flow attack angle, mesh angle [50,52]. In addition,
the screens could be used in permeate channels likewise to the feed channel. The distance between the
membranes is described by the free channel height. In case of suspended screens, this channel height
is increased by additional frame heights due to the TMP [1].

2.4. Transfer of Modelling Approach to SPTFF

For this study the validated Tangential Flow Filtration (TFF) model based on previous work
of [3,4] and [1] is transferred and enhanced. Because of the change of concentration factor dependency
from time of processing to length of the filtration path, the model has to comprise several sub-models
for tanks (feed, permeate, retentate), membranes and junctions (see Figure 4). The membrane model
includes a mass balance for the transport through the channel, the Stagnant Film Model, the Osmotic
Pressure Model or Boundary Layer Model. Additionally, equations for the pressure drop and the effect
of the channel- and spacer-geometries are implemented. The tank model includes a mass balance,
while the junctions model contains distribution equations to split and unite the parallel streams in
between stages. Parallel membranes for each stage are calculated equally. For this study it is assumed
that the feed flow is divided into equal parts. The used SPTFF concept is based on the commercial
four-in-series design of Pall Cadence™modules [39], which is shown in Figure 4.
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Figure 4. SPTFF module modelling approach.

The SPTFF module consists of several filtration stages. Each stage may vary in the number of
parallel membrane cassettes and gives the possibility to vary internal geometries of the used cassettes
in each stage as well. In this first approach the geometries are kept equal for each stage, but it offers the
possibility to vary the setup to increase productivity. The selected setup uses three membranes in stage
one, two membranes in stage two, and one membrane each in stages three and four.
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2.5. Experimental Setup

The validation examined by a setup compromising all relevant data for the axial development
after each stage of the membrane. By splitting a complete four-in-series module into four single stages,
the axial development of several process variables can be visualized and tracked. An exemplary setup
for model validation, based on a four-in-series setup, is shown in Figure 5.
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Figure 5. Experimental setup for model validation of four-in-series.

To achieve necessary information on the process, the measurements of pressure (P) and mass flow
(MF) are relevant after each SPTFF-stage. The measurement of the mass flows is possible by monitoring
the weight development of the different streams (feed, retentate, permeate) and additionally with
inline mass flow controllers in between the different filtration stages, which also measure temperature
(T) and density (D). Temperature and density are only relevant for the system if they have a dramatic
change during the experiment and therefore have influences on the viscosity, but in case of this study
they are not essential for the used models to describe mass transport and pressure drop.

For validation of the model the smallest commercial membrane cassettes, with the minimal number
of parallel channels in each cassette are used. This reduces possible influences due to internal parallel
structures of multilayer cassettes. Furthermore, the first approach should show correct calculation of
pressure drop and mass transfer through membrane. Therefore, it is necessary to perform experiments
at high viscosity to measure the development of the pressure drop, which increases with higher
viscosity values. For this, the light phase of an Aqueous Two-Phase Extraction (ATPE) step is adequate.
The ATPE is a continuous harvesting step in an alternative DSP for monoclonal antibodies [53,54].
The concentration of the target monoclonal is smaller than 5 g/L and therefore solution properties like
increasing viscosity and osmotic pressure have a minor impact.

3. Material & Methods

3.1. Filtration Setup

For experimental work 30 kDa TangenX™ Pro cassettes (Repligen, Waltham, MA, USA) with an
area of 100 cm2 and L-Screen were used. Each single membrane and membrane stack were inserted
into membrane holders, with an 1/8” in and outlets. For pumping a gear pump type MV-Z (Ismatec,
Wertheim, Germany) was used with 1/8” tubing for the whole setup in between the filtration stages.

3.2. Media

As feed medium for the experiments a viscous cell free light phase, consisting of polyethylene
(PEG) glycol 400 (Merck KGaA, Darmstadt, Germany), phosphate buffer and cell medium was used.
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For Clean Water Resistance Tests (CWRT), purified water was acquired with the Sartorius® arium®

157 pro (Sartorius®, Göttingen, Germany).

3.3. Analytics

For inline measurements five pressure transmitters A08 (Sensor-Technik Wiedemann, Kaufbeuren,
Germany) and four Mini Cori-Flow™ M14 (Bronkhorst High-Tech BV, Ruurlo, The Netherlands)
massflow controllers were used. In addition, the weight development of feed, retentate and all
permeate streams were measured with PCE-TB 6 scales (PCE Deutschland GmbH, Meschede, Germany).
The concentration of the target protein was quantified by Protein A chromatography (PA ID Sensor
Cartridge, Applied Biosystems, Bedford, MA, USA). For loading, Dulbecco’s PBS buffer (Sigma-Aldrich,
St. Louis, MO, USA) was used at pH 7.4 and at pH 2.6 as an elution buffer. The absorbance was
monitored at 280 nm. The size exclusion chromatography was performed by using a Yarra™ 3 µm
SEC-3000 column (Phenomenex Ltd., Aschaffenburg, Germany) with 0.1 M Na2SO4, 0.1 M Na2HPO4,
and 0.1 M NaH2PO4 (Merck KGaA, Germany) as a buffer system.

3.4. Clean Water Resistance Tests

For measuring the intrinsic membrane resistance three different cassettes were measured and in
addition parallel setups are investigated. This requires the measurement of transmembrane pressure
versus flux of purified water for at least three different pressures. The different transmembrane
pressures were reached by varying the motor speed of the pump. Furthermore, between each repetition
of a validation experiment, additional CWRTs of the whole SPTFF setup were performed. This on
the one hand allows validation of the model for water filtration and on the other hand shows fouling
tendencies after cleaning.

3.5. Validation Experiments

For transfer and validation of the SPTFF filtration unit three experiments were performed under
the same conditions. The feed flow was adjusted to 25 g/min, resulting in a feed pressure near 4 bar,
which was the maximum pressure allowed, based on vendor data. Each experiment was performed
for 60 min until the valid steady-state was achieved and during the experiments several samples were
taken from the retentate. After each experiment the membranes were cleaned with 0.5 M NaOH and
stored in 0.2 M NaOH.

3.6. Datasets for Modelling

For model validation and model-based predictions different datasets were applied, as mentioned
before in this manuscript. All module related parameters, like geometries, resistances and drag factors
were measured experimentally. Solution properties of the light phase were on the one hand measured
experimentally (density, viscosity) and on the other hand were based on the correlations from [12,49].
In case of the model-based calculations the solution properties were for a 20 mM buffer at pH 7 [12,49].
The workflow for generating the necessary data is presented in Figure 6.
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Figure 6. Workflow for process modelling of SPTFF [29].

Beginning with module related measurements, at first properties like dead volume, axial dispersion
(Dax) and residence times had to be determined for the whole setup. In case of continuous perspective
these parameters were only relevant in the starting period but are negligible in steady state. More of
the aim was to predict a setup performance based on properties which could be determined from a
single cassette. For this, a single cassette had to be measured regarding its geometrical data, because
geometries of both spacer and channel lead to a hydraulic diameter (dh), the effective membrane
area, and therefore effective velocity (u and ueff). Furthermore, its effect on pressure drop (cd) and
intrinsic membrane resistance (RMem) must be determined via CWRTs. These module-based data are
marked red in the figure above. The following step was the determination of solution properties (blue).
This was started by the checking if full retention was reached for the given setup and therefore if
the mass balance could be reduced. Then the concentration of the target molecule was variated in
the given buffer system to gain information on density, viscosity and osmotic pressure development
for this filtration step. Afterwards, the model was validated in a full setup in order to show that the
simulation met the experimental data adequately. It is vital that no data was used from the validation
experiments and everything was predicted from other experiments. By this systematic approach,
a transferability of several membrane types on the one hand and protein systems on the other hand
were given. For modeling and simulation Aspen Custom Modeler™ (Aspen Tech, Bedford, MA, USA)
was used.

4. Results and Discussion

4.1. Parameter Determination

To determine the necessary parameter sets, membranes are characterized. This is achieved by
measuring membrane area and geometry of spacers of the used modules. In addition, the membrane
resistance is determined by performing CWRTs with three different single cassettes and parallel setups
in a single stage. The results of the CWRTs in addition with the geometrical measurements lead to the
drag factor coefficients. These parameters are displayed in Table 3 with data for viscosity and density
of the solution. Table 4 shows the resulting membrane resistance values.
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Table 3. Module and Solution parameter.

Parameter Unit Value

Membrane area per cassette (m2) 0.01
Hydraulic diameter (m) 1.24·10−4

Drag factor coefficients
Xc (-) 32.21 ± 2.6
Yc (-) −0.77 ± 0.02

Dynamic viscosity of permeate
Water (mPa · s) 1
Light Phase (mPa · s) 7.4 ± 0.6

Density
Water (kg/L) 1.0 ± 0.01
Light Phase (kg/L) 1.1 ± 0.01

Table 4. Intrinsic membrane resistance (RM).

1 Cassette 2 Cassettes 3 Cassettes

RM
[1/m] ·
1012

2.25 ±0.4 2.38 2.28

For each membrane resistance the R2 is at least 0.99.

On the one hand it is shown that the intrinsic membrane resistance of parallel setups lays in
between the variance of single cassettes and that the reproducibility is given for the experiments.
For the model the assumption of an equally split feed stream is adequate, and the average membrane
resistance of a single cassette is used.

As discussed before, it is vital to check if the OPM is useful to describe the filtration process.
For this a filtration process of light phase is compared with water filtration for a single cassette.
The resulting TMP–Flux diagram is shown in Figure 7a. With knowledge of the flux, Equation (5) is
solved for RBL and the resulting values are displayed in Figure 7b.
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Figure 7a illustrates clearly that even at low flow rates there is a significant deviation of around a
factor of 10 in filtration performance between light phase and water. For this reason, the OPM is not
applicable and an additional resistance is required, to describe the filtration of light phase. Figure 7b
shows that the resistance correlates with the TMP as main driving force of the system. For modelling
the following equation is applied:

RBl = XR · TMPYR (18)
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with the values 5.31 for XR and 0.65 for YR at an R2 of 0.99.

4.2. Model Validation

For model validation the determined parameters are initially used for pure water filtration.
Figure 8 visualizes the development of flux (black) and transmembrane pressure (red) of the CWRTs
for the SPTFF setup. The CWRT of the whole setup is performed three times like the validation
experiments themselves. On the one hand the experimental data is shown as an average value of
three repetitions, while on the other hand the simulated values are presented in lines. The horizontal
axis represents the length of pathway from inlet to outlet. It is sectioned in stages, where each stage
equals the length of one cassette. In case of the TangenX™ a stage corresponds to 14.5 cm. For this
comparison the same operation parameters (feed flow: 144; 71; 13 mL/min, feed pressure: 1.25; 0.6;
0.1 bar) are used.

The simulated values show great accordance with the experimental data, especially at lower flow
rates. The steps of the simulated values in between the stages result from pressure drops due to inline
mass flow controllers and additionally the change of numbers of membrane channels in each stage.
In general, the experimental values of the first stage slightly exceeds the simulated values, while stages
three and four show smaller values in comparison to the simulation. Nonetheless it is demonstrated
that transmembrane pressure and filtration capabilities of water can be predicted by the model by
knowing membrane properties and operation parameters.
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Figure 8. Comparison of flux and transmembrane pressure development of clean water resistance tests
for experimental and simulated data.

For the filtration step of the light phase, it must be justified that the protein is kept in the retentate
stream and does not pass the membrane. This is achieved by analyzing samples of feed, retentate
permeate and an IgG standard with a size exclusion chromatography and the resulting chromatograms
are visualized in Figure 9a. For comparison of volumetric concentration factors (VCF), the measured
volume streams and protein A chromatography analysis results are compared and shown in Figure 9b.
For the volume stream based VCF the feed flow is divided by the retentate flow and is measured
inline, while the protein A chromatography results are measured offline. The development of the feed
pressure during the experiments is also depicted in Figure 9b.
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Figure 9. (a) Size exclusion chromatography analysis. (b) Development of volumetric concentration
factor and feed pressure during experiments.

It is obvious that permeate only contains molecules which are significantly smaller than the target
substance, which can be seen in Figure 9. The IgG is detected at around 9 min, and the signal of
the permeate does not contain a peak in this time range, which proves full retention of the target
molecule. For each experiment after 5 min the results from protein A chromatography overlap well
with the volume flow-based values of ingoing and outgoing streams. Additionally, both graphs
show that the SPTFF-system needs at least 10 min to create a nearly stationary process. Because the
SPTFF should be continuous, the modelling approach focuses on the timeline after 10 min, but a
slight decrease in filtration performance with ongoing time is detectable. For model validation,
the modelling is compared to the experiment. As operation parameter the average values after 10 min
are chosen. The feed flow has a value of 23.8 ± 0.9 mL/min at a feed pressure of 3.70 ± 0.23 bar.
As initial concentration 2.8 ± 0.17 g/L are found based on protein analysis for the three experimental
repetitions. In Table 5 and Figure 10 the experimental values and the simulated ones are compared.
In addition to Figure 8, Figure 10 contains the values for concentration (blue) of the target component.
This change in concentration over length is calculated with the BLM. Furthermore, the concentration
at the membrane (orange), which is not measurable and is calculated with the SFM. In contradiction
to flux and transmembrane pressure, the experimental values for concentration are displayed at the
beginning and in the end of each stage.

Table 5. Comparison of experimental and simulated process variables.

VCF
[-]

Pressure Drop
[bar]

Experiment 2.31 ± 0.12 2.04 ± 0.1
Model prediction 2.10 ± 0.11 1.80 ± 0.1

Difference 9% 11%
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Figure 10. Profiles of concentration, flux and transmembrane pressure for modelled experiments of
IgG in light phase.

The process variables of the simulation match the experimental data, especially in the first two
stages containing the parallel membrane structures. In stage three and stage four the simulated flux is
slightly lower compared to the experiments. This leads to a reduced concentration in the end of the
filtration setup. In contradiction to Figure 9 the steps between the stages for flux and TMP are lower,
due to minor change pressure drops resulting from inline MFCs. The concentration at the membrane
wall is mainly affected by the flow regime and therefore the velocity of the solution. Because from
stage one to two and stage two to three the streams are united, this leads to a different concentration.
The development for stage three and four on the other hand has no step and displays a constant line,
because no change of channel numbers takes place in between. The comparison of simulation and
experiments shows that it is possible to calculate, predict and visualize the different process variables
for the given SPTFF setup. Furthermore, transferring the batch model and therefore time dependent
filtration to length depending filtration is performed and validated. Due to this, a model-based
optimization of continuous filtration steps by knowing the relevant data of membrane geometries and
solution properties is possible.

4.3. Model Based Calculations

4.3.1. Transfer to Filtration of Low-Viscosity Solutions

During the purification process of monoclonal antibodies, various ultrafiltration steps are
possible. This leads to different process parameters for which the SPTFF modules have to be
designed. These modules are affected, as shown in the previous section, by the starting concentration,
solution properties, and the desired concentration for the next process step. One possibility is the
increase of concentration after the perfusion step. For these calculations, solution properties of aqueous
buffers from literature are used. Due to higher volume streams and lower viscosities, the boundary
layer resistance is neglected for this study and the OPM is used in contradiction to the previous section.
Furthermore, the several pressure drops based on inline analytics are not considered. The operation
parameters for this study are a starting concentration of 1 g/L and a feed pressure at resulting feed flow
of 126.5 mL/min. The membrane resistance is taken from the experiments in Section 4.1 and has a value
of 2.25·1012 1/m. Figure 11 illustrates the axial profiles of concentration, flux and pressure. In addition
to the standard membrane cassette setup, another “optimized” setup is compared. In this variation,
another cassette is inserted in stage three in order to decrease the pressure drop, which can be seen in
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Figure 10. Due to this additional cassette the TMP should be maintained and the overall performance
enhanced. Table 6 compares both variations based on their performance.
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Table 6. Comparison of standard and optimized setup at 1 bar.

Parameter Unit
Value

DifferenceStandard Optimized

Membrane Area (m2) 0.07 0.08 +14.2%
Final Concentration (g/L) 2.78 3.56 +28.1%
Retentate Flow (mL/min) 45.22 35.28 −21.9%
Permeate Flux (L/m2/h) 67.84 66.71 −1.6%

We can see in Figure 11, that the system suffers a drastic pressure drop for both setups in this
scenario. For the standard one it results in a static concentration in stage three, which makes the
fourth stage irrelevant. With the insertion of an additional cassette in stage three the transmembrane
pressure can be maintained and it results in a 28% higher concentration. In contradiction to increased
concentration, the normalized flux shows a slight reduction, which is based on the increased area
for the optimized setup. Focussing on final concentration as the target variable, the optimized setup
enhances the filtration capability strongly by inserting another membrane cassette in stage three.

4.3.2. Variation of Feed Pressure and Flow

As a multi-parameter dependent process, the best parameter set for filtration has to be found.
Since, an enhanced TMP leads to an increased flux, it is favorable to work at maximum feed pressure.
By increasing the feed pressure, the feed flow rises as well. This again possibly results in a greater
pressure drop. Therefore, a study of different feed pressures is necessary, in order to determine the
optimal process point. For this work, the resulting feed flow, which depends on the feed pressure,
is based on the values from the CWRTs and follows the development visualized in Figure 12a.
The results of VCF, flux and pressure drop for both setups are depicted in Figure 12b. In addition,
significant process points (A, B, C) are marked for further investigation.
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Figure 12. Calculation scenario: (a) Feed pressure vs. feed flow, (b) results based on pressure variation.

Figure 12b displays the multi-parameter effects created by the increase of the inlet pressure.
While the VCF rises with higher pressure, it is shown that there is a well performing operation
parameter window with lower feed streams and pressures. Comparing it to the vendor data in
Figure 2b, the increase of VCF with higher pressures does not meet the simulation and it is possible that
the OPM is not applicable for high pressures and velocities, due to increased concentration polarization
and additional resistances, which have to be considered. On the other hand, the increase of flux shows
the same tendencies and the increased VCF at low pressures is shown.

For enhanced understanding of the axial profiles of the operation points A, B and C are illustrated
in Figure 13. Mark A represents the operation point in the beginning, while operating at lowest feed
flow. Mark B is the operation point with minimal VCF and mark C represents the operation point with
greatest VCF working at highest feed pressure.Processes 2019, 7, 317 17 of 21 
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The axial profiles—in Figure 13—of operation point A and B show a minor decrease of the TMP
and flux over the module. But in comparison to point A process point B shows a greater polarization
effect, which probably leads to a reduced flux for the module. In contradiction to operation point A
and B, the TMP and flux profiles of operation point C contains a more drastic drop over the setup
range. Moreover, its process parameters lead to an increased concentration at the membrane, also
leading to additional possible resistances, which would lower the filtration capabilities with additional
resistance. All scenarios show a complete loss of transmembrane pressure in the last stage. Under the
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given circumstances the filtration setup is not used efficiently. Based on the data it is also possible to
reduce the setup by the last stage, because the change of concentration is negligible. By visualizing the
axial profiles, an increase in understanding of these effects is achieved. Furthermore, interaction points
for optimization get more transparent.

4.3.3. Critical Process Variables

An important factor in process design is the detection of critical process variables, which lead to
fouling or other negative effects resulting in unused potential of the filtration module or unsatisfactory
performance causing product quality losses in following steps. In case of SPTFF, a gel layer formation of
the protein or reverse filtration resulting from high pressure drops are possible problems. In Figure 14
both cases are visualized based on simulation results for an increased starting concentration of
70 g/L IgG.
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Figure 14. Critical process variables.

In stage one the concentration at the membrane exceeds the concentration of around 280 g/L.
After this concentration a gel layer for IgG is formed, which is another resistance for the filtration
and drastically reduce the concentrating performance. The other occurring problem is the strongly
decreasing pressure ultimately leading to the negative TMP starting already in stage two. This would
lead to a reverse filtration and therefore dilution of the product. In addition, the graph visualizes that
the concentration is nearly constant after stage one.

With this model the gel layer and the reverse filtration are not calculated, but it is possible to detect
and predict the problematic process points and developments in the SPTFF module. With this insight
into a membrane unit, which is normally a black box, a better process comprehension is acquired
leading to data driven decisions and QbD. This gives the opportunity to use the potential of the module
completely and create a control strategy based on model calculations.

5. Conclusions

In this study a versatile tool for continuous ultrafiltration process design and module optimization
is developed. For this the filtration process is separated into membrane cassette depending variables
(e.g., turbulence, intrinsic membrane resistance) and solution-based properties (e.g., viscosity, density,
osmotic pressure). Even though both parameter sets are needed for the process variables like pressure
drop and flux, they can be measured independently and are transferable. By feeding these parameter
sets in the displayed model, the filtration performance can be predicted as shown in Section 4.1.
This allows a model based integration and optimization as well as QbD.
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Furthermore, an exemplary model-based study is performed for a comparison of two different
setups for filtration. It is shown how the membrane setup can be optimized for a better filtration step
and on the processes are visualized and critical process conditions are presented. This calculation study
again underlines the potential and usefulness of this model-based approach for the continuous SPTFF
as multi-parameter optimization problem, but higher protein concentrations must be investigated.
The rising effects of osmotic pressure and additional resistances due to, e.g., boundary layers, strongly
influence the filtration results, but for this highly viscous protein solution at low concentration the
transferability of batch membrane setups is proven, and the model is validated by the experiments
sufficiently. The pressure drop can be calculated from the geometrical data, which makes the main
driving force predictable. With this model it is also possible to perform setup variations (stage
numbers, parallel membranes) and investigate influences of spacer or membrane geometries on the
filtration process.

By knowing the properties of the membrane modules and solution properties, an ultrafiltration step
can be designed a priori and integrated in any process sequence with less experimental effort, resulting
in an accelerated process design with vastly reduced experiments and increased process understanding.
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Symbols and Abbreviations

A Factor for osmotic Pressure
c Concentration in the liquid phase, g/L
cM Concentration at membrane, g/L
cB Concentration in bulk phase, g/L
dh Hydraulic diameter, m
Dp Molecular diffusion coefficient, m2/s
Jv Volumetric flux, L/m2/h
kf Mass transfer coefficient, m/s
Lch Length of channel, m
p Pressure, bar
pOSM Osmotic pressure, bar
RM Resistance of Membrane, 1/m
RBL Resistance of Boundary layer, 1/m
Sc Sherwood number, -
T Temperature, ◦C
TMP Transmembrane pressure, bar
ueff Effective velocity, m/s
V Volume, dm3wch, Width of channel, m
Xc Factor for drag coefficient, -
XR Factor for boundary layer resistance, m/bar
Yc Exponent for drag coefficient, -
YR Exponent for boundary layer resistance, -
ρSol density of solution, g/L
ηSol dynamic viscosity of solution, g/m/s
ηp dynamic viscosity of permeate, g/m/s
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