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ABSTRACT 
This study delves into the development and examination of various mathematical models for con-
ventional steam-methane reforming (SMR) reactors, establishing a foundational basis for an elec-
trified SMR reactor design. Distinct mathematical models with different scales and dimensions are 
derived. A basic 1D-fluid, 0D-catalyst (1D-0D) pseudo-homogeneous model is validated with plant 
data, and progressively advanced to a 2D-0D model considering radial transfer, then further ex-
tended to a rigorous 2D-1D model considering transfer phenomena between catalyst particle and 
fluid. Simulation cases are conducted under uniform design parameters, heat source and operation 
conditions. Comparative analyses focus on several key performance aspects, including tempera-
ture, reaction rate distribution, and outlet characteristics such as temperature, pressure, flow rate, 
composition and CH4 conversion. The models effectively describe the industrial SMR reactor be-
havior. Influences of scale and dimension of mathematical model on reactor performance are high-
lighted. The rigorous 2D-1D model is identified as the most suitable model for adapting to electri-
fied reactor configurations due to its precise capture of transfer phenomena and detailed illustra-
tion of both fluid and catalyst behaviors. 

Keywords: Steam Methane Reforming, Reactor Design, Multi-Scale Modeling, Decarbonization, Hydrogen Pro-
duction. 

1 INTRODUCTION 
Hydrogen (H2) is a crucial industrial chemical with a 

reported demand of approximately 90 million tonnes in 
the year 2020 and a projected increase in demand rang-
ing from 28% to 45% by 2030 [1]. H2 plays a vital role in 
various sectors including oil refining, and ammonia pro-
duction among others [2]. About 62% of H2 is produced 
from natural gas especially through steam-methane re-
forming (SMR) [1]. However, conventional SMR has dis-
advantages including: consumption of fossil fuels, emis-
sions of carbon dioxide, heat transfer limitation of tube-
furnace design. Electrification through induction heating 
as a substitute of heat source presents a noteworthy al-
ternative [3]. To numerically assess an electrically-
heated SMR (E-SMR), an electromagnetic model for in-
duction heating is required. Concurrently, a comprehen-
sive SMR model that can correlate the heat generation at 

catalyst sites with the overall behavior of the reactor is 
essential. 

There has been abundant research about modeling 
of SMR reactor. Latham et al. [4] developed a mathemat-
ical model of the reformer by segments which were dis-
cretized axially. Constant effectiveness factors were im-
plemented with intrinsic kinetic model for reaction rate 
calculation. The model can predict temperature profiles 
for the outer-tube wall, inner-tube wall, furnace gas and 
process gas. Kuncharam, B. V. R et al. [5] employed a 
multi-scale modeling approach, integrating a steady 
state two-dimensional model for fluid-phase with a one-
dimensional model for the pellet-phase. The effective-
ness factor assumption was avoided. Their findings as-
sert that the application of the Ergun equation to calcu-
late the pressure drop in SMR reformer yields satisfactory 
results. Furthermore, the incorporation of molar change 
is necessary. Tacchino et al. [6] presented a validated 
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steady state multi-scale model of an industrial SMR reac-
tor comprised of the furnace and reformer. A significant 
variability in effectiveness factor was observed, indicat-
ing the necessity of including catalyst particle simulation. 
The model proved its robustness by showing no sensitive 
reliance on adjustable parameter, the flame length. 

Current advances in SMR modeling reveal a notable 
discrepancy in the approaches across different scales 
and dimensions. Models have been developed based on 
distinct parameters, operating conditions, and empirical 
expressions. Key factors such as fluid mechanics, heat 
input, temperature and reaction rate distributions, show-
ing significant influence on the overall behavior including 
outlet condition, CH4 conversion and efficiency of the re-
former, have dependencies on scale and dimensionality. 
There lacks a comprehensive comparative analysis 
rooted in a uniform basis. In order to lay a foundation for 
E-SMR model development, and to quantify the key fac-
tors and the influence of varied-scale and varied-dimen-
sion on reactor behavior, numerical simulation of differ-
ent models and analysis are required [7].  

In this paper, for fluid-catalyst dimensions, 1D-0D, 
2D-0D, 2D-1D mathematical models of conventional SMR 
are developed based on the same design parameters and 
operation conditions. Temperature and reaction rate dis-
tributions corresponding to different scenarios are illus-
trated. SMR reactor properties are recognized. Outlet be-
haviors, including temperature, pressure, flow rate, com-
position and CH4 conversion are observed. Sensitivity 
analysis is conducted for the radial conductivity. Differ-
ences of the modeling schemes are recognized and ana-
lyzed. 

2 MODEL DEVELOPMENT 

Table 1: Characteristics of reactor tube and catalyst par-
ticles. 

Parameters Value Unit 
Length of tube  m 
Radius of tube  m 
Diameter of catalyst  m 
Conductivity of catalyst  W/m/K 
Density of catalyst  kg/m 
Heat capacity of catalyst  J/kg/K 

 
Industrial SMR reactors contain parallel tubes ar-

ranged in rows and columns inside the furnace, each 
packed with catalyst. This paper sets up a mathematical 
model of an industrial-scale single tube to observe the 
overall behavior of the reactor. Ni/MgAl2O4 catalyzes the 
reaction. Characteristics of reactor tube and catalyst par-
ticles are listed in Table.1. 

The following assumptions have been made for es-
tablishing the models:  

2.1 Assumptions  
1. Operational conditions and performance data can 

be linearly extrapolated from a single tube to the overall 
reactor; 

2. The fluid phase follows ideal gas behaviors; 
3. Spherical catalyst particle and cylindrical tube 

have constant porosity respectively; 
4. 3 main reactions occur: 
CH4 + H2O ↔ CO + 3H2   Δ𝐻𝐻1298𝐾𝐾 = 206.1𝑘𝑘𝑘𝑘/𝑚𝑚𝑚𝑚𝑚𝑚      (1) 
CO + 𝐻𝐻2O ↔ 𝐶𝐶𝑂𝑂2 + 𝐻𝐻2   Δ𝐻𝐻2298𝐾𝐾 = −41.15𝑘𝑘𝑘𝑘/𝑚𝑚𝑚𝑚𝑚𝑚     (2) 
C𝐻𝐻4 + 2𝐻𝐻2O ↔ 𝐶𝐶𝑂𝑂2 + 4𝐻𝐻2   Δ𝐻𝐻3298𝐾𝐾 = 164.95𝑘𝑘𝑘𝑘/𝑚𝑚𝑚𝑚𝑚𝑚 (3) 
5. Inner tube wall temperature is a polynomial func-

tion of axial space position fitted from industrial data. 

Figure 1. Abbreviated diagram of industrial SMR reactor 
(reproduced from Ref. [4]) and illustration of three 
models regarding scale and dimension. 

Three models covering different scales and dimen-
sions are shown in Figure 1, along with industrial SMR re-
actor diagram. Tube expressions are derived in cylindri-
cal coordinate, while catalyst particle expressions in 
spherical coordinate. Considering geometric symmetry, 
the most rigorous scenario is a multi-scale model consid-
ering multi-dimension including axial and radial domains 
for the fluid phase in tube, and radial domain for catalyst 
particle (2D-1D). Additional assumptions may be included 
owing to the distinct characteristics in each model. In the 
2D-0D model, reactor tube is assumed to be pseudo-ho-
mogeneous simplifying the heterogeneity. For 1D-0D 
model, plug flow behavior is additionally assumed. 
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Table 2: Nomenclature. 

Symbol Unit Name 
C mol/m concentration 
u m/s Interstitial velocity 
U m/s Superficial velocity 
D m/s diffusivity 
y  Composition 
f Hz Frequency of alternat-

ing magnetic field 
ap m/m surface area per unit 

volume of catalyst 
dp m diameter of catalyst  
Rtube m Radius of reactor tube 
km m/s solid-fluid mass transfer 

coefficient 
kh W/m/K solid-fluid heat transfer 

coefficient 
ρf kg/m density of fluid 
ρp kg/m density of catalyst par-

ticle 
cp J/kg/K heat capacity 
T K temperature 
λ W/m/K conductivity 
R mol/kgcat/s reaction rate 
L m length of reactor tube 
∆H J/mol reaction enthalpy 
ε  porosity 
ν  stoichiometry of reac-

tions 
h W/m/K Tube-fluid heat transfer 

coefficient 
Ahys J/kg Hysteresis area 
Pr μcp/λ Prandtl number 
Pe ud/Di Peclet number 
Re ρud/μ Reynolds number 
Sh kmd/Di Sherwood number 
Sc μ/Di/ρ Schmidt number 
Subscript   
ij  component or reaction 

index 
z  fluid axial domain 
r  fluid radial domain 
ρ  catalyst radial domain 
s  catalyst surface 
b  catalyst bed 
f  Fluid phase 
p  Catalyst phase 
Superscript   
e  effective coefficient 
eo  quiescent bed effective 

coefficient 

2.2 Mathematical Expressions 
The mathematical models encompass mass, heat 

and momentum conservations under steady state for 
fluid mechanics description, and kinetic model for reac-
tion description. Mass diffusion and convection, and heat 
conduction and convection, are considered for transfers. 
Pressure drop expression is derived from momentum 
conservation with friction factor calculated by the Ergun 
equation.  

For the purpose of elucidating the expressions, the 
rigorous 2D-1D model is shown below as a representative 
example since it is the most detailed.  

2.2.3 Fluid Phase 

2.2.3.1 Mass Conservation 

∂𝐶𝐶𝑖𝑖
∂𝑧𝑧 𝑢𝑢𝑧𝑧 + 𝐶𝐶𝑖𝑖

∂𝑢𝑢𝑧𝑧
∂𝑧𝑧 =

1
𝑟𝑟 𝐷𝐷𝑖𝑖,𝑟𝑟

𝑒𝑒 ∂𝐶𝐶𝑖𝑖
∂r +

∂𝐷𝐷𝑖𝑖,𝑟𝑟𝑒𝑒

∂r
∂𝐶𝐶𝑖𝑖
∂r + 𝐷𝐷𝑖𝑖,𝑟𝑟𝑒𝑒

∂2𝐶𝐶𝑖𝑖
∂𝑟𝑟2 + 

          𝜕𝜕𝐷𝐷𝑖𝑖,𝑧𝑧
𝑒𝑒

𝜕𝜕𝜕𝜕
𝜕𝜕𝐶𝐶𝑖𝑖
𝜕𝜕𝜕𝜕

+ 𝐷𝐷𝑖𝑖,𝑧𝑧𝑒𝑒
𝜕𝜕2𝐶𝐶𝑖𝑖
𝜕𝜕𝑧𝑧2

+ (1−𝜀𝜀𝑏𝑏)
𝜀𝜀𝑏𝑏

𝑎𝑎𝑝𝑝𝑘𝑘𝑖𝑖,𝑚𝑚�𝐶𝐶𝑖𝑖,𝑠𝑠 − 𝐶𝐶𝑖𝑖�  (1) 

Boundary conditions: 

𝐶𝐶𝑖𝑖|𝑧𝑧=0 = 𝑐𝑐𝑖𝑖0;  
∂𝐶𝐶𝑖𝑖
∂z

|𝑧𝑧=𝐿𝐿 = 0;   

               ∂𝐶𝐶𝑖𝑖
∂r

|𝑟𝑟=0 = 0;   ∂𝐶𝐶𝑖𝑖
∂r

|𝑟𝑟=𝑅𝑅𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡 = 0                     (2) 

2.2.3.2 Heat Conservation 

εbρfuzcp
∂T
∂z =

1
r λr

e ∂T
∂r +

∂λre

∂r
∂T
∂r + λre

∂2T
∂r2 + 

       ∂λz
e

∂z
∂T
∂z

+ λze
∂2T
∂z2

+ (1 − εb)apkh(Ts − T)     (3) 

Boundary conditions: 

−λ𝑟𝑟𝑒𝑒
∂T
∂r

|𝑟𝑟=𝑅𝑅𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡 = h(𝑇𝑇𝑤𝑤 − 𝑇𝑇);  
∂T
∂r

|𝑟𝑟=0 = 0; 

                    𝑇𝑇|𝑧𝑧=0 = 𝑇𝑇0;  𝜕𝜕𝜕𝜕
𝜕𝜕𝜕𝜕

|𝑧𝑧=𝐿𝐿 = 0    (4) 

2.2.4 Catalyst Phase 

2.2.4.1 Mass Conservation 

0 = 2
𝜌𝜌
𝐷𝐷𝑖𝑖,𝑝𝑝,𝜌𝜌

𝜕𝜕𝐶𝐶𝑖𝑖,𝑝𝑝
𝜕𝜕𝜕𝜕

+ 𝜕𝜕𝐷𝐷𝑖𝑖,𝑝𝑝,𝜌𝜌

𝜕𝜕𝜕𝜕
𝜕𝜕𝐶𝐶𝑖𝑖,𝑝𝑝
𝜕𝜕𝜕𝜕

+ 𝐷𝐷𝑖𝑖,𝑝𝑝,𝜌𝜌
𝜕𝜕2𝐶𝐶𝑖𝑖,𝑝𝑝
𝜕𝜕𝜌𝜌2

+ 1
𝜀𝜀𝑝𝑝
𝜌𝜌𝑝𝑝 ∑ 𝜈𝜈𝑖𝑖𝑖𝑖𝑅𝑅𝑗𝑗3

𝑗𝑗=1   (5) 

Boundary conditions: 
∂ Ci,p
∂𝜌𝜌

|ρ=0 = 0; −ε𝑝𝑝𝐷𝐷𝑖𝑖,𝑝𝑝𝜌𝜌
∂𝐶𝐶𝑖𝑖,𝑝𝑝
∂𝜌𝜌

|𝜌𝜌=𝑅𝑅𝑝𝑝 = 𝑘𝑘𝑖𝑖,𝑚𝑚�𝐶𝐶𝑖𝑖,𝑠𝑠 − 𝐶𝐶𝑖𝑖�      (6) 

2.2.4.2 Heat Conservation 

��1 − ε𝑝𝑝�ρ𝑝𝑝𝑐𝑐𝑝𝑝,𝑝𝑝 + ε𝑝𝑝ρ𝑓𝑓𝑐𝑐𝑝𝑝.𝑓𝑓�
∂𝑇𝑇𝑝𝑝
∂𝑡𝑡

= 2
ρ
λ𝑝𝑝,ρ
𝑒𝑒 ∂𝑇𝑇𝑝𝑝

∂ρ
+ ∂λ𝑝𝑝,ρ

𝑒𝑒

∂ρ
∂𝑇𝑇𝑝𝑝
∂ρ

+

                       λ𝑝𝑝,ρ
𝑒𝑒 ∂2𝑇𝑇𝑝𝑝

∂ρ2
− �1 − ε𝑝𝑝�ρ𝑝𝑝 ∑ 𝑅𝑅𝑗𝑗3

𝑗𝑗=1 Δ𝐻𝐻𝑗𝑗                            (7) 

Boundary conditions: 

          ∂𝑇𝑇𝑝𝑝
∂𝜌𝜌

|𝜌𝜌=0 = 0; −λ𝑝𝑝,𝜌𝜌
𝑒𝑒 ∂𝑇𝑇𝑝𝑝

∂𝜌𝜌
|𝜌𝜌=𝑅𝑅𝑝𝑝 = 𝑘𝑘ℎ(𝑇𝑇𝑠𝑠 − 𝑇𝑇)               

(8) 

2.2.5 Coefficients 
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2.2.5.1 Diffusivity 
Axial and radial effective diffusivity are expressed 

as following: 

                   1
𝑃𝑃𝑒𝑒𝑧𝑧

= 0.72
𝑅𝑅𝑒𝑒𝑝𝑝𝑆𝑆𝑆𝑆

+ 0.52

�1+ 9.0
𝑅𝑅𝑒𝑒𝑝𝑝𝑆𝑆𝑆𝑆

�
                              (9) 

               1
𝑃𝑃𝑒𝑒𝑟𝑟

= 0.34
(𝑅𝑅𝑒𝑒𝑜𝑜𝑆𝑆𝑆𝑆)0.80 + 0.08

�1+ 10.8
𝑅𝑅𝑒𝑒𝑜𝑜𝑆𝑆𝑆𝑆

�
                          (10) 

2.2.5.2 Conductivity 

                Λr
e

λf
= λeo

λf
+ 0.1PrRe                                   (11) 

                 𝜆𝜆𝑧𝑧
𝑒𝑒

𝜆𝜆𝑓𝑓
= 𝜆𝜆𝑒𝑒𝑒𝑒

𝜆𝜆𝑓𝑓
+ 0.5𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃                                  (12) 

2.2.5.3 Solid-fluid transfer coefficient 

                      𝑆𝑆ℎ = 𝑘𝑘𝑖𝑖,𝑚𝑚𝑑𝑑𝑝𝑝
𝐷𝐷𝑖𝑖,𝑚𝑚

= 2 + 1.1𝑆𝑆𝑐𝑐1/3𝑅𝑅𝑒𝑒𝑜𝑜0.6                         

(13) 

       𝑁𝑁𝑁𝑁 = 𝑘𝑘ℎ𝑑𝑑𝑝𝑝
𝜆𝜆𝑚𝑚

= 2 + 1.1𝑃𝑃𝑟𝑟1/3𝑅𝑅𝑒𝑒𝑜𝑜0.6                          
(14) 

2.2.5.4 Tube-fluid heat transfer coefficient 

  H = 𝛼𝛼 λ
𝑑𝑑𝑝𝑝
�2.58Re

1
3Pr

1
3 + 0.094Re0.8Pr0.4�              (15) 

2.2.6 Kinetics 
An intrinsic Langmuir-Hinshelwood-Hougen-Watson ki-
netic model developed by Xu and Froment [8] is applied.  

3 RESULTS 
The equation-based mathematical models com-

posed of PDEs are coded in FORTRAN and solved in As-
pen Custom Modeler V12.1. Physical properties are cal-
culated by calling Aspen properties bank. Finite differ-
ence methods are used for discretization. Newton 
Method solves the system of nonlinear equations. 

3.1 1D-0D Model Validation 
This model describes homogeneous reactor tube 

with only axial domain transfer. The simulation has 9,887 
equations after decomposition. Operating conditions of 
the three cases implemented are listed in Table 3. 

The model validation focuses on temperature profile 
along the tube, CH4 conversion of methane and outlet 
pressure. Root mean standard error (RMSE) and Pearson 
correlation Coefficient (PCC) defined in Equation 16 are 
calculated to measure deviation and correspondence of 
change tendency of profile. The smaller RMSE is, and the 
closer CF is to 1, the better consistency the simulated 
profile shows to industrial case. Relative error (RE) is cal-
culated for evaluating CH4 conversion and pressure. Fig-
ure 2 shows comparative results between temperature 
profile derived from our model and those documented in 

literature under Case 3 operation conditions as an exam-
ple. Modeled composition profiles are plotted in Figure 3, 
along with industrial outlet values. Table 4 shows the 
evaluation coefficients quantifying the comparison of 
temperature profile. The developed 1D-0D model has 
lowest PCC of 0.9979, highest RE of 3.61%, highest RMSE 
of 14.28 compared with 800-1150K range, showing a 
consistency with literature reported. The outlet behaviors 
are listed in Table 5. The results are aligned with plant 
data. 

𝐶𝐶𝐶𝐶 = ∑(𝑥𝑥−𝑥̅𝑥)(𝑦𝑦−𝑦𝑦�)
�∑(𝑥𝑥−𝑥̅𝑥)2(𝑦𝑦−𝑦𝑦�)2

  (16) 

Heat is input into a discretized plug flow segment for 
1D-0D model. The profile is plotted in Figure 4 along with 
reaction rate. The maximum heat input is reached at 
about L=3-5m, which is the length of a combustion flame. 
The majority of reactions happen near the entrance of the 
tube length area, leading to a temperature drop to mini-
mum at about L=0.625m. 

Table 3: Inlet operation conditions of 3 industrial cases 
[4]. 

 Case Case Case 
T [K]    
P [bar]    
Velocity [m/s]    
yCH     
yHO    
yCO    
yCO     
yH     

 
Table 4: Evaluation coefficients of 3 cases compared 
with literature documented [4]. 

 Case Case Case 
RMSE    
PCC    

 

 
Figure 2. Simulated (solid), literature (dashed) tempera-
ture profile along the tube of Case 3 with RMSE of 10.4.  
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Figure 3. Simulated industrial composition profile along 
the tube, and CH4 conversion of case 3. 
 

 
Figure 4. Simulated reaction heat (solid) and input heat 
(dashed) profile along the tube. 

3.2 2D-0D Model 
Radial transfer is introduced in 2D-0D homogenous 

model based on 1D-0D model. The simulation has 43,035 

equations after decomposition. Case 3 is implemented 
for comparison. 

Figure 5 shows simulated temperature distribution. 
Axially lowest temperature appeared at L=0.3125-
0.625m, which is at similar position compared with 1D-
0D. Radial temperature difference is observed, with a 
highest of 126.31K at L=4.0625m, which is slightly de-
layed compared with the maximum heat input at 
L=3.75m. Radial temperature difference follows the same 
trend as heat input as shown in Figure 6 (top). Radial tem-
perature difference indicating heat loss is inevitable con-
sidering the relatively low radial heat transfer efficiency. 
However, the average temperature along axial direction 
still shares a similar trend compared with 1D-0D. 2D-0D 
case has a lower average temperature of 49.4K, leading 
to a CH4 conversion decrease from 75% to 64%.  

 

Figure 5. Simulated temperature distribution in 2D-0D 
case.  

Figure 7 illustrates the distribution of the reaction 
rate, using Reaction 3 as a representative case. 99.5% of 
the overall reaction occurs with the length L=0.9375m. 
For the rest of the tube length, 69%-83% of the reaction 
occurs near the reactor tube wall where temperature is 
highest radially, indicating the reactor being heat transfer 
limited. 

The different behaviors between 2D-0D and 1D-0D 
are resulted from with or without plug-flow assumption. 
Radial transfer coefficient is assumed to be infinitely 
large to reach uniform distribution. This tendency is illus-
trated in Figure 8 that the larger the radial conductivity is, 
the closer the average outlet temperature is to 1D-0D 
model. 

Table 5:  Modelled outlet behaviors compared with industrial data [4].  

  Case  Plant  Case  Plant  Case  Plant  

Temperature [K]       
Pressure [bar]       
Flow Rate [mol/s]       
CH Conversion 
[%]       

yCH       
yHO       
yH       
yCO       
yCO       
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Figure 6. (top) Heat input profile (left) and radial 
temperatue difference (right) profile along the reactor 
tube; (bottom) 1D-0D temperature profile, untuned and 
tuned 2D-0D average temperature profile. 

               

Figure 7. Reaction rate distribution in reactor tube with 
as a function of a specific length. 
 
 

 
 
Figure 8. 2D-0D average outlet temeprature versus radial 
conductivity. 

To ensure that the 2D model has better accordance 
with industrial data regarding the CH4 conversion, the 
amount of heat input is recalculated by parameter tuning 
of the tube-fluid heat transfer coefficient α. The tuned-
conversion reaches less than 5e-4% RE compared with 
industrial data. Heat input after tuning has an average of 
1.7e5 W/m3 more in amount compared with untuned case. 
Outlet average temperature has 1.03% RE, while pressure 
has 0.15% RE. The tuned temperature distribution has an 
average temperature of 14.3K lower than 1D-0D due to 
the radial temperature distribution, but 35.1K higher than 
untuned 2D-0D shown in Figure 6 (bottom). The outlet 
behaviors are listed in Table 6. The tuned case ap-
proaches the plant data more than untuned case.  

Table 6. Comparison of tuned, untuned 2D-0D cases and 
industrial case. 

Outlet Tuned Untuned Plant 
Temperature [K]    
Pressure [bar]    
Flow Rate [mol/s]    
CH Conversion 
[%] 

   

yCH    
yHO    
yH    
yCO    
yCO    

3.3 2D-1D Model 
Solid catalyst particle phase is taken into consider-

ation for 2D-1D heterogenous model. External transfer 
between catalyst surface and fluid phase, and internal 
transfer in catalyst particle are introduced. The simula-
tion has 205,389 equations after decomposition. Case 3 
is implemented for comparison. 

Temperature difference exists between the fluid, 
the catalyst surface, and catalyst center, leading to 

(   
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additional heat loss. Figure 9 (a) shows the temperature 
distribution of fluid. Temperature differences from cata-
lyst center to catalyst surface is less than 0.5 K. Temper-
ature difference from catalyst surface to fluid distribution 
is shown in Figure 9 (b), the average is 3.69 K. The max-
imum difference axially is at entrance, while radially is at 
tube wall, where the majority of reactions occur, which is 
consistent with 2D-0D observation. A drop in CH4 con-
version of 24% is observed under the same condition as 
2D-0D.  

Reaction rate distributions of catalyst particle at 
specific positions are shown in Figure 10. The majority of 
reactions occur near the surface, which indicates that the 
catalytic reactions are diffusion-limited.  

The outlet behaviors are shown in Table 7. The 2D-
1D outlet behaviors show good consistency with 2D-0D 
case, except temperature and CH4 conversion.  

 
 

  

 
Figure  (a) Temperature dfistribution of D-D fluid 
phase (b) Temperature difference between fluid and 
catalyst surface distribution of D-D 

 
.  

 

 
 

Figure 10. Reaction rate distitbution of catalyst particle 
at position (a) L/Ltube=0; (b) L/Ltube=0.20; (c) L/Ltube=0.47; 
(d) L/Ltube=0.73; (e) L/Ltube=1.  

Table 7. Comparison of 2D-1D with tuned 2D-0D cases. 

Outlet D-D D-D 
Temperature [K]   
Pressure [bar]   
Flow Rate [mol/s]   
CH Conversion 
[%] 

  

yCH   
yHO   
yH   
yCO   
yCO   

3.4 E-SMR Model 
The development of conventional SMR model lays 

foundation for heat electrification that E-SMR model is 
developed by incorporation of induction heat model. 
Hysteresis heat is regarded as dominant induction heat 
source, which is estimated by the following expression: 

   𝑃𝑃ℎ𝑦𝑦𝑦𝑦 = 𝐴𝐴ℎ𝑦𝑦𝑦𝑦𝑓𝑓𝑓𝑓  (17) 

where hysteresis area Ahys is dependent on material elec-
tromagnetic property, magnetic field strength and tem-
perature.  

In conventional SMR reactors, the heat flux source 
is introduced as a boundary condition for the fluid phase 
boundary at tube layer. While for induction-heated E-
SMR reactor which utilizes dual-function catalysts, heat 
is directly generated at the catalyst sites. The heat flux is 
introduced internally from the catalyst phase in the way 
that the Phys term is included as a source term in the en-
ergy conservation equation of the catalyst/fluid phase. 

4 CONCLUSIONS 
Mathematical models covering varied scales and di-

mensions of SMR Reactor tube have been developed. 
Comparative analyses have been carried out focusing on 

(b) 

(c) 

(a) 

(a) (b) 

(d) 

(e) 
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temperature, reaction rate distribution and outlet behav-
iors, including temperature, pressure, flow rate, compo-
sition and CH4 conversion.  

Validation with industrial data shows that the 1D-0D 
numerical simulation can precisely describe the SMR re-
actor behavior. When developed on the same basis, the 
2D-0D shows a radial temperature distribution. When re-
sistance of radial transfer is set to infinitely small, the be-
havior of 2D-0D is approaching 1D-0D, which is a valida-
tion of the developed 2D-0D model. Higher reaction rates 
are mainly distributed near entrance and near tube wall 
positions, indicating a heat transfer limited property. 2D-
0D shows a lower CH4 conversion than 1D-0D consider-
ing the heat resistance behavior in the way of radial tem-
perature distribution. A heat transfer coefficient corre-
sponding to industrial plant CH4 conversion can be ob-
tained by parameter fitting. The fitted 2D-0D case shows 
a high correlation with plant data. 2D-1D model was fur-
ther developed with the results showing additional heat 
resistance in the way of temperature difference between 
the fluid, catalyst surface, and catalyst center. A further 
decrease of CH4 conversion compared with 2D-0D is ob-
served. On catalyst sites, the majority of reactions occur 
at position close to the catalyst surface, indicating the 
diffusion-limited property.  

Simplification of model in terms of scale and dimen-
sion neglects some of the heat resistances. Due to the 
fixed tube wall assumption for all three cases, and same 
initial conditions, the neglected heat resistance manifests 
in the way of decreased CH4 conversion. However, dis-
tinct models are suitable for different tasks. When an es-
timation of effectiveness factor is unavailable and cata-
lyst behaviors are required, rigorous 2D-1D is more suit-
able. 
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