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ABSTRACT

Chemical looping Reforming (CLR) is seen as a promising technology for blue hydrogen produc-
tion. With proper control, CLR in fixed bed reactors has demonstrated the capability to generate
blue hydrogen and nitrogen from a single reactor. To enhance efficiency and Hz purity in the prod-
uct stream, integration of a CLR reactor with a heat recovery system and a Shift reactor is essen-
tial. This study explores the design and control of an integrated CLR-Shift reactors system. The
integrated system yields a product stream with 75% H2 mole fraction during the Reforming step of
CLR, and a nitrogen with high purity (98%) during the Oxidation step. In the best-case scenario,
the integrated system produces H2 and N2 at a molar ratio of 1.26 with H2 production efficiency of

80.1%.

Keywords: Chemical-looping reforming, shift reactor, optimal control problem, blue hydrogen and nitrogen

production.

INTRODUCTION

The imperative of decarbonization makes hydrogen
one of the top candidates to address the need for future
energy carriers. Currently, 95% of hydrogen comes from
fossil fuels through conventional steam methane reform-
ing, resulting in emissions of over 12 kg of CO:2 per kg of
H2 [1]. This hydrogen production route is known as grey
hydrogen. Figure 1 provides a visual representation of
the hydrogen color spectrum, classifying hydrogen
based on production techniques, byproducts, feedstock,
and energy source. Green hydrogen, generated through
water electrolysis powered by renewable energy
sources, is regarded as the most environmentally friendly
method of hydrogen production. Despite its environmen-
tal advantages, the current cost of green hydrogen is
nearly four times that of grey hydrogen [2], posing eco-
nomic challenges for its utilization. Blue hydrogen
emerges as a promising alternative. While it still origi-
nates from hydrocarbons, this process requires capturing
COz2, minimizing its release to the atmosphere. This ap-
proach allows for the utilization of established hydrogen
production technologies, such as steam methane reform-
ing, with the addition of a CO. capture process in the
plant. Blue hydrogen is considered a cost-effective
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solution during this transitional phase until green hydro-
gen becomes more economically competitive.

The increase in hydrogen production requires a suit-
able carrier for large-scale transport and storage. A hy-
drogen carrier becomes imperative to tackle the inherent
challenge of hydrogen’s low density. Ammonia is consid-
ered as a potential candidate for a hydrogen carrier, of-
fering the ability to store larger quantities of hydrogen in
a smaller volume. This route is made possible by capital-
izing on the existing global ammonia infrastructure devel-
oped for the fertilizer industry [3].

Feedjenergy source

-
odo ¢
>

Process.

Feed/fenergy source source source

)
@§® water [lk Water @ Water

Process Process. Process Process

lm

Product Product Praduct Product Product
o0ne Qa 2 2 o2

Figure 1. Hydrogen color spectrum
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Chemical-looping reforming (CLR) is considered as
a promising method for blue hydrogen production [4].
This process relies on the capability of oxygen carriers,
performing a cycle of reduction, oxidation, and catalytic
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reforming reactions. Opting for a fixed bed reactor in CLR
proves more advantageous than a fluidized bed reactor
due to its simplicity, prolonged oxygen carrier’s lifespan,
and the absence of a need for gas-solid separation. How-
ever, using fixed bed reactors require a dynamic switch-
ing operation to complete the CLR cycle. With proper
control, CLR in a fixed bed reactor yields an exit stream
with a high Hz concentration during Reforming step, and
a high N2 concentration during Oxidation step [5]. In our
previous research, the optimized CLR reactor produced
H2 with an H2/CO ratio of 3 during REF and N2 stream with
a purity of 98% during OX [5]. From these results, we
identified two key improvements necessary for the CLR
reactor. The first enhancement involves the incorporation
of a shift reactor to increase the hydrogen concentration
in the product stream. The second improvement involves
introducing a heat recovery system that utilizes the tem-
perature of the exit gas from CLR as a heat source. This
heat recovery system has the potential to substantially
improve the overall efficiency of the system.

This study focuses on evaluating the performance
of an integrated system comprising a CLR reactor, a shift
reactor, and a heat recovery system: a preheater and a
steam generator. The main goal is to explore an optimal
control strategy for the integrated CLR-Shift reactors
system by solving a dynamic optimization problem. The
specific objective is to maximize H2 production while con-
currently meeting criteria that guarantee nearly pure N2
production and ensure the safety and operability of each
component within the system. The novelty of this work
lies in its integrated approach combining a CLR fixed bed
reactor, a heat recovery system, and a shift reactor, fa-
cilitating the determination of optimal control parameters
and a heat management strategy for highly efficient blue
H2 and N2.

PROCESS DESCRIPTION

The integrated system consists of a CLR reactor, a
shift reactor, a preheater, and a steam generator, as il-
lustrated in the process flow diagram presented in Figure
2. In the CLR reactor, CLR cycle takes place performing
oxidation (OX), reduction (REF), and reforming (REF)
stages alternately. During OX, the oxygen carrier experi-
ences oxidation by air, generating heat within the reactor
and leaving N2 as the primary product in the exit stream.
During RED, the oxygen carrier undergoes reduction of
the active metal through a gas-solid reaction with the re-
ducing gas (i.e. CHa, H2, CO). The exit stream consists of
CO:z and H20, easily separable through condensation for
subsequent CO: capture and storage. During REF, cata-
lytic reactions occur, resulting in a product stream pri-
marily composed of H2 and CO. The heat required for
both RED and REF comes from the heat generated during
OX. The product stream of CLR reactor in each stage is
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directed to the heat recovery system.

The heat recovery system utilizes the high temper-
ature of the CLR product streams as the heat source. In-
itially, each hot stream enters the preheater and subse-
quently progresses to the steam generator. Both the pre-
heater and the steam generator operation are synchro-
nized with the ongoing stage in the CLR reactor. In the
preheater, the cold feed gas stream of CLR is heated to
the target temperature, around 600 °C. After the pre-
heater, the product stream is used in the steam genera-
tor. In the steam generator, the quantity of steam gener-
ated in each CLR stage is tuned based on the enthalpy
and temperature difference remaining in the hot stream.
At the exit of the steam generator, the temperature of the
hot stream is set to be around 200 °C.

After the steam generator, the product stream is fed
to the Shift reactor. In this reactor, the steam and CO in
the product stream undergo conversion to Hz through the
water gas shift reaction. The reactor bed warms up due
to the exothermic nature of the water gas shift reaction.
During OX and RED, no reactions occur in the Shift reac-
tor, as the stream cool down the reactor bed, keeping it
within the active temperature range of 200-350°C.

Exit

e OX :N,
® RED : CO, + H,0
® REF :H,+ CO+ H,0
CLR Shift
Reactor Reactor
Preheate Steam
Gen.
CH,
Feed
® OX :Air
. Water
* RED: CHy + CO; Air | reservoir |
® REF :CH,4+ Steam

Figure 2. The flow diagram integrated system of the
reactor

MODELING

The CLR reactor uses a 1D heterogenous dynamic
model of the mass and energy balances for the solid and
fluid phases. A summary of the partial differential equa-
tions (PDEs) governing the fixed-bed reactor model is
presented in Table 1. Ni-based oxygen carriers are used
in the CLR reactor with reaction kinetics, developed in
prior work [6]-[8]. Table 2 outlines the reactions used in
the model, while their corresponding kinetic expressions
are provided in [9].

Table 1: Summary of the governing equations of the fixed
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bed reactors for CLR and Shift and heat recovery system
model of the preheater and the steam generator.
Fixed bed Reactor

Fluid phase
Mass Balance:

ac;  auc; a aC;
0y + 7 = €0 (Dot gy )+ Kaie(Caley = )
Energy Balance:
oT ouT
€ CprCr 57+ CorCr 75—

9, or
—¢, g(aax 5) + hyay(T.lgp = T)

Momentum Balance:

ar 1- 2\ (150
= (=) (B ) (- + 178
dz €3 D, ) \Re,

Boundary conditions:

ac;
6.bDax,i a_Zl 0 = uin(Ci|z=0 - Ci,in):
z=
Eb"taxg 0 = UinCr(T|z=0 — Tin),
z=
ac; aT
—-— =3 =0,P|,=, = Pouo
0z z=L 0z z=L

Solid phase
Mass Balance:
ac; 1.9
ECE—FTC_Za_n:(rC Ji) = psZRi
Energy Balance:

aT,

((1 - Ec)pscp,s + ecCp,cCT,c) E

A, 0 0T,
= rc—zg(rc a_rc) + PSZ(—AHn)(Rn)

Dusty gas model:

N
aC; 1 Ji
o ZDS i = yii) + D

]:

Jilrieny = Kei (Ceal,_ = Ci)

—2 (g—:z) = hy (Tely=r, = T).

Te=Ryp
Heat Recovery System
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Heat exchanger model
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Co-current flow
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Counter-current flow
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Like the CLR reactor, the Shift reactor is modeled
using a fixed bed reactor with a 1D heterogenous dy-
namic model. The corresponding PDEs for the Shift reac-
tor are presented in Table 1. Operating at low tempera-
tures (200-350°C), the Shift reactor uses a Cu/ZnO/Al,O3
catalyst for the water-gas shift reaction. The kinetic
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correlation for this reaction is adopted from [10], [11] and
presented in Eq. (1), where 1545 is the reaction rate of
the water gas shift reaction, d.,; and ¢ are the diameter
and the porosity of the catalyst, respectively, Ps is the
pressure in atm, y is the species mole fraction, K, is the
reaction equilibrium described in Eq. (2), R is the gas con-
stant, and T is the gas temperature in the Shift reactor in
K. The feed of the Shift reactor is the product stream from
the CLR reactor, which has been cooled to 200°C.

Table 2: List of feasible reactions in the reduction, re-
forming, and oxidation using Ni oxygen carriers.

Index Reactions

(R1) H, + NiO = Ni + H,0
(R2) CO + NiO — Ni + CO,
(R3) CH, + NiO - Ni+ 2H, + CO
(R4) CH, + H,0 & 3H, + CO
(R5) CO + H,0 & H, + CO,
(R6) CH, + CO, & 2CO + 2H,
(R7) CH, & 2H, + C
(R8) C+H,0 < CO +H,
(R9) C+C0, < 2C0
(R10) 0, + 2Ni - 2Ni0
(R11) 0, +C - CO,
(R12) 0,+ C—2C0
(R13) 0, 4+ 2€0 - 2C0,

Tswas = Aeqr(1—€) pg(0:5-Ps/250) (2.96

—47400/
RT,
}’coz}’Hz>

X <}’coyH20 —
eq

x 10° m_ol) exp
g. hr

569
Koq = exp +1.077 In(Ts) + 5.44 x 107T;

N

49170
— —13.148
T

N
(2)

—1.125 x 107"Ts —

The energy balance in the preheater and the steam
generator are summarized in Table 1. The momentum
balance, pressure drop, and heat loss in both the pre-
heater and the steam generator were neglected. The
models for the CLR and Shift reactors were validated with
available experimental data and are illustrated in Figure
3.
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Figure 3. Model validation of CLR (a) and Shift (b)

reactors using experimental data reported in [12] and [11]

respectively

OPTIMIZATION

The operational challenges associated with a fixed-
bed reactor stem mainly from its semi-batch operation.
In the fixed bed reactor, the oxygen carrier remains in the
reactor while the feed alternates serving CLR stages and
complete the cycle. These reactions are kinetically con-
trolled and exhibit different reaction enthalpies. Conse-
quently, the bed temperature and the state of the oxygen
carrier experience significant changes during the transi-
tion between CLR stages. Each CLR stage produces dif-
ferent gas products, resulting in downstream discontinu-
ities. For Hz production, the steam-to-methane ratio dur-
ing REF plays an important role in determining the pro-
duction of Hz2 and in managing carbon deposition. The in-
tegration with the heat recovery system and the Shift re-
actor requires an effective control strategy to ensure the
heat generated during OX is appropriately distributed for
reactions occurring in the CLR, the heat recovery system,
and the Shift reactor. The primary challenge lies in main-
taining a high Hz production while consistently retaining
sufficient heat within the integrated system and meeting
constraints related to fuel conversion, high N2 concentra-
tion, the energy-temperature difference required for feed
gas preheating, steam generation, and the Shift reactor.

To achieve this objective, we formulated an optimal
control strategy for the decision variables for the inte-
grated CLR-Shift system. The focus was on maximizing
hydrogen production while consistently meeting the dy-
namic constraints of the system. The decision variables
chosen were the time interval of the CLR stages: RED,
REF, and OX (tox, Trep, and tger), feed gas temperatures,
steam-to-methane ratio, the percentage of active metal
in oxygen carrier, and the steam added to the Shift reac-
tor, as summarized in Table 3. The control profile for the
feed gas was modeled using piecewise constant func-
tions, denoted as u(t;) = u, where u is the vector of tem-
perature, flow, and composition of the gas stream, while
T; is the time duration of the i-th CLR step, i.e., OX, RED,
and REF. The design vector, ¢, summarizes the set of
control variables, and was constrained by upper and
lower limits defined within the design space, ®, as pre-
sented in Eq. (3).
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Table 3: Design variables for the optimal control of the
integrated CLR-Shift reactors system

Control variables Notation
Feed gas temperature

Steam-to-methane ratio @REF

Methane-to-CO: ratio @RED u;
Steam added into the Shift reac-

tor @REF

Time interval of OX Tox
Time interval of RED TRED
Time interval of REF TREF
Active metal content in OC 1)

The objective function of the optimal control prob-
lem is to maximize hydrogen production during the cyclic
steady-state operation of the integrated system. The ob-
jective function uses a metric called the hydrogen pro-
duction efficiency, n, shown in Eq. (4), where Fs_yyen, iS
the hydrogen flowrate at the exit of Shift reactor, Fr_i, cn,
is the methane flowrate at the inlet of CLR Reactor, t, and
t are the initial time and final time of integration, with t; =

Tox T TRep T+ TREF -

¢ = [ui:TOX' TRED, TREF) ®) FS—in,HZO] € ®. (3)

)
_ .ftDREF FS—out,Hz (t)dt

- t ’
ftof Fr-incH, (D)dt

(4)

The optimization of the integrated system is subject
to the following constraints. A minimum methane conver-
sion (Xcy,) of 96% in the CLR reactor must be achieved
during both RED and REF (Eqg. (5)). During OX, the CLR
reactor must yield a N2 stream with 98% minimum mole
fraction, as shown in Eqg. (6), where Fr_qy, is the N2 mo-
lar flowrate at the exit of CLR reactor and Fr_qy¢r is the
total flowrate at the exit of CLR reactor. Since the product
stream of the CLR reactor is used in the heat recovery
system, the total enthalpy carried by the product stream
must exceed the enthalpy required for gas preheating
and steam generation, Eq. (7), where, Fi_;,r is the total
flowrate at the inlet of the CLR reactor, c, is the heat ca-
pacity of the inlet/oulet streams, hs4 n,0 is the enthalpy of
evaporation of water, Tz_;, and Tz_,. are the inlet and
outlet temperatures at the CLR reactor, respectively. In
Eq. (7), it is assumed that in the heat recovery system
product streams are cooled to 200 °C, while feed
streams are heated up from 25°C. Fr_inn,0 and Fs_inn,0
are the molar flowrate of steam fed into CLR reactor and
Shift reactor, respectively. To prevent agglomeration and
sintering of the Ni-based oxygen carrier, the maximum
temperature allowed in CLR reactor, Tz_peq, at any axial
location z, must not exceed 1100°C, (Eq. (8)). The pre-
heater must be able to heat up the cold stream, Tpr_cout,
to between 500 and 700°C, the desired temperature for
feed gas of the CLR reactor (Eq. (9)). In the steam
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generator, the exit temperature of the hot stream,
Tsg—nout, Must be between 200 and 250°C, close to the
operation temperature of the Shift reactor as in Eq. (10).

The complete optimal control problem can be for-
mulated as shown in Eq. (11), where f is the set of differ-
ential-algebraic equations (DAEs) that describe the
model of the reactors in the integrated CLR-Shift system,
comprising mass, energy, and momentum balance and
reaction kinetics, x is the vector of state variables (ie,
mass, temperature, and pressure), and x is time deriva-
tives of x. Cyclic steady-state conditions are typically
achieved after more than two cycles. Therefore, the op-
timization time horizon was set to at least two times the

Teycle+
t
5, Froutcuy (Dt
Xon, () = 1 — B > 96%, (5)
fto FRr-inch, (D)dE
T0X Fr_outN, ()dt
B(t) = kg Trrowss @It g0, 6)

f;OX FR—out,T(t)dt
t
y(t) = ftof FR—out,T(t)cp,out(TR—out(t) —200°C)dt
t
- ftof FR—in,T(t)Cp,in(TR—in(t) - 25°C)dt
- f:OREF (FR—in,HZO(t) + FS—in,HZO(t)) hsgn,0dt =0,

(7)
Tr_peq(2) < 1100°C, (8)
500°C < Tpr—cout(t) < 700°C, (9)
200°C < Tsg_nout(t) <250°C, (10)
b
subject to:
f(x(6),x(¢),u(t),0,t) =0,
f() (X(to)'x(to): u(t()), e, tO) = 05 (11)

Eqs.(5) — (10)
XMin < x(1) < xMax
uim_i“ < ui(t) < uimax,
Tim.ln < Ti(t) < Timax,
o™ < w < ™

The system of DAEs were built and solved in the
equation-based process modeling platform gPROMS
Model Builder, 7.0.9 [13]. For the spatial discretization,
the backward finite difference method was used, dividing
the reactor's axial direction into 21 nodes and its solid
particle radial direction into 11 nodes. The system of DAEs
was then solved with the DAEBDF solver. The non-linear
optimization was solved with control vector parameteri-
zation with single shooting (CVP_SS) solver available in
gPROMS. With control vector parameterization, the con-
trol variables were discretized as piecewise constant
over a specified time interval, while with the single shoot-
ing approach, the control variables were fixed during the
entire respective time horizon in each iteration.
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RESULTS AND DISCUSSION

The integrated CLR-Shift system was used to study
its performance for small-scale blue hydrogen and nitro-
gen production. The system was configured to run in par-
allel with multiple CLR reactors, collectively achieving a
production rate of 300 kg-H: per day. Table 4 (top rows)
reports the reactor design and operating parameters, in-
cluding reactor diameter, length, and operating pressure.
Eq. (11) was solved, resulting in the optimized control var-
iables reported in Table 4 (bottom rows). These parame-
ters were then used in simulations to evaluate the perfor-
mance of the integrated CLR-Shift system.

Table 4: Parameters used in the integrated CLR-Shift
system. The top rows are the common parameters, while
the bottom rows show the optimized parameters.

Values

Parameters oX RED REE

CLR Reactor

- length, [m] 1.5

- diameter, [m] 0.6

Shift Reactor

- length, [m] 0.6

- diameter, [m] 0.6
Operating pressure, [bar] 1.5

Feed vol. flow, [NCMH] 360 36 180
CO2-to-CHas ratio -- 4.0 --
Steam-to-CHa ratio -- - 1.5
Feed temp., [°C] 600 600 600
CLR stages interval, [s] 150 135 200
Active metal in OC, [%] 5

Add. steam @ Shift, . - 0.81
[mol/s]

Figure 4 presents the exit mole fractions of CLR and
Shift reactors at cyclic steady state. At the optimal oper-
ating conditions, the exit stream of the CLR reactor (Fig-
ure 4a) exhibits compositions of 98% N2 during OX, 70%
CO:2 and 30% steam during RED, and 66% H2 during REF.
The N2 stream with high purity during OX is promising for
the further integration with an ammonia plant. In RED, the
exit stream, consist of CO2 and H:20, can be separated by
a condensing unit before captured or recirculated for
plant utility. The 66% H2 during REF showcases the fea-
sibility of CLR as one promising route for blue hydrogen
production. In REF, there is also smaller gas constituents
consisting of CO (20%), H20 (10%), and CO:2 (2%) that
need further purification.
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Figure 4. The performance of CLR and Shift reactor
during cyclic steady-state, simulated at optimized
parameters (Table 4). (a) Exit mole fraction at CLR
Reactor; (b) exit mole fraction at Shift reactor without
additional steam (Case 1); and (c) exit mole fraction at
Shift reactor with additional steam (Case 2).

The product stream from CLR goes to the heat re-
covery system and serves as a heat source. Figure 5
shows the temperature of the CLR product stream de-
creasing as it passes through the preheater and the
steam generator, respectively. From the CLR reactor, the
temperature of product stream is around 950°C. As the
product stream exits the preheater, the temperature
drops to 300-500°C. The exit temperature at the pre-
heater varies in each CLR stage depending on the en-
thalpy remaining and temperature difference between
hot and cold streams. Nonetheless, the CLR feed gas is
successfully preheated to 500-700°C. The product
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stream then enters the steam generator producing steam
needed for the reforming reactions. The steam generator
operates in each CLR stage, using the remaining available
enthalpy and temperature in the product stream as a heat
source. The portion of the steam generated in each stage
was tuned so that the exit temperature of the product
stream in the steam generator was close to 200 °C (Fig-
ure 5).
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Figure 5. Exit gas temperature in the preheating and
steam generating systems. The exit stream of CLR
reactor is used as the heat source for the preheating and
steam generating systems. The exit preheater cold
stream feeds the CLR, while the hot stream from the
preheater is used for steam generation.

We explored two scenarios for the Shift reactor: 1)
Shift reactor without additional steam (Case 1), and 2)
Shift reactor with additional steam (Case 2). In Case 1,
the feed of the Shift reactor is the CLR product stream
that has been cooled in the heat recovery system. In
Case 2, an optimized amount of steam (Table 4) is added
to the feed during REF. Figures 4b and 4c present the
result of Case 1 and Case 2, respectively. In both cases,
the Shift reactor increased Hz mole fraction from 66% to
75-76%. In Case 1, CO conversion was low, only 49.2%,
due to the limited steam available for water gas shift re-
action. At the exit, around 10% of CO remain unconverted
and the H2 production rate was 3 mol/s. In Case 2, the
steam addition increased the extent of the water gas shift
reaction and increased CO conversion to 82.7%. At the
exit, Hz production rate was 3.2 mol/s (75.6% of the total
stream), with smaller gas constituents consisting of: CO2
(16.7%), H20 (4%), and CO (3.2%).

Overall, the integrated CLR-Shift reactors system
successfully generated H. and N2, with high concentra-
tion and efficiency. In Case 1, H2 and N2 were produced
with a ratio of 1.16 and an H: production efficiency of
74.9%. Meanwhile, Case 2 yielded H2 and N2 with a ratio
of 1.26 and an H:z production efficiency of 80.1%. Further-
more, the dynamic operation of this integrated system
suggest the possibility of integration with an ammonia
synthesis process reported in [14].
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CONCLUSIONS

Integration of the CLR reactor, Shift reactor, and
heat recovery system demonstrated promising results for
blue hydrogen and nitrogen production. An optimized
control scheme is crucial to ensure high Hz production
that satisfies the numerous system constraints. Under
the optimized control scenario, the integrated CLR-Shift
reactors system produced Hz with a 75% mole fraction
during REF, N2 with 98% purity during OX, and a potential
for CO2 capture during RED. The control scenario is also
essential in distributing the heat within the integrated
system, meeting the heat requirements for overall reac-
tions, the feed gas preheating and steam generation. The
addition of steam in the Shift reactor is essential to main-
tain steam availability for the water gas shift reaction.
Further purification in the downstream product, such as
pressure-swing adsorption, must be considered to
achieve higher Hz purity. A future study on multiple re-
forming reactor system and reactor scheduling will target
a continuous flow of hydrogen and nitrogen products.
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