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Abstract: The pursuit of low-energy-consumption CO2 capture technology has promoted the renewal
and iteration of absorbents for chemical absorption. In order to evaluate the regeneration energy
consumption of absorbents and obtain the distribution of energy consumption, a coupling method
combining rigorous energy balance and simple estimation is proposed in this study. The data
regarding energy balance and material balance from process simulation are transformed into the
model parameters required in the simple estimation model. Regenerative energy consumption and
distribution are determined by the empirical estimation formula. Two CO2 capture processes of
an MEA aqueous solution and MEA–n-propanol aqueous solution (phase-change absorbent) were
used to verify the feasibility and applicability of the coupling method. The effects of n-propanol
concentration, CO2 loading in the lean solution, and temperature on energy consumption were
discussed. The results show that the energy consumption of 30 wt% MEA aqueous solution is the
lowest at 3.92 GJ·t−1-CO2 when CO2 load in the lean solution is 0.2 mol CO2·mol−1-MEA, and the
reaction heat Qrec, sensible heat Qsen, and latent heat Qlatent were 1.97 GJ·t−1-CO2, 1.09 GJ·t−1-CO2,
and 0.86 GJ·t−1-CO2, respectively. The lowest energy consumption of the phase-change absorbent
with CO2 loading of 0.35 mol CO2·mol−1-MEA in the lean solution is 2.32 GJ·t−1-CO2. Qrec, Qsen,
and Qlatent were 1.9 GJ·t−1-CO2, 0.29 GJ·t−1-CO2, and 0.14 GJ·t−1-CO2, respectively. This study
provides a simple and meaningful method for accurately assessing absorber performance and process
improvement, which can accelerate the development of economically viable, absorption-based CO2

capture processes.

Keywords: CO2 capture; chemical absorption method; regeneration energy consumption; desorption
energy distribution

1. Introduction

For an extended duration, the reliance of industrial growth on fossil fuels has led to
substantial CO2 emissions, resulting in numerous environmental problems [1]. The focus on
carbon emission reduction has become a global consensus, and CO2 capture, utilization, and
storage is one of the most direct and effective ways to achieve carbon emission reduction [2].
CO2 capture technologies encompass chemical absorption, physical adsorption, membrane
separation, and cryogenic separation [3,4]. Chemical absorption, with the advantages of its
high capture efficiency, superior adaptability, and mature technology, has been extensively
studied. However, the high energy consumption of the CO2 desorption process with single-
component amine absorbents leads to elevated costs, which restrict the wider application of
CO2 capture technology by chemical absorption [5]. The 30 wt% monoethanolamine (MEA)
solution has generally been used as a reference absorbent for comparison of the performance
of various CO2 absorbents [6]. Ethylenediamine (EDA) has two amine groups that can
increase the CO2 capture capacity per unit of solvent [7], whereas N-methyldiethanolamine
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(MDEA) and piperazine (PZ) have a higher absorption capacity and an improved rate
of absorption. The novel absorbents including composite amines, sterically hindered
amines, and phase-change absorbents have been developed to simultaneously satisfy
the requirements for a high absorption rate, large absorption capacity, and low energy
consumption during regeneration [8].

The primary or secondary amine and the tertiary amine are mixed in a certain pro-
portion to form a composite amine absorbent, serving as the absorbent for industrial
applications. An MDEA–PZ composite amine absorbent of 30% MDEA and 20% PZ
solutions was used for post-combustion CO2 capture in a power plant, and the regen-
eration energy consumption of the composite amine absorbent was 27.7% lower than
that of the 30% MEA solution [9]. The regeneration energy consumption of a composite
amine absorbent composed of 3.0 mol·L−1 MEA, 2.5 mol·L−1 MDEA, and 0.5 mol·L−1

PZ demonstrated superior performance with approximately a 50% reduction compared
to the conventional 5 mol·L−1 MEA [10]. The absorption rates of benzylamine (BZA) in
combination with N,N-diethylethanolamine (DEEA) and 1-dimethylamino-2-propanol
(1DMA2P) were similar to MEA, and the regeneration heat load of BZA-1DMA2P was
44.7% of the MEA aqueous solution [11]. The saturated absorption capacity of the composite
adsorbent with a mass ratio of 1:1 between triethylene tetramine (TETA) and 2-Amino-2-
methyl-1-propanol (AMP) was nearly 100% greater than that of the single-component AMP
absorbent [12]. The CO2 absorption capacity of the composite adsorbent consisting of a
30% MEA solution and a 10% 1,8-diazabicyclo[4,5,0]undec-7-en-imidazole ([HDBU][Im])
mixture reached 0.1453 g CO2 per gram of composite amine absorbent. Furthermore, the
viscosity of the composite absorbent was significantly reduced compared to the ionic liquid
absorbent [13]. The main composite amine absorbents are summarized in Table 1.

Table 1. Absorption performance of composite amine absorbents.

Key Component Absorption Condition Absorption Rate CO2 Loading Capacity Ref.

MDEA + PZ 308 K, 15 vol%CO2 1.2 × 10−3 mol·min−1 0.07 mol·mol−1 [9]
DETA + PZ 313 K 9.5 µmol·L−1·s−1 0.65 mol·L−1 [10]

AMP + TETA 323 K, 12%CO2 0.02 g·min−1 0.056 g·g−1 [12]
MDEA + carbonic anhydrase 313 K 0.63 mol·mol−1 1.2 mol·kg−1 [13]

AMP + AEEA + NMP 313 K 1.65 mol·kg−1 [14]
TETA + PEG200 313 K, 15%CO2 16 mL·min−1 1.63 mol·mol−1 [15]

MEA + 2ME 313 K, 133%CO2 2.1 mol·kg−1 [16]

The phase-change CO2 capture using phase-change solvents was developed to reduce
the latent heat consumption for vaporization in CO2 capture. After the phase-change
solvent captured CO2, a substantial amount of water and the phase-separated solvent were
partitioned into the lean phase; thus, the water content in the rich phase was reduced,
ultimately leading to a decrease in the desorption energy consumption. A significant
reduction in the regeneration energy consumption was achieved by using a phase-change
solvent consisting of 50% DEEA and 25% hydroxyethyl ethylenediamine (AEEA) from
4.8 GJ·t−1-CO2 of the conventional 30% MEA solvent to 2.58 GJ·t−1-CO2 [17]. A summary
of the main phase-change absorptions is provided in Table 2.

Table 2. Absorption performance of phase-change absorbents.

Absorbent Concentration Characteristic
Energy

Consumption
(GJ·t−1-CO2)

Ref.

MEA 30% 4.22 [18]
MEA + n-propanol + H2O 30% + 40% + 30% Liquid–liquid phase separation 2.40 [19]

MEA + sulfolane 4 mol·L−1 Liquid–liquid phase separation 2.67 [20]
TETA + DEEA 5 mol·L−1 Liquid–liquid phase separation 2.7 [21]
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Table 2. Cont.

Absorbent Concentration Characteristic
Energy

Consumption
(GJ·t−1-CO2)

Ref.

TETA + DMCA 4 mol·L−1 Liquid–liquid phase separation 2.6 [22]
MAPA + DEEA 7 mol·L−1 Liquid–liquid phase separation 2.2–2.4 [23,24]
AEEA + DEEA 20% + 60% Liquid–liquid phase separation 2.46 [25]

DMCA + MCA + AMP (3 + 1 + 1) mol·L−1 Liquid–liquid phase separation 2.0 [26]
MEA + sulfolane + AMP 20% + 50% + 30% Liquid–liquid phase separation 2.62 [27]

One of the main motivations for developing the new absorbents is to solve the bot-
tleneck of CO2 desorption energy consumption, which requires a simple and accurate
calculation method for evaluating the regeneration energy consumption. These methods
can be categorized into the rigorous energy balance methods from process simulation and
the simplified estimation methods from solvent properties. The rigorous energy balance
methods are dependent on the physical properties of software systems and the absorption–
desorption process model to obtain the energy consumption. Abu-Zahra et al. [28] studied
the influence of the MEA concentration, CO2 loading of the lean solution, and the pres-
sure and temperature on desorption heat using Aspen Plus. When the lean loading was
0.3 mol CO2·mol−1 MEA, MEA concentration was 40%; the desorption tower operating
pressure was 210 kPa and desorption heat reached 3.01 GJ·t−1-CO2 accompanied by a
power consumption of 182 kWh·t−1 CO2. Similar research has been carried out by Alie [29],
Jassim [30], and Sigh [31] who employed either Aspen Plus V11.1 or Hysys V7.0 software,
which proved the feasibility of the rigorous energy balance calculation model. However,
the rigorous energy balance methods from process simulation cannot directly determine the
energy consumption distribution of the regeneration process, while the energy distribution
is crucial for identifying the bottlenecks of energy consumption.

The energy consumption distribution of the regeneration process can be determined
by the simplified estimation methods from solvent properties. The regeneration energy
consumption of the CO2 capture process is divided into four parts, including the sensible
heat (Qsen), CO2 desorption reaction heat (Qrec), latent heat (Qlatent) of vaporization, and
heat loss [32]. The heat loss was predominantly influenced by the insulation efficiency,
and constituted a relatively minor portion of the total energy consumption [33] and could
be ignored. The sensible heat can be calculated via a straightforward enthalpy balance
relationship, while the heat of reaction can be precisely estimated by employing the Gibbs–
Helmholtz equation and vapor–liquid equilibrium (VLE) data. Leites et al. [34] derived a
direct estimation formula from the fundamental principles of thermodynamics to analyze
the effects of the mass concentration of the absorbent and the regeneration degree of the
solution on the desorption process. The estimation formula was applied to the annual pro-
duction of 1 million tons of CO2 capture, and the result showed a total energy consumption
of 4.7 GJ·t−1-CO2, including 1.45 GJ·t−1-CO2 of sensible heat, 1.92 GJ·t−1-CO2 of reaction
heat, and 1.32 GJ·t−1-CO2 of latent heat [35]. Compared to the rigorous energy balance
method, the simplified estimation method generally exhibited simplicity and good com-
putational efficiency. However, some empirical coefficients or parameters were involved,
leading to a calculation accuracy that was inferior to the rigorous energy balance method.

Based on the advantages of the above two methods, a coupled method that takes into
account total regeneration energy consumption and the energy distribution was proposed
based on the merits of both approaches. Two CO2 capture processes of the MEA aqueous
solution and MEA–n-propanol aqueous solution (phase-change absorbent) were used to
verify the feasibility and applicability of the coupling method. The effects of n-propanol
concentration, CO2 loading in the lean solution, and temperature on energy consumption
were also discussed.
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2. Methodology

The fundamental concept of the coupled approach consisted of three stages, as il-
lustrated in Figure 1: Initially, a rigorous absorption and desorption process model was
developed using process simulation software. This was in order to obtain energy bal-
ance and material balance data to better explain the material transfer and heat transfer
mechanisms, which can help to optimize the operating conditions. The absorption and
desorption processes were simulated under various operating conditions, such as different
temperatures, pressures, etc., in order to evaluate their impact on the performance of the
CO2 capture process. Subsequently, the unknown data required in the simplified estimation
model, including parameters, such as the molar amount of CO2 per ton of CO2 product
(M) and the molar amount of water vapor per ton of CO2 product (mw), was derived from
process model. Finally, the parameters were incorporated into the corresponding formula
of regeneration energy consumption and energy distribution to realize the coupling of the
rigorous process model and the quick calculation of the regeneration energy consumption
and energy distribution. MEA is the most widely used, industrially mature absorbent,
while the phase-change absorbent has great energy-saving advantages; therefore, the two
typical absorbents were selected for the case study.
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Figure 1. Schematic illustration of the computational algorithm integrating the coupled approach of
rigorous energy balance and simplified estimation.

2.1. Process Modeling

The detailed flue gas composition and operating parameters employed in this study
are comprehensively presented in Table 3. The process models including component defini-
tion, physical method selection, and chemical reactions in the absorption and desorption
processed were built in the simulation platform Aspen Plus V11.

Table 3. Composition of flue gas and operational conditions.

Parameter N2
(mol.%)

CO2
(mol.%)

O2
(mol.%)

H2O
(mol.%)

Temperature
(◦C)

Pressure
(kPa)

Molar Flow Rate
(kmol·h−1)

Value 77.90 14.60 3.30 4.20 42.00 101.33 40,000.00

The study employed two absorbent systems, namely, a 30% MEA aqueous solution and
a 30% MEA + 40% n-propanol aqueous solution. Ionic species such as MEA+, MEACOO−,
and H3O+, in addition to conventional neutral components, were involved in the process.
In view of the presence of ionic components within the weak electrolyte system, the
liquid and gas properties were typically computed by the ELECNRTL or ENRTL-RK
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methods. The ENRTL-RK model and the PC-SAFT equation of state were chosen to
calculate the liquid-phase and gas-phase properties. CO2, O2, and N2 were employed
as Henry’s gases, with Henry’s law was employed for the calculations. The rate-based
model was thereby closer to the actual process than the equilibrium model, providing a
comprehensive consideration of reaction thermodynamics and kinetics. The CO2 capture by
MEA involved a two-step mechanism: (1) MEA, a primary amine, initially reacted with CO2
to generate the amphoteric ion MEAH+COO−, which served as the rate-controlling step.
(2) The amphoteric ion reacted with MEA to produce the carbamate (MEACOO−) and the
protonated amine MEAH+, via an acknowledged transient reaction. The chemical reactions
pertinent to the absorption and desorption process can be found in the Supplementary
Materials.

In the present study, the conventional CO2 capture process with the 30% MEA aqueous
solution is depicted in Figure 2. In addition to the names used to simplify the associated
thermal and mass terminology, numbers have been assigned to process streams around
the stripper heat exchanger in Figure 2. The operational conditions of the absorber were
1.1 bar and 40–60 ◦C, while the operational conditions of the desorber were 1.1 bar and
90–130 ◦C. The pressure loss in the desorber was negligible. A high concentration of CO2
was obtained at the top of the desorber, and the desorbed lean liquid was collected at the
bottom, feeding into the subsequent cycle. A rich–poor liquid heat exchanger was installed
to maximize the heat exchange between the hot and cold streams. The main heat exchanger
possessed a ∆TMTA of 10 ◦C. The CO2 capture rate was slated to achieve 90%, along with a
CO2 purity of 90%.
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Figure 2. CO2 capture process with 30% MEA aqueous solution. (Hi (kJ·mol−1) as the mole enthalpy 
of amines in the ith stream for i = 1 and 2 and the stream itself for i = 3 and 4; Ti (K) denotes the 
temperature of the stream at i = 1–8; Trichin= T5, Ttop = T3, and αi denotes CO2 loading as moles of CO2 
per mole of amine; rw is molar ratio of water to amine in unloaded solvent; M (mol·t−1 CO2) denotes 
molar amount of CO2 per ton of CO2 product). 

The phase-change CO2 capture process is illustrated in Figure 3. The physical prop-
erty methods and chemical reactions were identical to those of the conventional CO2 cap-
ture process. The primary distinction was in the presence of the phase separation phe-
nomenon unique to the phase-change process, which was characterized in the process 

Figure 2. CO2 capture process with 30% MEA aqueous solution. (Hi (kJ·mol−1) as the mole enthalpy
of amines in the ith stream for i = 1 and 2 and the stream itself for i = 3 and 4; Ti (K) denotes the
temperature of the stream at i = 1–8; Trichin= T5, Ttop = T3, and αi denotes CO2 loading as moles of
CO2 per mole of amine; rw is molar ratio of water to amine in unloaded solvent; M (mol·t−1 CO2)
denotes molar amount of CO2 per ton of CO2 product).

The phase-change CO2 capture process is illustrated in Figure 3. The physical property
methods and chemical reactions were identical to those of the conventional CO2 capture
process. The primary distinction was in the presence of the phase separation phenomenon
unique to the phase-change process, which was characterized in the process model by
the utilization of a Sep phase separator. The two-phase solution was formed in the phase
separator, with the upper phase representing the lean phase and the lower phase repre-
senting the rich phase. N-propanol in the lean phase does not participate in the reaction
and is directly integrated into the circulation with the supplemented fresh amine and the
circulating lean solution, flowing into the absorption tower. The rich phase (an aqueous
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solution enriched with carbon dioxide) was transported to the tower of desorption after
the heat exchange.
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2.2. Parameter Extraction

The material and heat balance data can be extracted from the stream information,
including the information on eight streams, including a rich stream from the bottom of
the absorber tower, a desorber outlet stream through the heat exchanger, a product stream
from the top of the desorber, water flowing back from the top of the desorber, a rich stream
entering the desorber, a lean stream at the bottom of the desorber, streams entering and
exiting the reboiler at the bottom of the desorber, and a lean stream heated by the reboiler,
as shown in Figures 2 and 3.

We define mam (mol·t−1 CO2) as the molar amount of amines in the circulating solvent
streams per ton of CO2 product. In addition, let us define rw as the molar ratio of water
to amines in the unloaded solvent. The mass balance parameters of the relevant flow
streams in the absorption and desorption towers are used to derive the regeneration energy
equation, as illustrated in Equations (1)–(4).

m1 = mam(1 + rw + αrich) (1)

m2 = mam(1 + rw + αlean) (2)

m3 = mw + M (3)

m3 = mw (4)

The calculation of the regeneration energy consumption is based on the energy balance
parameters derived from the relevant flow streams of the absorption and desorption towers,
as illustrated in Equations (5)–(8).

H1 =
(
cam + rwcwαrichcCO2

)
(T1 − T2) +

∫ rich

0
∆hrec(α)dα (5)

H2 =
(
cam + rwcwαleancCO2

)
(T2 − TR) +

∫ lean

0
∆hrec(α)dα (6)
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H3 =
(

McCO2

(
Ttop − TR

)
+ mwcw

(
Ttop − TR

)
+ mwλ

)
/(M + mw) (7)

H4 = cw(T4 − TR) (8)

where λ (kJ·mol−1) denotes the latent heat of water and Ttop = T3. Note that the heat
capacity, c is molar based and has the unit of kJ·mol−1·K−1.

2.3. Energy Consumption Distribution

The energy consumption, denoted as Qregen, of the reboiler is articulated as follows:

Qregen = mamH2 + (M + mw)H3 − mamH1 − mwH4 (9)

If the heat of reaction, ∆hrec (kJ·mol−1 of CO2), is a function of CO2 loading and the
reference states associated with the four streams in Equation (9) are the unloaded liquid
solvent, gaseous CO2, and liquid water. The total energy consumption for regeneration can
be fundamentally divided into three components: sensible heat, reaction heat, and latent
heat. Consequently, the overall energy consumption for regeneration can be represented as
follows:

Qregen = Qsen+Qrec+Qlatent (10)

The distributions of the three energy terms are represented as follows:

Qsen = mam
(
cam + rwcw + αleancCO2

)
(T2 − T1) + McCO2

(
Ttop − T1

)
+mwcw

(
Ttop − T4

) (11)

Qrec = −mam

∫ rich

lean
∆hrec(α)dα (12)

Qlatent = mwλ (13)

In Equation (11), T2 − T1 is defined as ∆TMTA (the lowest temperature approach
value), which minimizes Qsen. The value of ∆hrec can be derived from the following
Gibbs–Helmholtz equation:

−∆hrec

R
=

[
∂ lnP*

CO2

∂(1/T)

]
α

(14)

2.4. Determination of CO2 Loading

The lean CO2 loading is a crucial factor influencing the energy consumption in CO2
capture by chemical absorbents [36–38]. The formula for CO2 loading is presented in
Equation (15).

α =
[CO2] +

[
MEACOO−]+ [

HCO−
3
]
+

[
CO2−

3

]
[MEA] +

[
MEACOO−]+ [

MEA+
] (15)

The investigation of the conventional process with the MEA aqueous solution, focusing
on the main heat exchanger and the reboiler, reveals significant disparities in the energy
distribution of αlean value for different values below and above 0.2 mol CO2·mol−1 MEA.
This means that the energy balance methods are discussed with respect to the center point
of 0.2, as shown below:

The energy balance equation for αlean > 0.2 is presented in Equation (16).

0 = (cam + rwcw)(∆TMTA + T6 − T5) + cCO2(T5 − T1)− (rw − rw,5l)λ+
∫ rich

α5l

∆hrec(α)dα (16)

Of these, H1 and H2 are listed above and the remaining enthalpies are calculated as
follows:

H5,liq =
(
cam + rw,5lcw + α5lcCO2

)
(T5 − TR) +

∫ α5l

0
∆hrec(α)dα (17)
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H6 =
(
cam + rwcw + αleancCO2

)
(T6 − TR) +

∫ lean

0
∆hrec(α)dα (18)

The tower pressure varies only slightly from top to bottom, and the top pressure (Ptotal)
can be determined by Equation (19).

Ptotal = P*
CO2

(T6, αlean) + xw,freshPvap
w (T6) (19)

T6 can be determined from Equation (19), so that Equation (16) has three unknowns,
T5, rw,5l, and α5l, which can be determined using the following two relations:

Ptotal = P*
CO2

(T5, α5l) + xw,freshPvap
w (T5) (20)

αrich − α5l
rw − rw,5l

=
P*

CO2
(T5, α5l)

xw,freshPvap
w (T5)

(21)

The energy balance equation for αlean < 0.2 is presented in Equation (22).

Qregen = −mamH6 − m8H8 + mamH7 (22)

Of these, H6 is given above and H7 and H8 are as follows:

H7 =
(
cam + rwcw + α7cCO2

)
(T7 − TR) +

∫ α7

0
∆hrec(α)dα (23)

H8 =
((

mw,Rcw + mCO2 cCO2

)
(T6 − TR) + mw,Rλ

)
/m8 (24)

The reboiler energy consumption varies greatly when the lean loading is less than
0.2, and the pressure change affects the lean loading; the top pressure is re-specified in
Equation (25)

Ptotal = P*
CO2

(T7, α7) + xw,freshPvap
w (T7) (25)

2.5. Case Analysis
2.5.1. Case I: CO2 Capture Process with 30% MEA Aqueous Solution

The mass balance of the CO2 capture process with 30% MEA aqueous solution was
calculated based on the process models delineated in Section 2.1, and the results are
presented in Table 4. The key model parameters for CO2 capture with 30% MEA aqueous
solution can be extracted from Table 4 and then transformed based on the models delineated
in Section 2.2, and the results are shown in Table 5. The energy consumption distribution
can be calculated by incorporating solvent properties and parameters from Table 5 into
the simplified estimation models. The renewable energy consumption for CO2 capture
with 30% MEA aqueous solution is 3.92 GJ·t−1-CO2 with values of the heat of reaction
(Qrec) of 1.97 GJ·t−1-CO2, sensible heat (Qsen) of 1.09 GJ·t−1-CO2, and latent heat (Qlatent)
of 0.86 GJ·t−1, respectively. The discrepancy with the rigorous balance method’s value of
3.99 GJ·t−1-CO2 is 1.8%, as shown in Figure 4.

2.5.2. Case II: Phase-Change CO2 Capture Process

The mass balance of the CO2 capture process with 30% MEA + 40% n-propanol
aqueous solution was calculated based on the process models delineated in Section 2.1, and
the results are presented in Table 6. The key model parameters for CO2 capture with 30%
MEA + 40% n-propanol aqueous solution can be extracted from Tab le 6 and transformed
based on the models delineated in Section 2.2, and the results are shown in Table 7.
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Table 4. Critical stream data for CO2 capture with 30% MEA aqueous solution.

Stream Flue Gas 1 2 3 4 5 6 7 8

Temperature
(◦C) 40 55 65 75 40 9 40 44 121

Pressure
(kPa) 101 290 200 199 199 290 200 200 200

Hi (kJ·mol−1) −2928 −6265 −1722 −1373 −2927 −12,931 −12,209 −3524
Molar flow rate (kmol·h−1)

H2O 1680 45,846 62 27,946 829 45,846 62 62 62
N2 31,160 0.21 31,160 0.00 0.00 0.21 0.00 0.00 0.00
O2 1320 0.02 1320 0.00 0.00 0.02 0.00 0.00 0.00

CO2 5480 4.00 0.00 4110 2.00 4.00 5257 5257 52,567
MEA 0.00 213 14 109 109 213 0.00 0.00 0.00

C3H8O 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
MEA+ 0.00 5855 0.00 5668 5668 5855 0.00 0.00 0.00

MEACOO− 0.00 5214 0.00 5155 5155 5214 0.00 0.00 0.00
HCO3

− 0.00 602.69 0.00 509.45 509.45 602.69 0.00 0.00 0.00
CO3

2− 0.00 18.97 0.00 8.76 8.76 18.97 0.00 0.00 0.00
Mass flow rate (kg·h−1)

H2O 30,240 825,942 2437 503,032 45.36 825,942 2430 2430 2430
N2 872,480 6.00 872,474 0.00 0.00 6.00 0.00 0.00 0.00
O2 42,240 0.64 42,239 0.00 0.00 0.64 0.00 0.00 0.00

CO2 241,120 194.06 0.00 180,840 0.19 194.04 0.58 0.58 0.58
MEA 0.00 13,021 870 6625 6625 13,025 0.00 0.00 0.00

C3H8O 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
MEA+ 0.00 363,517 0.00 351,934 5668 363,484 0.00 0.00 0.00

MEACOO− 0.00 542,701 0.00 536,581 5155 542,874 0.00 0.00 0.00
HCO3

− 0.00 36,771 0.00 31,082 510 36,800 0.00 0.00 0.00
CO3

2− 0.00 1128.72 0.00 523.31 8.76 1128.72 0.00 0.00 0.00

Table 5. Solvent properties and parameters for CO2 capture with 30% MEA aqueous solution.

Parameter Numerical Value Parameter Numerical Value

mam (kmol·kg−1) 0.2493 ∆hrec (kJ·mol−1 CO2) 83.00
mw (kmol·kg−1) 21.0780 cam (kJ·mol−1·K−1) 169.58

αlean (mol·mol−1) 0.2000 cw (kJ·mol−1·K−1) 27.45
αrich (mol·mol−1) 0.4800 cCO2 (kJ·mol−1·K−1) 125.17
α7 (mol·mol−1) 0.2543 rw 2.33
M (kmol·kg−1) 0.2272 rw,5l 22.23

mw,R (mol·t−1 CO2) 1.7100 λ (kJ·mol−1) 40.80
mCO2 (kmol·kg−1) 1.1700 m8 (kmol·kg−1) 2.77Processes 2024, 12, x FOR PEER REVIEW 10 of 17 
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Figure 4. Energy consumption distribution with 30% MEA aqueous solution and 30% MEA + 40%
n-propanol aqueous solution.



Processes 2024, 12, 187 10 of 17

Table 6. Key stream data for CO2 capture with 30% MEA + 40% n-propanol aqueous solution.

Stream Flue Gas 1 2 3 4 5 6 7 8

Temperature
(◦C) 40 55 65 49 48 90 121 122 122

Pressure
(kPa) 101 101 113 100 100 101 113 113 113

Hi (kJ·mol−1) −2798 −6245 −1332 −1153 −2797 −6245 −4647 −1093
Molar flow rate (kmol·h−1)

H2O 1680 504 1680 129 633 504 1680 1680 1680
N2 31,160 0.00 0.20 0.00 0.00 0.00 0.00 0.00 0.00
O2 1320 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00

CO2 5480 0.00 4.40 3836 0.00 52 241 241 241
MEA 0.00 21 1680 1563 0.00 21 1680 1680 1680

C3H8O 0.00 1310 2240 0.00 0.00 1310 2240 2240 2240
MEA+ 0.00 20.20 99.00 71.48 71.48 20.20 99.00 99.00 99,300

MEACOO− 0.00 89.90 14.00 0.30 0.30 89.90 14.00 14.00 14.00
HCO3

− 0.00 3.80 0.56 0.03 0.00 3.80 0.56 0.56 0.56
CO3

2− 0.00 0.05 1.60 71.43 0.00 0.05 1.60 1.60 1.60
Mass flow rate (kg·h−1)

H2O 30,240 9072 30,240 2322 11,394 9072 30,240 30,240 30,240
N2 872,480 0.00 5.60 0.00 0.00 0.00 0.00 0.00 0.00
O2 42,240 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00

CO2 241,120 0.00 194 1,168,784 0.00 2288 10,604 10,604 10,604
MEA 0.00 1250 102,614 95,455 0.00 1250 102,614 102,614 102,614

C3H8O 0.00 78,610 134,422 0.00 0.00 78,610 134,422 134,422 134,422
MEA+ 0.00 1254 6147 4439 4438 1254 6147 6147 6147

MEACOO− 0.00 9357 1457 31 31 9357 1457 1457 1457
HCO3

− 0.00 231.59 231.59 1.83 0.00 231.59 34.17 34.17 34.17
CO3

2− 0.00 2.95 94.48 4217.94 0.00 2.95 94.48 94.48 94.48

Table 7. Solvent properties and parameters for CO2 capture with 30% MEA + 40% n-propanol
aqueous solution.

Parameter Numerical Value Parameter Numerical Value

mam (kmol·kg−1) 0.1905 ∆hrec (kJ·mol−1 CO2) 84.00
mw (kmol·kg−1) 3.4904 cam (kJ·mol−1·K−1) 169.58

αlean (mol·mol−1) 0.3500 cw (kJ·mol−1·K−1) 27.45
αrich (mol·mol−1) 0.6000 cCO2 (kJ·mol−1·K−1) 125.17
α7 (mol·mol−1) 0.1210 rw 1.33

M (mol·t−1 CO2) 0.2272 rw,5l 4.26
mw,R (kmol·kg−1) 0.1925 λ (kJ·mol−1) 40.80
mCO2 (kmol·kg−1) 0.0346 m8 (kmol·kg−1) 0.22

The energy consumption distribution can be calculated by incorporating solvent
properties and parameters in Table 7 into the simplified estimation models. The renewable
energy consumption for CO2 capture with 30% MEA + 40% n-propanol aqueous solution
is 2.33 GJ·t−1-CO2 with values of Qrec = 1.9 GJ·t−1-CO2, Qsen = 0.29 GJ·t−1-CO2, and
Qlatent = 0.14 GJ·t−1-CO2, respectively. The discrepancy with the rigorous balance method’s
value of 2.41 GJ·t−1-CO2 is 3.3%, as shown in Figure 4. Compared to the conventional
CO2 capture process with 30% MEA aqueous solution, the liquid–liquid phase separation
behavior in the phase-change CO2 capture process is expected to significantly reduce
the water content of rich liquid. This contributes to the reduction in the latent heat of
water evaporation by 0.72 GJ·t−1-CO2 and sensible heat required to warm the liquid by
0.80 GJ·t−1-CO2. The aforementioned examples corroborate the efficacy of the proposed
method in this study.
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3. Results and Discussions
3.1. Impact of n-Propanol on Energy Consumption

The CO2 capture process with a phase-change absorbent has been proposed to decrease
energy consumption for desorption. The conceptual model of an MEA-based phase-
change absorbent is illustrated in Figure 5. As the CO2 absorption reaction proceeds, the
ionic species, including carbamate, and protonated MEA are formed. The concentration
of hydrophilic carbamate and protonated MEAH+ gradually increases, leading to the
gradual evolution of more water clusters around them, and n-propanol molecules are
repelled by water and form clusters. The occurrence of phase separation is triggered
when the concentration of carbamate and protonated MEA reaches a specific value due to
immiscibility between the hydrophilic carbamate and the hydrophobic n-propanol. This
results in the enrichment of n-propanol in the upper layer and the accumulation of CO2 in
the lower phase [39]. The potential benefits of phase-change absorbents not only include a
reduced liquid flow rate entering the desorption tower but also an enhanced CO2 recycling
capacity, which leads to a significant reduction in the energy consumption for regeneration.
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The n-propanol concentration ascertains the phase separation performance, as de-
picted in Figure 6. A rise in the initial concentration of n-propanol leads to an increase in
the CO2 loading of the lower phase, while the CO2 loading of the upper phase remains
constant, indicating the CO2 partition coefficient is augmented. The total regeneration en-
ergy consumption initially decreased and then increased with the n-propanol concentration
rising from 20 to 60 wt%, and the minimum was observed at 40 wt%, as shown in Figure 7.
The composition ratio of 3/4/3 for MEA/n-propanol/water in the phase-change absorbent
is a more rational composition ratio.
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Figure 7. Energy consumption and CO2 loading at different n-propanol concentrations. 

3.2. Impact of CO2 Loading in the Lean Liquid on Energy Consumption 
The CO2 loading of the lean solution is a crucial factor influencing the energy con-

sumption of the desorption tower. The variation in regeneration energy consumption with 
respect to the lean CO2 loading at varying regeneration pressures is depicted in Figure 8. 
The dashed line in Figure 8 indicates the parameter points that are infeasible due to the 
constraint of solution degradation temperature. With an increase in the lean CO2 loading 
rate, the regeneration energy consumption exhibits the consistent trends that firstly de-
crease and then increase, achieving its minimum value at a CO2 loading of 0.2 mol·mol−1 
for the MEA aqueous solution and 0.35 mol·mol−1 for the phase-change absorbent, respec-
tively. This is consistent with the findings of Alie et al. [29]. 
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Figure 7. Energy consumption and CO2 loading at different n-propanol concentrations.

3.2. Impact of CO2 Loading in the Lean Liquid on Energy Consumption

The CO2 loading of the lean solution is a crucial factor influencing the energy con-
sumption of the desorption tower. The variation in regeneration energy consumption with
respect to the lean CO2 loading at varying regeneration pressures is depicted in Figure 8.
The dashed line in Figure 8 indicates the parameter points that are infeasible due to the con-
straint of solution degradation temperature. With an increase in the lean CO2 loading rate,
the regeneration energy consumption exhibits the consistent trends that firstly decrease
and then increase, achieving its minimum value at a CO2 loading of 0.2 mol·mol−1 for the
MEA aqueous solution and 0.35 mol·mol−1 for the phase-change absorbent, respectively.
This is consistent with the findings of Alie et al. [29].
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Figure 8. Regeneration energy consumption versus lean CO2 loading for (a) MEA aqueous solution
and (b) phase-change solution at different pressures.

Temperature is another factor that affects the CO2 loading of the lean solution, as
shown in Figure 9. In the conventional absorption process, Ttop and Trichin exhibit similar
characteristics within the αlean > 0.2 domain. For αlean < 0.2, additional heat is supplied to
the reboiler in order to enhance CO2 expulsion via elevating the reboiler temperature. In
the phase-change CO2 capture process, with the increase in lean CO2 loading, Ttop, Trichin,
and Tleanout decreased. Ttop changes significantly compared with Trichin; when CO2 loading
in the lean liquid is greater than 0.25 mol·mol−1, Trichin will be greater than Ttop.
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Figure 9. Temperature versus lean CO2 loading for (a) aqueous MEA solution and (b) phase-change
solution.

The variation in the energy consumption with the lean CO2 loading is depicted in
Figure 10. This is based on the rigorous energy balance method and coupled methods, and
the effects of the lean CO2 loading on the three energy terms (Qrec, Qsen, and Qlatent). The
quantity of Qrec remains virtually unaltered within the contemplated range of αlean. In the
CO2 capture process with the 30% MEA aqueous solution, the value of Qlatent augments
when αlean is less than 0.2, and the corresponding increment in Qsen is observed with the
elevation of αlean. In the phase-change CO2 capture process with the 30% MEA + 40%
n-propanol aqueous solution, the value of Qrec remains approximately unchanged within
the contemplated range of αlean. This is consistent with the traditional CO2 capture process
with the 30% MEA aqueous solution. Both Qsen and Qlatent firstly decreased with the
increase in CO2 load in the lean solution, achieving its minimum value at a CO2 loading of
0.35 mol·mol−1.
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3.3. Economic Analysis

The process operation cost includes the equipment investment cost and labor operation
costs. The equivalent abatement cost of the equipment investment cost is approximately
18.2 CNY·t−1-CO2 and the annual labor running cost is approximately 71.3 CNY·t−1-CO2.
The supplemental cost of MEA is 28 CNY·t−1-CO2, and the supplemental cost of n-propanol
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is 23 CNY·t−1-CO2 [40,41]. The energy costs incurred per ton of CO2 recovered are mainly
generated by steam heating in the desorption tower. In general, the combustion of 0.034 g of
standard coal produces 1 kJ of heat. The thermal efficiency for coal combustion is reported
as 70%, while steam heating exhibits efficiencies of 50% [42,43]. In total, 3.92 GJ·t−1-CO2
costs 346.6 CNY·t−1-CO2, and 2.33 GJ·t−1-CO2 costs 205.9 CNY·t−1-CO2. Therefore, the
phase-change absorption process is 40.6% less expensive than conventional MEA in terms
of the steam energy cost for the desorption process.

4. Conclusions

Combining the advantages of a rigorous energy balance and simple estimation, a
methodology is proposed to address the total renewable energy consumption and energy
distribution. The minimized energy consumption for CO2 capture via an MEA aque-
ous absorbent is 3.92 GJ·t−1- CO2 at αlean = 0.2, with values of Qrec = 1.97 GJ·t−1-CO2,
Qsen = 1.09 GJ·t−1-CO2, and Qlatent = 0.86 GJ·t−1. The discrepancy with the rigorous bal-
ance method’s value of 3.99 GJ·t−1-CO2 is 1.8%. The minimized energy consumption for
CO2 capture via the 30% MEA + 40% n-propanol aqueous solution at αlean = 0.35, with
values of Qrec = 1.9 GJ·t−1-CO2, Qsen = 0.29 GJ·t−1-CO2, and Qlatent = 0.14 GJ·t−1-CO2. The
discrepancy with the rigorous balance method’s value of 2.41 GJ·t−1-CO2 is 3.3%. The
liquid–liquid phase separation behavior in the phase-change CO2 capture process reduces
the water content of rich liquid, contributing to the reduction in the latent heat of water
evaporation and sensible heat from warming the liquid.

This study enables more reliable solvent screening with minimal experimental data and
clearly indicates the direction of energy consumption reduction. At the industrial level, this
study provides a simple and meaningful method to accurately assess absorber performance
and process improvements, and it can accelerate the development of economically viable,
absorption-based CO2 capture processes.
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Nomenclature

AEEA Ethylenediamine
AMP 2-Amino-2-methyl-1-propanol
CCUS Carbon dioxide capture, utilization and storage
COND Condensate
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CNY Chinese Yuan
c Heat capacity, kJ·mol−1·K−1

DEEA N,N-diethylethanolamine
EDA Ethylenediamine

Hi

Mole enthalpy of amines in the ith stream for i = 1 and 2 and the stream
itself for i = 3 and 4
Enthalpy per mole of amine in the stream and mole of the stream itself

[HDBU][Im] 1,8-diazabicyclo[5,4,0]undec-7-en-imidazole
MDEA N-methyldiethanolamine
MEA Monoethanolamine
M Molar amount of CO2 per ton of CO2 product, mol·t−1 CO2
mi Molar flow rate in the flow stream, mol·t−1 CO2

mam
Molar amount of amine in the circulating solvent stream per ton of CO2
Product, mol·t−1 CO2

mw Molar amount of water vapor per ton of CO2 product, kJ·mol−1

P*
CO2

(T, α) CO2 vapor pressure, kPa
PZ Piperazine
Qlatent Heat of evaporation of water, GJ·t−1-CO2
Qrec Heat t of desorption reaction, GJ·t−1-CO2
Qregen Energy consumption of the reboiler, GJ·t−1-CO2
Qsen Sensible heat required to warm the absorber, GJ·t−1-CO2
rw Molar ratio of water to amine in unloaded solvent
TETA Triethylene tetramin
T Absolute temperature, K
1DMA2P 1-dimethylamino-2-propanol
α CO2 loading as moles of CO2 per mole of amine
αlean Lean liquid CO2 loading as moles of CO2 per mole of amine
αrich Rich liquid CO2 loading as moles of CO2 per mole of amine
λ Latent heat of water, kJ·mol−1

∆TMTA Minimum heat transfer temperature difference
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